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ABSTRACT 

Two solid acid catalysts of contrasting characteristics were studied on their effects 

on the liquid-side mass transfer performance for the desorption of CO2 from CO2-loaded 

5M monoethanolamine (MEA) solvent. The characteristics of the catalysts were both 

physical (surface area of catalyst which increases the interfacial area for mass transfer) 

and chemical (the catalyst acid sites to catalyze the desorption of CO2). Protonated zeolite 

socony mobile-5 (HZSM-5) representing a higher Brφnsted/Lewis acid site ratio in a 

catalyst and γ-Al2O3 representing lower Brφnsted/Lewis acid site ratio were used.  

  The experiments were conducted in a 1.07 m height x 0.051m diameter packed 

column in full cycle operation. The packing structure consisted of a 0.51 m bed height of 

6 mm inert marble randomly mixed with a specific mass of catalyst and a 50.8 mm Sulzer 

LDX structured packing acting as top and bottom support beds. 5M monoethanolamine 

(MEA) was selected as the baseline solvent for the study and further tested on an optimum 

7M MEA + 2M Methyl diethanolamine (MDEA) blend. The effect of several other 

operating variables on desorption performance was also analyzed.  

The catalyst physical characteristics in terms of the added interfacial area which 

enhances desorption was higher for HZSM-5 compared to γ-Al2O3. The mass transfer 

coefficient increased by an average of 16% and 22% using γ-Al2O3 and HZSM-5 catalyst 

respectively with the baseline solvent at a CO2 desorption temperature of 85oC. These 

results are consistent with the ability of HZSM-5 as a proton acceptor to facilitate 

𝑀𝐸𝐴𝐶𝑂𝑂− breakdown throughout the loading range of desorption as compared with γ-

Al2O3, an amphoteric oxide, which substitutes the role of 𝐻𝐶𝑂3
− to release CO2 with lower 

energy penalties at leaner CO2 loadings.  
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The results using the blended solvent showed a better performance compared to 

the baseline. The tertiary solvent, MDEA, introduces other preferential desorption ions 

that further facilitate 𝑀𝐸𝐴𝐶𝑂𝑂−and  𝐻𝐶𝑂3
− breakdown. This constitutes a 12% and 14.5% 

increase in the mass transfer coefficient using H-ZSM-5 and γ-Al2O3, respectively 

compared to the baseline solvent. The percentage increase implies a reduction in the size 

of the desorber column which further translates to lower capital cost. 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 



iii 

 

ACKNOWLEDGEMENT 

I would like to thank Almighty God for His continual guidance throughout my 

master’s program- through the depressing moments and the successful one. 

I would also like to express my heartfelt gratitude to my supervisor and teacher Dr. 

Raphael Idem for being my knowledge hub, pointing me towards the successful 

completion of my program. And a special thanks to Dr. Paitoon and Dr. Ibrahim for their 

helpful suggestions and advice during the course of my program. 

My sincere appreciation goes to Don Gelowitz for setting up our carbon capture 

plant and trained me to think and solve problems like an engineer. 

My warmest gratitude to the CO2 group members at Clean Energy Technology 

Institute (CETRI) and Dr. Supap for their helpful advice, criticisms and suggestion which 

fine-tuned this work. 

Also to my catalyst plant colleagues for being my support base especially during 

the stressing times of this work. My time as a graduate student working side by side as a 

team was a memorable one. I could never have done this without your support. 

Finally, I am grateful to NSERC and Canada Foundation for Innovation for their 

financial support in the form of research grants during my master’s studies. And a special 

thanks to the Faculty of Graduate Studies and Research of the University of Regina for 

their financial support through scholarships awarded to me during my studies. 

 

 

 

 



iv 

 

DEDICATION 

 

 

 

 

 

  

 

 

 

To my mother, Sophia and brothers Kuu and Nana 

And my very special friends Stacey and Daniel. 

 

 

 

 

 

  

 

 

 

 

 



v 

 

TABLE OF CONTENT 

 

 

ABSTRACT ........................................................................................................................ i 

ACKNOWLEDGEMENT ................................................................................................ iii 

DEDICATION .................................................................................................................. iv 

TABLE OF CONTENT ..................................................................................................... v 

LIST OF TABLES ............................................................................................................ ix 

LIST OF FIGURES ........................................................................................................... x 

NOMENCLATURE ......................................................................................................... xii 

CHAPTER 1: INTRODUCTION ................................................................................ 1 

1.1 Post Combustion Capture Technology ................................................................ 2 

1.1.1 Absorption Processes ................................................................................... 3 

1.1.3 Membrane Separation  ................................................................................. 4 

1.2 Problems in Post Combustion Capture ................................................................ 5 

1.3 Research Problem ................................................................................................ 7 

1.4 Research Objective and Scope .......................................................................... 10 

1.5 Thesis Outline .................................................................................................... 11 

CHAPTER 2: THEORY AND LITERATURE REVIEW .............................................. 12 

2.1 Theory of Desorption ........................................................................................ 12 

2.1.1 Mass Transfer Coefficient for Catalyst-Aided Desorption ........................ 17 



vi 

 

2.2 Desorption Kinetics and Solubility ................................................................... 20 

2.2.1 Chemistry of Desorption ............................................................................ 22 

2.2.2 Chemical Solubility .................................................................................... 24 

2.3 Solvents ............................................................................................................. 25 

2.4 Catalysis in Desorption ..................................................................................... 27 

2.5 Role of Catalyst ................................................................................................. 28 

2.5.1 Interfacial Area Determination .................................................................. 29 

2.5.2 Chemical Activity of Catalyst .................................................................... 30 

2.5.2.1 γ-Al2O3 Catalyst Activity .................................................................... 30 

2.5.2.2 H-ZSM-5 Catalyst Activity ................................................................. 31 

CHAPTER 3: EXPERIMENTAL SECTION .................................................................. 32 

3.1 Laboratory Health and Safety Precautions ........................................................ 32 

3.2 Chemicals and Materials ................................................................................... 33 

3.3 Catalyst Characterization .................................................................................. 33 

3.4 Solubility Experiment: Apparatus and Method ................................................. 34 

3.5 Mass Transfer Experiment: Apparatus and Method .......................................... 39 

3.6 Aspen Plus Simulations and Parameter Estimations ......................................... 46 

CHAPTER FOUR: RESULTS AND DISCUSSION ...................................................... 47 

4.1 Catalyst Characterization Results ...................................................................... 47 

4.2 Solubility Results .............................................................................................. 51 



vii 

 

4.3 Interfacial Area Results Based on 5M MEA ..................................................... 52 

4.4 Effect of catalyst type Based on 5M MEA ........................................................ 55 

4.5 Effect of Flow rate Based on 5M MEA ............................................................ 57 

4.6 Effect of Temperature Based on 5M MEA ....................................................... 59 

4.7 Solvent Effect on Mass Transfer Coefficient .................................................... 62 

4.7.1 Temperature and γ-Al2O3 Catalyst Effect .................................................. 65 

4.7.2 Temperature and H-ZSM-5 Catalyst Effect ............................................... 68 

CHAPTER 5: STATISTICAL STUDY AND MASS TRANSFER CORRELATION .. 70 

5.1 Catalyst Statistical Analysis .............................................................................. 70 

5.2 Correlation of  𝐾𝐿𝑎𝑣 Results ............................................................................ 74 

CHAPTER 6: CONCLUSION AND RECOMMENDATION ....................................... 80 

6.1 Conclusion ......................................................................................................... 80 

6.2 Recommendations ............................................................................................. 81 

REFERENCES ................................................................................................................. 83 

APPENDICES ................................................................................................................. 92 

APPENDIX A: Standard operating procedure for operating the 2-inch pilot plant for 

Mass Transfer Studies .................................................................................................. 92 

A.1: Process Flow Diagram and Detailed Equipment Description. ......................... 92 

A.1.2: Detailed Equipment Description ............................................................... 93 

A.2: Process Parameters ........................................................................................... 95 



viii 

 

A.3: The Absorber and Desorber Column and loading the Columns ....................... 96 

A.3.1: Loading and unloading the Column with catalyst .................................... 97 

A.4: Detailed Operating Procedure ........................................................................... 99 

A.4.1: Fluid preparation and Equipment calibration .......................................... 100 

A.4.2: Sampling and Data Collection ................................................................ 101 

APPENDIX B: DETAILS OF CALCULATIONS .................................................... 104 

B.1: Sample calculation of Overall Mass Transfer Coefficient .............................. 104 

B.2: Sample calculation of 𝑥𝐴 ∗ (mole fraction of CO2 in the liquid in equilibrium 

with the gas) ............................................................................................................ 106 

B.3: Sample calculation of solvent concentration and loading ............................... 108 

APPENDIX C: Statistical study graphs from Minitab ............................................... 109 

C.1: Catalyst Analysis results ................................................................................. 109 

C.2: 𝐾𝐿𝑎𝑣 Statistical Analysis Results and Graphs ............................................... 110 

 

  



ix 

 

 

LIST OF TABLES 

 

Table 3.4-1: Experimental Conditions for the Solubility Experiments ........................... 38 

Table 3.5-1: Operating Conditions of the Desorption experiments ................................. 45 

Table 4.1-1: Structural Characterization from BET at 200oC for 3 hours ....................... 49 

Table 5.1-1: Physical and Chemical Properties of Solid Acid Catalyst ........................... 73 

Table 5.2-1: Factors and factor levels for factorial design .............................................. 76 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 



x 

 

LIST OF FIGURES 

Figure 2.1-1: Film Cross Section of the Desorber ........................................................... 14 

Figure 2.1-2: Mass transfer zones and Resistances in Catalyst aided desorption ............ 19 

Figure 3.4-1: Image of Desorption Catalyst, Size = 3mm cross section. A=Gamma 

Alumina (𝛾-Al2O3). B= Protonated zeolite socony mobil-5 (H-ZSM-5) ......................... 35 

Figure 3.4-2: Schematic of Solubility apparatus of 7M MEA/MDEA solvent ............... 36 

Figure 3.5-1: Column Packing and Division dimensions ................................................ 40 

Figure 3.5-2: Schematic of the Modified Full cycle CO2 Capture Process ...................... 41 

Figure 3.5-3: Picture of the full cycle Carbon Capture pilot-plant .................................. 44 

Figure 4.1-1: TPD profile for γ-Al2O3 and H-ZSM-5 catalyst ........................................ 50 

Figure 4.1-2: FTIR Pattern for γ-Al2O3 and H-ZSM-5 catalyst ....................................... 50 

Figure 4.2-1: CO2 Solubility data for 5M MEA/2M MDEA at 40oC and 85oC and 8-

100kPa gas pressure ......................................................................................................... 51 

Figure 4.3-1: Interfacial Area results (Desorption Temp: 75oC, Desorber Pressure: 1 atm, 

5M MEA, 2.07m3/m2h flow rate) ..................................................................................... 54 

Figure 4.5-1: Effect of Catalyst on 𝐾𝐿𝑎𝑣 (Desorption Temp: 85oC, Desorber Pressure: 1 

atm, 5M MEA, 2.07m3/m2h Amine flow rate, 18.5kmol/m2h inlet gas flow rate) .......... 58 

Figure 4.5-2: Effect of liquid flow rate on 𝐾𝐿𝑎𝑣 (Desorption Temp: 85oC, Desorber 

Pressure: 1 atm, 5M MEA, 50g mass of catalyst, 18.5kmol/m2h inlet gas flow rate) ..... 58 

Figure 4.6-1: Effect of Temperature on 𝐾𝐿𝑎𝑣 (Desorption Temp: 75-85oC, Desorber 

Pressure: 1 atm, 5M MEA, 2.07m3/m2h Amine flow rate, 18.5kmol/m2h inlet gas flow 

rate) .................................................................................................................................. 61 



xi 

 

Figure 4.7-1: Solvent effect on 𝐾𝐿𝑎𝑣 (Desorption Temp: 85oC, Desorber Pressure: 1 

atm, 5M MEA, 7M MEA/MDEA 2.07m3/m2h Amine flow rate, 18.5kmol/m2h inlet gas 

flow rate) .......................................................................................................................... 64 

Figure 5.2-1: Parity Chart of Predicted and Experimental 𝐾𝐿𝑎𝑣for the Catalytic System

 .......................................................................................................................................... 79 

  



xii 

 

NOMENCLATURE 

a = interfacial area (m-1) 

AEEA  =  2-((2-aminoethyl)amino)ethanol  

AMP = 2-amino-2-methyl-1-propanol 

C = concentration (mol/l) 

𝐶𝐴
∗ = concentration of CO2 in the liquid in equilibrium with the bulk gas (mol/l) 

𝐶𝐴𝑖 = interface concentration of CO2 (mol/l) 

D = Diffusivity (m2/s) 

DEA = Diethanolamine 

DEAB = 4-diethylamino-2-butanol  

DEEA = 2-(diethylamino)ethanol  

E = Enhancement factor 

G = Gas flow rate (kgmol/s) 

𝐾𝑥= overall mass transfer coefficient in the liquid phase (kgmol/m3.s.molfrac) 

𝐾𝑦= overall mass transfer coefficient in the gas phase (kgmol/m3.s.molfrac) 

𝐾𝐿𝑎𝑣= overall average liquid side mass transfer coefficient (h-1) 

𝑘𝐿= liquid film mass transfer coefficient (m/s) 

𝑘𝑔= gas film mass transfer coefficient (kgmol/m3.s.kPa) 

𝑘1= rate constant (l/gcatalyst.s) 

L = Liquid molar flow (kgmol/s) 

𝐿′ = Inerts liquid molar flow (kgmol inert liquid/s) 

𝐿𝑚= liquid molar flow (kgmol liquid/m2s) 

H = Henry’s law constant 



xiii 

 

M = molecular weight (kg/kgmol) 

MEA = monoethanolamine 

MDEA = Methyl diethanolamine 

𝑁𝐴 = mass flux (kgmol/m2s) 

P = pressure (kPa) 

𝑅𝐴= Reaction rate (mol/gcat.s) 

S = surface area (m2) 

T = temperature (oC) 

𝑥𝐴𝐿= mole fraction of CO2 in the liquid phase 

𝑥𝐴
∗ = mole fraction of CO2 in the liquid in equilibrium with the bulk gas 

𝑦𝐴𝐺= mole fraction of CO2 in the gas phase 

𝑦𝐴
∗ = mole fraction of CO2 in the gas in equilibrium with the bulk liquid 

z = height (m) 

Greek Letters 

𝛿𝐴 = differential Area (m2) 

𝜌𝑚= molar density (mol/cm3) 

𝜌 = density (kg/m3) 

∆𝑧 = differential height (m) 

Subscripts 

A = CO2 

B = monoethanolamine 

i = interface 

T = total 



1 

 

CHAPTER 1: INTRODUCTION 

Climate Change reports issued recently cautions of calamitous consequences if carbon 

emissions are not reduced (Pachauri et al., 2014). Energy production and utilization are by 

far the largest man-made sources of air pollutants. Increase in energy consumption rate 

demand the utilisation of a relatively cheap and abundant resource. Coal for many years 

has served as the cheaper fossil fuel of interest - from the industrial age till now (Clark and 

Jacks, 2007). Even still, the proven and economically recoverable world reserves of coal 

is quoted to last for about another 150 years (Dorian et al., 2006). Coal combustion 

produces nearly 40% of the world’s electricity (Henderson, 2003). Even though “peak 

coal” is forecasted to happened sooner than later, significant increases in coal-fired 

generation are taking place in many developing nations to meet energy demands. Coal 

fired power plants contributes more to climate change than any other fossil fuel. However, 

not using coal at all is not a tolerable or practical solution. It has been clearly stated by 

experts around the world that the single most important action to mitigate climate change 

is to reduce carbon dioxide (CO2) emissions from coal. As a result, several technological 

fixes are under continual developments to increase its mitigation techniques of CO2 (Yang 

et al., 2008). These technological fixes generally fall under these mitigation strategies: 

 Pre-Combustion Capture: This process converts fuel into a gaseous mixture of 

hydrogen and CO2. The hydrogen is separated and can be burnt to produce heat 

and/or electricity without producing any CO2. The CO2 can then be compressed for 

transport and storage. 

 Post-Combustion Capture: This process separate CO2 from combustion exhaust 

gases. CO2 can be captured using a liquid solvent or other separation methods. 
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 Oxyfuel Capture: This uses oxygen rather than air for combustion of fuel. This 

produces exhaust gas that is mainly water vapour and CO2 that can be easily 

separated to produce a high purity CO2 stream. 

Even with these mature strategies, reports show that no single technological solution 

is able to provide and maintain a secure, cost effective energy supply while keeping 

emissions to the minimum. Also, depending on the nature of the problem, one process will 

be favoured over the other. For instance, the fuel conversion steps in pre-combustion are 

far more complex than the processes involved in post-combustion capture approach, 

making the former technology more difficult to apply to existing power plants. Apart from 

applicability, cost is usually a very important determining factor for process selection. 

Oxyfuel is said to costs more than a traditional air-fired plant and the main problems 

involve material cost and separating oxygen from the air.  

Since developed and large developing countries have a substantial share of the existing 

world coal fired generating fleet, retrofitting rather than early retirement remains a 

practical approach to tackling CO2 emissions issues. Consequently, post-combustion 

capture has therefore become the most common as well as widely used and studied CO2 

emissions abatement strategy. 

 

1.1 Post Combustion Capture Technology 

Absorption of CO2 into a suitable solvent from the exhaust of a combustion process is 

most common in this process. Other methods for separating CO2 from a flue gas stream 

include high pressure membrane filtration, adsorption/desorption processes and cryogenic 

separation. 
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1.1.1 Absorption Processes 

The absorption process can be further classified as using physical or chemical 

solvents. CO2 is separated from combustion flue gas or natural gas or other industrial 

exhaust gas mixtures by passing the flue gas through a continuous scrubbing system. The 

system consists of an absorber and a desorber in continuous operational cycle. CO2 is 

driven into the solvent at pre-set conditions in the absorber and driven out in the desorber 

at opposing conditions referred to as desorption or regeneration. All components are in 

principle undergoing mass transfer between gas and liquid (Eimer, 2014). The absorber 

and desorber are typically vertical columns with sophisticated column internals to aid mass 

transfer of species from one phase to the other. 

The chemical absorption process utilizes the reversible chemical reaction of CO2 

with an aqueous alkaline solvent, usually an amine. Reactive solvents form a strong 

chemical bond with the CO2 molecules; hence, this method enables a high capture 

efficiency of CO2. Chemical desorption relies mainly on the action of heat to break the 

bonds formed in the prior absorption process to release CO2. 

Physical Absorption is suitable for highly concentrated stream of CO2 at high 

pressures. It utilizes a physical solvent that bonds less strongly with CO2 than chemical 

solvents such as cold methanol (Rectisol process), dimethylether of polyethylene glycol 

(Selexol process), propylene carbonate (Fluor process) and sulpholane. In a physical 

absorption process, CO2 desorption in these solvents are achieved mainly by reducing the 

pressure in the desorber with minimum energy input. 
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1.1.2 Adsorption Processes 

Adsorbents or sorbents can be used to separate CO2 from flue  gases  by utilising 

its high  surface  area. Sorbents such as activated carbonaceous materials, 

microporous/mesoporous silica or zeolites, carbonates, and polymeric resins (also known 

as adsorbent) are highly porous and hold up CO2 molecules (the adsorbate) by the process 

known as adsorption (Samanta et al., 2011).  The gas is fed to an adsorbent bed that adsorbs 

the CO2 but not the other gases. When the bed is laden with CO2, the bed is regenerated 

thermally or utilizing pressure. 

1.1.3 Membrane Separation  

Industrial membranes are generally classified by the driving force responsible for 

the flow of permeate through the membrane. Concentration, pressure difference, and 

temperature difference are among the type of driving force for membrane separation. 

Gas absorption membranes generally operate under a CO2 concentration 

difference. They are hybrid absorption/membrane systems where the membrane forms a 

gas permeable barrier between the gaseous and liquid phase. The membrane provides a  

very high  surface  to  volume  ratio  for  mass  transfer between the gas and the liquid. 

Basically, flue gas is passed through a bundle of membrane tubes, while an amine solvent 

flows through the shell side of the bundle. CO2 selectively passes through the membrane 

and is absorbed in the amine (Figueroa et al., 2008). The amine is regenerated to offload 

the absorbed CO2 in a subsequent process. 

Membrane separation via a pressure difference occurs by firstly a gas absorption 

into a membrane matrix from an upstream high pressure side of the membrane. Gas 

diffuses across a pressure gradient through the separating layer and desorbs from the low 
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pressure side of the membrane. A difference in permeation rate allows clean separation of 

various molecular species as each gas have different permeation rates through membranes 

(Wilcox, 2012). Polymeric membrane is a primary type of membrane used in this process.  

 

1.1.4 Cryogenics 

Cryogenics involves cooling a mixture of gases until they undergo fractional 

condensation based on their condensation temperatures, after which they may be separated 

using distillation. As an example, CO2 from combustion gas streams is liquefied by 

compression and cooling, and the liquefied CO2 is separated from the gas phase. Cryogenic 

CO2 capture have the advantage of no chemical absorbents requirement and the process 

can be operated at atmospheric pressures.  

 

  

1.2 Problems in Post Combustion Capture 

Many of the currently available post-combustion capture technologies have not been 

demonstrated at scales large enough for power plant applications. These deployment 

hindrances range from applicability issues, efficiency, energy requirements, cost, and ease 

of operation and so on.  

In the area of sorbent based adsorption, large scale sorbent systems are yet to be 

commercialised. The problem area is mainly the difficulty in handling solids as opposed 

to others such as liquids on such scales. As a result, Gray et al. (2005) tried enriching solid 

sorbents such as SBA-15 solid sorbent with primary and secondary amine solvents. The 

result is an aminated-SBA-15 and a reformulated immobilized amine sorbent. The 
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presence of amine groups on the high surface area material significantly increased the 

contact area and affinity between CO2 and adsorbents/amines. This potentially improved 

the energy efficiency in desorption. Even with this improvement, problems with pressure 

drop in columns and heat transfer with solid sorbents regeneration persist in this process. 

Gas absorption membranes have a relative ease in handling as well as management by 

the absence of moving parts and its general modular construction. But the low partial 

pressure of CO2 in the flue gases leads to a low driving force for transport across the 

membrane thereby making unsuitable for application to coal-fired power plants. Also for 

the percentage of CO2 in flue gas, membrane materials on the market do not have the 

selectivity required to produce the cleaning efficiencies dictated by government 

regulations (Metz et al., 2005).  

Pressure membranes on the other hand require a compressor on the feed end or a 

vacuum pump at the permeate side to maintain the pressure difference across the 

membrane. This has several energy and cost penalties associations. 

Cryogenic methods also require high partial pressures of CO2 or a gas stream 

containing more than 70% of CO2, which is more than 4 times higher than coal fired power 

plants effluents. In addition, cryogenics is also associated with high energy consumption 

stemming from gas compression and cooling. 

It can be inferred that CO2 capture materials with strong interaction between materials 

and CO2 is preferable as a result of the low CO2 concentration in flue gas from coal fired 

power plants. Chemical absorption methods are therefore concluded to be most feasible. 

Consequently, these accounts for the majority of the implemented post combustion capture 

methods in the world (Liang et al., 2016). Even still, present processes are still undergoing 
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several technical and economic assessments to balance off the rising cost associated with 

increasing the efficiency of chemical absorption. 

 

1.3 Research Problem 

Increasing carbon capture efficiency is imperative to achieving regulatory emissions 

targets and a clean coal initiative. Investigations on increasing capture efficiency in the 

absorber showed strong correlations to the process in the desorber when reactive solvents 

used are recycled (Sakwattanapong et al., 2005). Essentially, since the capture process 

cannot afford to use fresh solvents for every cycle, the regeneration of the solvent becomes 

unavoidable but advantageous. Regeneration is not only responsible for liberating captured 

CO2 – which has become an economic resource in enhanced oil recovery and several food 

processing applications –  but is solely responsible for the operational potency of the 

recycled solvent. 

Regeneration is an energy intensive process. Finding solutions to the high energy 

requirement of desorption continues to be the major challenge. This high energy 

requirement, known as the reboiler heat duty is essentially a sum of the sensible heat for 

raising the temperature of CO2-loaded solution (known as the rich solution) to the boiling 

point, heat of reaction for breaking the chemical bonds between CO2 and the solvent, and 

heat of vaporization responsible for generating water vapor required for regeneration. 

Several approaches are being tested to reduce the energy penalty of solvent 

regeneration. One of such methods is improving the process design of conventional carbon 

capture units to identify savings in operational cost. Potential savings were recognised 

when modifications were aimed at matching the process variations to the treating demands. 
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Modifications tested included inter-stage temperature control, split flow, vapour 

recompression, matrix stripping and heat integration concepts (Cousins et al., 2011). These 

modifications however required additional equipment and controls to achieve the claimed 

benefits. These introduced additional complexity, capital and operational cost compared 

to the standard process and reduced the benefits margin. 

The solvents used in the capture process constitute another area in which energy 

savings can be achieved. The rationale is minimizing either one of the three heats that 

make up the reboiler heat duty. The type of solvent used inherently determines the 

magnitude of the heat of reaction. Sakwattanapong et al. (2005) drew conclusions on three 

solvents, namely: MEA, DEA and MDEA representing primary amines, secondary amines 

and tertiary amines, respectively. MEA with the highest heat of reaction gave the highest 

reboiler duty (85.6 kJ/mol) followed by DEA (76.3 kJ/mol) and MDEA (60.9 kJ/mol) in 

that order. Secondly the same trend was realised in the heat of vaporization penalties for 

MEA, DEA and MDEA. This is because primary amines require the least CO2 partial 

pressure to establish the driving force for regeneration; hence, large amounts of water 

vaporization become essential. Just as these principles proved beneficial in desorption, the 

subsequent absorption column belies these responses. For instance, DEA and MDEA’s 

lower heat of reaction (thus, lower regeneration energy requirement) translate to slower 

absorption kinetics which affect sour gas cleaning efficiencies and equipment sizes. Other 

cost intensive measures need to be introduced to meet emissions regulations. For a while 

the concept of solvent blending (mixing solvents with favourable absorption 

characteristics in one part and desirable desorption features in the other) has reduced the 
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energy requirement from 2kg steam/kg CO2 to 1.4-1.2kg steam/kg CO2 but the energy 

penalty holistically still remains high and expensive. 

A game changer process with the potential to reduce energy requirements to below 

1kg steam/kg CO2 is the introduction of solid acid catalyst in the desorber column. This 

catalytic system is novel and targets the sensible heat and heat of vaporization in 

desorption. The use of catalyst can accelerate the reaction by increasing the energy 

efficiency, whereby the sensible heat and heat of vaporization usage is optimised. Many 

scientific publications and patents (Idem et al., 2011; Shi et al., 2014b) have developed 

mechanisms for desorption when catalysts are used to show the reaction pathways and 

desorption ions responsible for the acclaimed energy savings. Tests were further 

performed with a predominantly Lewis acid site-catalyst, Brφnsted acid site-catalyst and 

hybrids of both in batch processes to corroborate these findings at temperatures well below 

100oC. These tests were used to establish the catalytic contributions to the CO2 desorption 

process. 

Clearly, these catalytic contributions improved energy savings in reboiler heat duty 

predominantly in a batch scale apparatus. Incorporation of this system in a full cycle 

capture unit is yet to be tested throughout our literature findings, to the best of our 

knowledge. The disadvantage to this is that the practicality of the catalytic capture 

operations is masked in the batch desorption process, and as such, industrial deployment 

problems could be missed. 

  In addition, the aforementioned solutions to the large energy requirement were 

directly invested in determining the direct influence on the heat duty of the system. 

Influences on other areas, especially the mass transfer, were not addressed. As such, these 
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are scarce in the literature. The detailed catalytic influence although implied has not been 

studied and was never analysed for mass transfer data. Thus, the advantage of reducing 

both the size of the regeneration/desorber column and its auxiliary equipment as well as 

the heat duty simultaneously remains unverified. It can be concluded that reliable 

experimental estimations of the mass transfer enhancements in the catalytic system has not 

yet being reported in literature thus making the present study absolutely necessary. 

 

 

1.4 Research Objective and Scope 

Several remedies being implemented to reduce the high rising cost of regeneration 

were tested in isolation. Much more savings is suspected to be achieved if these individual 

benefits are combined and analysed holistically. As such, this research seeks to exploit and 

compound the benefits of using heterogeneous catalysis and optimum solvent applications 

in a full cycle bench-scale CO2 capture plant. The objectives of this work were to: 

i. Develop a mass transfer theory for the catalyst-aided process to elucidate the mass 

transfer increments that are derived from solid acid catalysts such as γ-Al2O3 and 

H-ZSM-5 as a function of the characteristics of the catalysts and different operating 

variables in a packed desorber column.  

ii. Use a single and blended amine: namely 5M MEA and 5M MEA + 2M MDEA for 

the purpose of analyzing the mass transfer characteristics of a CO2 catalyzed 

desorption system for a more industrially applied solvent and an optimum 

desorption solvent blend.  
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iii. Perform equilibrium solubility experiment of CO2 in aqueous solution of 5M 

MEA+ 2M/MDEA solvent at 85oC temperature in a batch solubility apparatus. 

iv. Perform a catalyst statistical analysis using various catalyst with different 

characteristics study to determine which catalyst property are more significant to 

obtaining desirable mass transfer data and by extension, better heat duty results. 

v. Develop empirical mass transfer correlations with statistical tools to determine the 

salient process parameters in the catalytic system and predict experimental mass 

transfer data. 

 

 

1.5 Thesis Outline 

The remainder of this thesis discusses the development of the overall mass transfer 

coefficient from the two-film theory of Lewis and Whitman (1924), and also discusses the 

available literature on desorption, importance of solvents in desorption, energy reduction 

using catalyst and mass transfer researches in desorption extensively in Chapter 2. The 

experimental setup and procedure are discussed in Chapter 3 in which the process 

conditions and methods for experimental evaluations including instrument calibration are 

illustrated. The results of this study are presented in Chapter 4 and 5 and the findings and 

justifications are discussed. Chapter 6 concludes this research and recommends viable 

follow up research for this area of study. 
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 CHAPTER 2: THEORY AND LITERATURE REVIEW 

This chapter outlines the literature overview of the current theoretical and 

methodological knowledge on which this thesis is hinged. This includes literature reported 

on the desorber and desorption so far, the importance of solvents in desorption, energy 

reduction using solid acid catalyst focusing on the role of catalyst in desorption and the 

theory and development of mass transfer principles in desorption. 

 

2.1 Theory of Desorption 

The emerging market of trading CO2 for further utilisation in various industries and 

the rational of recycling potent solvent is shifting focus to the expensive desorption aspect 

of the CO2 capture process. Even though, the CO2 desorption process has not enjoyed as 

much literature attention as the CO2 absorption process, some publications have emerged 

in an attempt to bridge the literature gap. 

The earliest attempts were works focusing on understanding the underlying theory of 

chemical desorption. Astarita and Savage (1980b) pioneered desorption studies 

representative of conditions in desorption columns where a volatile component is desorbed 

from the liquid phase to the gas phase purely by the action of heat, and importantly, without 

reabsorption into the liquid phase. The highlights of their work were in identifying points 

of differences between chemical absorption and desorption as well as delineating 

situations where absorption can be likened to desorption. These are listed as follows: 

i. Mass transfer must lie within or between the diffusional and fast reaction regimes 

ii. There is only a single overall reaction 
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iii. The total capacity of the liquid for dissolved gas greatly exceeds its purely physical 

capacity.  

iv. The gas phase composition is linearly related to the concentration of dissolved but 

unreacted gas (Henry’s Law). 

Also in succeeding work, they developed a complete analytical solution for the film 

theory model for desorption accompanied by an instantaneous, reversible chemical 

reaction which is the reality of desorption conditions industrially (Astarita and Savage, 

1980a). With these successful developments, the mass transfer coefficient in the desorber 

can be deduced using the Lewis and Whitman (1924) two film theory. Film theory is the 

oldest and simplest means of understanding mass transfer coefficients. This model 

assumes that a film exists near a gas-liquid interface where mass transfer only takes place 

through molecular diffusion.  

  It is well known that the mass transfer in the desorber occurs when a component, 

A, in the liquid phase transfers across a liquid-gas interface to the gas phase due to a 

concentration gradient in the direction of the transfer (Geankoplis, 2003). The mass flux 

of component A (NA) across the liquid-gas interface at steady state is represented in terms 

of the liquid-side mass-transfer coefficient because the liquid flow rates and compositions 

could be measured with the greatest precisions (Weiland et al., 1982). The deductions are 

based on a cross section of the desorber column,  ∆𝑧 as shown in Figure 2.1-1.  
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Figure 2.1-1: Film Cross Section of the Desorber 
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The dependence of mass transfer on the overall mass transfer coefficient, 𝐾𝑥 and 

concentration gradient (the driving force) is represented as: 

 

𝑁𝐴 = 𝐾𝑥(𝑥𝐴𝐿 − 𝑥𝐴
∗) = 𝐾𝑦(𝑦𝐴

∗−𝑦𝐴𝐺)    (2.1) 

 

It is reasonable to focus on the computation of the mass transfer coefficients in the liquid 

phase since it is the phase of interest in desorption. The flux equation is then given by: 

 

𝑁𝐴 = 𝐾𝐿𝐶𝑇(𝑥𝐴𝐿 − 𝑥𝐴
∗)      (2.2) 

 

Where 

 𝑥𝐴𝐿is the mole fraction of A in the liquid.  

 𝑥𝐴
∗is the mole fraction of A in the liquid in equilibrium with the bulk gas. 

𝐶𝑇 can be represented with a more appropriate parameter, 𝜌𝑚 (=
𝜌

𝑀
) for the liquid film 

(Geankoplis, 2003). 

Where 

 𝜌𝑚is the molar density, 

 𝜌 is density of liquid  

 𝑀 is the molecular weight. 

 

By multiplying LHS by a differential area, 𝑑𝐴, and RHS by aS𝑑𝑧: 

 

𝑁𝐴𝑑𝐴 = 𝐾𝐿𝜌𝑚(𝑥𝐴𝐿 − 𝑥𝐴
∗)𝑎𝑆𝑑𝑧    (2.3) 
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Where 𝑁𝐴𝑑𝐴is kgmol A transferred in height∆𝑧. 

            S = cross sectional area 

For a differential height, ∆𝑧, the moles of A leaving the liquid phase is equal to the moles 

entering gas phase. Thus, 

 

𝑁𝐴𝑑𝐴 = 𝑑(L𝑥𝐴𝐿) = 𝑑(𝐺𝑦𝐴𝐺)     (2.4) 

 

𝐵𝑢𝑡, 𝐿′ = 𝐿(1 − 𝑥𝐴𝐿), where 𝐿′ is the inert molar flow. (2.5) 

 

Substituting equation (2.5) into (2.4) 

 

𝑑(L𝑥𝐴𝐿) = 𝑑 (
𝐿′

(1−𝑥𝐴𝐿)
× 𝑥𝐴𝐿) = 𝐿′𝑑 (

𝑥𝐴𝐿

(1−𝑥𝐴𝐿)
) =

𝐿′𝑑𝑥𝐴𝐿

(1−𝑥𝐴𝐿)2 =
𝐿𝑑𝑥𝐴𝐿

(1−𝑥𝐴𝐿)
  (2.6) 

  

Substituting equation (6) into (3) 

 

𝐿𝑑𝑥𝐴𝐿

(1−𝑥𝐴𝐿)
= 𝐾𝐿𝑎𝜌𝑚(𝑥𝐴𝐿 − 𝑥𝐴

∗)𝑆𝑑𝑧    (2.7) 

 

Rearranging and integrating 

𝐾𝐿𝑎 ∫ 𝑑𝑧 = ∫
𝐿

𝑆𝜌𝑚(1−𝑥𝐴𝐿)(𝑥𝐴𝐿−𝑥𝐴
∗ )

𝑑𝑥𝐴𝐿   (2.8) 

 

𝐾𝐿𝑎𝑣 =
1

𝑧
∫

𝐿𝑚

𝜌𝑚(1−𝑥𝐴𝐿)(𝑥𝐴𝐿−𝑥𝐴
∗ )

𝑑𝑥𝐴𝐿    (2.9) 
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𝑤ℎ𝑒𝑟𝑒 
𝐿

𝑆
= 𝐿𝑚 (The molar liquid flow rate per unit Area) and dropping subscripts L, the 

final equation represents the overall liquid side mass transfer coefficient and presented as: 

 

𝐾𝐿𝑎𝑣 =
1

𝑧
∫

𝐿𝑚

𝜌𝑚(1−𝑥𝐴)(𝑥𝐴−𝑥𝐴
∗ )

𝑑𝑥𝐴    (2.10) 

 

 

2.1.1 Mass Transfer Coefficient for Catalyst-Aided Desorption 

For a three-phase desorption system such as our Liquid-Gas-Solid (catalyst) 

system, mass transfer models applied have being extensions of the Two-film theory and 

Surface Renewal theory (Danckwerts et al., 1963). Several of the applications in a three-

phase system are seen in trickle bed reactors. Membrane systems applied in gas absorption 

is an example of a three-phase system applied in a packed column. The resistance in-series 

model is usually used to describe the mass transfer mechanism as diffusion is from the 

bulk gas through the membrane and into the liquid. 

 By application, in catalytic CO2 desorption, mass transfer occurs via the non-

catalytic route in parallel to the catalytic route. Mass transfer is via diffusion from the 

liquid through the liquid-solid interface to the catalyst pores where desorption is enhanced. 

Desorbed CO2 diffuses from the catalyst pores through the wetted catalyst surface, which 

is the solid-liquid interface, before transport to the gas bulk via the liquid-gas interface. In 

the non-catalytic CO2 desorption process, transfer is from the liquid bulk through the 

liquid-gas interface to the gas bulk bypassing the catalyst surface entirely.  The mass 
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transfer of CO2 is thus generally diffusion driven by a concentration gradient due to 

chemical desorption.  

The reaction zone of the catalytic desorption is the liquid bulk and more 

concentrated around the catalyst, the desorbed gas then travels through series of resistances 

before it reaches the gas bulk as shown in Figure 2.1-2. The total resistance (1 𝐾𝐿𝑎𝑣⁄ ) in 

the three-phase model can be expressed as: 

 

1

𝐾𝐿𝑎𝑣
=  

1

𝑘𝑙𝑎𝐸
+

1

𝑘𝑠𝑎
+ 

1

𝑚𝑘𝑔𝑎
     

 

Where 𝑘𝑙𝑎 = liquid film mass transfer coefficient, 𝑘𝑠𝑎 = solid film mass transfer 

coefficient, 𝑘𝑔𝑎 = gas film mass transfer coefficient, 𝐸 = Enhancement factor and 𝑚 = 

solubility coefficient 

Although the addition of a catalyst introduces another layer of resistance, this 

increases the rates of reaction on the catalyst surface and essentially in the liquid bulk. The 

rate of desorption of CO2 when these reactions occur increases compared to the rate of 

straight mass transfer without the catalyst-aided reaction. The overall mass transfer 

resistance is the total of the phase mass transfer resistances. The measure of the transfer 

performance can be deduced from this factor in terms of the mass transfer coefficient 𝐾𝐿𝑎𝑣 

from equation (2.10). It is important to note that, since both diffusion routes occur together 

and CO2 transport to and from the catalyst surface is via the liquid-solid interface back 

into the liquid bulk, the liquid and solid phase can be assumed to be one phase for analysis, 

thus being pseudo homogenous.  
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Figure 2.1-2: Mass transfer zones and Resistances in Catalyst aided desorption 
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2.2  Desorption Kinetics and Solubility 

In predicting and estimating accurate desorber performance, in terms of the mass 

transfer, desorption kinetic data becomes highly important. Enhancement factor term 

which results from the reactions in the desorber affect the mass transfer coefficient 

(Weiland et al., 1982). Physical solubility data is also essential in determining the liquid 

compositions throughout the column. These parameters are heavily dependent on kinetic 

data as well as relevant physico-chemical data. Investigations for the rate of desorption for 

mass transfer were performed in a variety of apparatuses. Many publications on desorption 

mass transfer and reaction rates at high desorption pressures and temperatures were done 

for screening purposes of new absorbents. Screening criteria included the effect of amine 

molecule structure (Bonenfant et al., 2003; Singh et al., 2007); focus on tertiary and 

sterically hindered amines and their blends (Bougie and Iliuta, 2010; Choi et al., 2009; Xu 

et al., 1995) and others.  In effect, no fundamental properties were measured (Eimer, 2014).  

More focussed works performed to measure kinetic constants in the literature were 

performed at well below desorption conditions and then extrapolated the results to reach 

the desired temperatures and pressures. Kierzkowska-Pawlak and Chacuk, (2011) used a 

stirred cell reactor to study the desorption kinetics of MDEA at up to a 60oC temperature. 

A model was built using the two film theory and compared with experimental data. The 

model predictions were found to be in good agreement with the experimental values with 

average deviation RMSD (root mean square deviation) of 3, 3.6 and 1.1% at a temperature 

of 20, 30 and 60oC, respectively. Another stirred cell reactor study was done by Hamborg 

and Versteeg (2012) using 2M MDEA solvent at similar temperature conditions (25-60oC) 

but focussing on the enhancement factor evaluation in desorption. It was realized that at 
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identical operating conditions, the chemical enhancement factor for absorption and 

desorption appears to be the same within the reported experimental uncertainty.  

Dugas and Rochelle (2009) performed desorption experiments with MEA and 

piperazine (PZ) using a wetted wall column at 40 and 60oC temperature where plug flow 

conditions were assumed for analysis. Similarities to a packed bed column were obvious. 

PZ showed better desorption characteristics as compared to MEA solvent at equivalent 

partial pressures. They represented the kinetic data on an effective mass transfer 

coefficient basis which simplified the rate comparisons of the different solvents. Another 

finding was that within the experimental range and at 40 oC, the mass transfer coefficient 

does not depend on temperature or amine concentration. 

One essential study in measuring kinetic data performed at well within desorption 

conditions (60-110 oC) was by Jamal et al. (2006). Their work was based on using a 

hemispherical apparatus that has a working principle of a single sphere apparatus. They 

also considered a solvent blend of MEA and several tertiary amines and developed a 

rigorous mathematical model applicable to both absorption and desorption conditions. 

Kinetic reaction constants derived from their absorption data at temperatures of 600C and 

below deviated significantly from their data collected at desorption conditions. Jamal et 

al. (2006) therefore confirmed that extrapolations usually introduce inaccuracies in the 

results. However, in a specific case where no alternative due to various limitations exists, 

extrapolations with evaluated assumptions are considered accepted kinetic data rather than 

guess work or speculations. 
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2.2.1 Chemistry of Desorption 

To interpret the experimental kinetic data as well as investigate the effect of solvents 

on the catalyst chemical activity, all possible solvent chemical reactions as well as the 

reaction mechanism needs to be developed. The chemistry of CO2 with primary, secondary 

and tertiary amines in aqueous solutions has been reviewed extensively. The school of 

thought is that the reaction chemistry of primary and secondary amines differ from tertiary 

amines due to lack of any hydrogen atoms being attached directly to the nitrogen in tertiary 

amines (Eimer, 2014).  

There are various views on the reaction mechanisms of these amines which discusses 

the detailed processes by which the CO2 and amine reactants are transformed into other 

products. The Zwitterion mechanism first introduced by Caplow (1968), begins with a 

direct reaction between CO2 and an amine to form zwitterion, known as an electrophilic 

addition reaction, and the zwitterion reacts with a base to lose its proton to essentially form 

carbamate. The Zwitterion mechanism has been supported by Danckwerts (1979) and 

Albert and Serjeant (1984). As an opposing mechanism to the Zwitterion, (Crooks and 

Donnellan, 1989) proposed that an amine molecule reacts with both carbon dioxide and a 

base molecule simultaneously. A carbamate and a protonated base molecule are formed as 

a result. This is referred to as the termolecular reaction mechanism. Even though other 

publications doubt the validity of this mechanism as it contradicts their results, Aboudheir 

et al. (2003) claimed only this mechanism could explain their kinetic data. Other traditional 

mechanisms exist which have become also contentious. However, drawing categorical 

conclusions on which mechanism is right is still unresolved and is considered prudent to 
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remain so. Open interpretations of kinetic data to reaction mechanism are rather 

encouraged.  

In light of its applicability and widespread use, the mechanism proposed by Caplow 

(1968) is adopted for this study in order to effectively study the role of the catalyst in 

desorption. For our MEA-CO2-H2O systems, loaded MEA desorption reactions are seen 

as follows: 

𝑀𝐸𝐴𝐶𝑂𝑂− + 𝐻3𝑂+ ↔ 𝑀𝐸𝐴 + 𝐶𝑂2 + 𝐻2𝑂   (2.11-1) 

𝑀𝐸𝐴𝐶𝑂𝑂− + 𝐻2𝑂 ↔ 𝑀𝐸𝐴 + 𝐶𝑂2 + 𝐻3𝑂+   (2.11-2) 

𝐻𝐶𝑂3
−+ 𝐻3𝑂+ ↔  𝐶𝑂2 + 2𝐻2𝑂    (2.11-3) 

𝐻𝐶𝑂3
− ↔ 𝐶𝑂2 + 𝑂𝐻−      (2.11-4) 

𝐶𝑂3
2− + 𝐻3𝑂+ ↔  𝐻𝐶𝑂3

− + 𝐻2𝑂    (2.11-5) 

𝑀𝐸𝐴𝐻+ + 𝐻2𝑂 ↔ 𝑀𝐸𝐴 + 𝐻3𝑂+    (2.11-6) 

𝐻3𝑂+ + 𝑂𝐻− ↔  2𝐻2𝑂     (2.11-7) 

For the quaternary system, MEA-MDEA-CO2-H2O, loaded MEA desorption 

reactions are the same as that of the primary MEA amine but for the addition MDEA 

reaction. This mechanism was extensively studied and is attributed to (Donaldson and 

Nguyen, 1980) 

𝐻𝐶𝑂3
− +  𝑀𝐷𝐸𝐴𝐻+ ↔ 𝐶𝑂2 + 𝑀𝐷𝐸𝐴 + 𝐻2𝑂  (2.11-8) 

𝑀𝐷𝐸𝐴𝐻+ + 𝐻2𝑂 ↔ 𝑀𝐷𝐸𝐴 + 𝐻3𝑂+   (2.11-9) 
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2.2.2 Chemical Solubility 

Besides the details of the reaction chemistry of solvents, the equilibrium solubility 

of acid gases like CO2 in aqueous amine solvents are equally important for the efficient 

design of carbon capture (thus, obtaining the mass transfer coefficient) and other treating 

units. The ability of a solvent to remove CO2 is determined by its equilibrium solubility 

including it kinetic and mass transfer behaviour. 

The solubility of CO2 in aqueous MEA solutions has been experimentally studied 

by several investigators with 30wt% MEA being dominant because of its industrial 

applicability. Likewise, the solubility into tertiary solvents like MDEA has received a lot 

of attention (Austgen et al., 1991; Jou et al., 1993). Austgen et al. (1989) and Bishnoi and 

Rochelle (2000) successfully modelled the vapour-liquid equilibrium of reacting systems 

using knowledge of reaction chemistry and electrolyte theories. This model has been 

approved and applied by several authors for absorption modelling studies.  

The equilibrium solubility of CO2 in blends of MEA/MDEA has scarcely been 

investigated as there is a wide range of blend ratios and temperatures to consider. (Shen 

and Li, 1992) investigated the solubility of 12 wt % MEA + 18 wt % MDEA and 24 wt % 

MEA and 6 wt% MDEA with several partial pressures of CO2 ranging from 1.0 – 2015kPa 

at 40, 60, 80 and 100oC temperature. Their work is among the few extensively studied 

blended solvent solubility experiments. However, their solvent concentrations are not in 

the range covered in this work. Acquisition of solubility data for this study is thus essential 

to collecting accurate mass transfer data. 
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2.3 Solvents 

It is noted that the overall performance of any column depends on the solvent kinetics, 

which forms a strong basis of the mass transfer performance and energy penalty of the 

system. Aqueous solutions of amines have been employed and proven to exhibit 

tremendous absorption characteristics. This is because the presence of the amino group in 

amines provides the necessary alkalinity to absorb CO2; the presence of the hydroxyl group 

increases the solubility of the amines in aqueous solutions and helps to reduce vapor 

pressure whilst minimize the losses during regeneration (Kohl and Nielsen, 1997). 

Monoethanolamine (MEA), the most widely used amine has faster kinetics implying 

shorter columns for absorption. However, the CO2 desorption characteristics of MEA are 

poor as it exhibits high energy requirement for solvent regeneration, poor thermal stability, 

high degradation rate and corrosivity (Aroonwilas and Veawab, 2004).  

An emergence of other industrial amines with better desorption properties were 

applied in the capture process. These are found in the class of tertiary amines and sterically 

hindered amines. Commonly tested examples include N-methyl-diethanolamine (MDEA) 

and - 2-amino-2-methyl-1-propanol (AMP), respectively (Aroonwilas and Veawab, 2004). 

MDEA and AMP require less energy for regeneration. Whilst MDEA has minimal 

corrosive and degradative effective, AMP is prone to corrosion and degradation to some 

extent but both exhibit poorer absorptive competencies to MEA.  

The structure and activity relationships study to rank amines for behavioural traits has 

helped catalogue several amines with their distinguishing effect in the capture process 

(Singh et al., 2007; Singh et al., 2009).  This has sparked discussions on solvent synthesis 

methods to alter the structure of amines to promote both absorption and desorption 
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properties of amines. New solvent such as 2-(diethylamino)ethanol (DEEA) (Xu et al., 

2013), 4-diethylamino-2-butanol (DEAB) (Sema et al., 2013),  2-((2-

aminoethyl)amino)ethanol (AEEA) (Ma'mun et al., 2006) are examples of novel amines 

where structural modifications have exhibited superior absorption and desorption 

performances.  

Another solvent optimisation technique is the art of solvent blending. The goal is to 

combine solvents with obvious strength to cover the weakness of the other thus promoting 

their favourable characteristics whilst suppressing the unfavorable ones (Aroonwilas and 

Veawab, 2004). Aroonwilas and Veawab (2004) tested blends of MEA-MDEA, 

Diethanolamine (DEA)-MDEA, MEA-AMP, and DEA-AMP. Their results showed that 

AMP based solvent blends were more effective than MDEA based solvent. Also blends 

with MEA show better performance in the mass transfer and kinetic studies than DEA. 

Regardless of these results MDEA based blends are receiving more traction because 

i. the single amine solvents of MEA and MDEA are mature and widely known 

(Sema et al., 2012). 

 Setameteekul et al. (2008) on further study on MEA-MDEA blend concluded that: 

i. the blend ratio of MEA-MDEA has a significant effect on the mass transfer 

performance,  

ii. the mass transfer performance increases with increasing MEA ratio 

iii. the molar blend ratio of 1/3 MEA-MDEA showed the highest performance. 

With the advent of these potent amines, there are still numerous MEA absorption 

plants operating throughout the world. This makes it an appropriate baseline solvent of 

choice for CO2 desorption studies. 



27 

 

2.4 Catalysis in Desorption 

Evidently, a solvent process alone may not possess all the desired features thereby 

requiring other innovative technological approaches to reach the energy penalty reduction 

goal for solvent regeneration. A recent innovative strategy introduced in desorption was 

the application of industrial acid catalyst (Idem et al., 2011). This represents an excellent 

example of a gas-liquid-solid reacting system. Their study of the reaction chemistry of 

desorption revealed that the intermediate zwitterion ion formed from the backward 

reaction of reaction (2.11-1) and (2.11-2) are short lived and unstable. They also had the 

tendency to strip protons rather than break into MEA and CO2. This difficulty in breaking 

down was attributed to the lack of protons in the system which is unfavorable for 

desorption. However, if the zwitterion ion could be stabilised or the energy of the 

zwitterion was lowered by introducing protons in the system, desorption could happen 

more easily. The application of a proton donating (Brφnsted) acid catalyst was mentioned 

as a means of achieving a lower energy zwitterion. Likewise, an Al-based (Lewis) catalyst 

from a computational simulation study by the group showed that Al atom has an affinity 

to attached to the third oxygen of the zwitterion ion thus stabilizing the intermediate 

zwitterion. 

Based on their study of desorption chemistry analysis, a predominantly solid Lewis 

acid catalyst (example γ-Al2O3) and a predominantly Brφnsted acid catalyst (Protonated 

zeolite socony mobil-5 (H-ZSM-5)) were selected to catalyze desorption of CO2 from the 

bicarbonate (𝐻𝐶𝑂3
−) and carbamate ions (𝑀𝐸𝐴𝐶𝑂𝑂−) respectively. A heat duty reduction 

using H-ZSM-5 catalyst of 1.56 GJ/tonne CO2 at a temperature reduced from 110-120oC 

to 90-95oC was realised.  
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To corroborate these findings, Shi et al. (2014b) developed computational potential 

energy surface (PES) diagram for the catalytic desorption systems and further studied the 

desorption process with single and blended amines. The desorption performance with 

MEA with no catalyst as baseline was recorded as follows: MEA–DEAB with H-ZSM-5 

(38%) > MEA–DEAB with γ-Al2O3 (40%) > MEA–DEAB with no catalyst (51%) > MEA 

with H-ZSM-5 (65%) > MEA with γ-Al2O3 (73%) > MEA–MDEA with γ-Al2O3/no 

catalyst (74%), all relative to MEA with no catalyst (100%). They concluded on the 

significant effect of HCO3
- role in catalytic desorption present in substantial amounts in 

the blended amines. Liang et al. (2015) researched using hybrid catalyst (consisting of a 

physical mixture of γ-Al2O3 and H-ZSM-5) with MEA solvent at different loading regions. 

The reason was to rank catalyst based on operating loading regions that can be seen in 

industrial power plants. At low/lean loading regions, the catalyst activity followed a γ-

Al2O3/H-ZSM-5 = 2/1 > γ-Al2O3 > H-ZSM-5 > H-Y rankings and at high/rich loading 

regions a ranking of H-ZSM-5 > γ-Al2O3/H-ZSM-5 = 2/1 > γ-Al2O3 > H-Y.  

 

 

2.5 Role of Catalyst 

The addition of porous solid acid catalyst is to perform a physical enhancement 

activity and chemical enhancement of CO2 desorption. The catalyst by virtue of its pores 

can tremendously increase the interfacial area for mass transfer. The catalyst acid sites can 

also create a reaction pathway with lower activation energy for the chemical desorption of 

CO2 from loaded amine, thereby increasing the driving force for mass transfer. As a result, 
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a larger amount of CO2 can be produced with catalyst than without catalyst under similar 

conditions of time and energy input.  

 

2.5.1 Interfacial Area Determination 

A number of researches have been reported in literature where the interfacial area and 

liquid film transfer coefficient have been determined in an absorption system with fast 

pseudo first order reaction rate with a catalyst component (De Waal and Beek, 1967; 

Jhaveri and Sharma, 1968; Onda et al., 1972). These were studied to gain an understanding 

of the effect of the chemical reaction on the rates of mass transfer. The surface renewal 

model of Danckwerts (1951) with rapidly fast reaction rate given by:  

𝑅𝐴 = 𝑎𝐶𝐴
∗√𝐷𝐴𝑘1 + 𝑘𝐿

2    (2.12) 

was adopted by Onda et al. (1972) with a pseudo first order reaction rate assumption to 

develop an equation to estimate the interfacial area based on the Astarita and Savage 

(1980b) conditions for desorption. 

𝑎 =
𝑅𝐴

𝐶𝐴
∗ 𝑆𝑧√𝐷𝐴𝑘1

      (2.13) 

 These absorption studies can be applied to the catalytic desorption system to assess its 

physical enhancements. 
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2.5.2 Chemical Activity of Catalyst 

2.5.2.1 γ-Al2O3 Catalyst Activity 

γ-Al2O3 performance can be seen in two regions in the catalytic desorption process. 

In the rich region, the acidic role γ-Al2O3 is seen in the Al atom affinity to attached to the 

third oxygen of the unstable zwitterion ion thereby stabilizing it and allowing for easier 

desorption.  

In the lean region where the solution becomes basic, γ-Al2O3, an amphoteric oxide 

can accept and donate protons, thus mimicking the role of 𝐻𝐶𝑂3
− in chemical desorption. 

Liang et al. (2015), Shi et al. (2014a) and Shi et al. (2014b) explain the unique importance 

of the 𝐻𝐶𝑂3
− ion in solvent regeneration. In short, they explain via energy diagrams that 

much less energy is required for proton donation from 𝑀𝐸𝐴𝐻+to 𝐻𝐶𝑂3
− (21.9 kJ at 90oC) 

to release CO2 directly than to 𝐻2𝑂 (78.22 kJ at 90 oC). The ability of γ-Al2O3 to emulate 

the role of 𝐻𝐶𝑂3
− is by forming 𝐴𝑙𝑂2

− in the lean (basic) regions of desorption from 

reaction 14 proposed by Shi et al. (2014a). Consequently, 𝐴𝑙𝑂2
− accepts protons from 

𝑀𝐸𝐴𝐻+ then donates to 𝐻2𝑂 but only when the solution is basic. 

𝐴𝑙(𝑂𝐻)3 ↔ 𝐻𝐴𝑙𝑂2. 𝐻2𝑂 ↔ 𝐴𝑙𝑂2
− + 𝐻2𝑂 + 𝐻+ (2.14) 

The other role is the formation of trace amounts of 𝐻𝐶𝑂3
− from the reaction of the 

hydroxyl group of γ-Al2O3 and free CO2. Parkyns (1969) and Peri (1966) confirmed this 

by infra-red spectroscopy after continuous adsorption of CO2 on the catalyst acid sites. 

Evidence of the formation of bicarbonate groups was seen at wavelength of 3610, 3605, 

1640, 1480, and 1233 cm–1. These added amounts of 𝐻𝐶𝑂3
− aid in the reduction of the free 

energy requirement for the proton transfer to release CO2 directly. 
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2.5.2.2 H-ZSM-5 Catalyst Activity 

Deprotonation of 𝑀𝐸𝐴𝐻+ is key to solvent regeneration problems because it sets the 

stage for the availability of free proton for 𝑀𝐸𝐴𝐶𝑂𝑂− breakdown. Typically, 

deprotonation reaction requires large amounts of energy (Shi et al., 2014b). H-ZSM-5 

readily supplies protons on its active sites to breakdown 𝑀𝐸𝐴𝐶𝑂𝑂−and donates protons 

directly to 𝐻𝐶𝑂3
− without waiting for the initial deprotonation reaction. H-ZSM-5 is 

therefore effective throughout the rich and lean regions in regeneration. 
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 CHAPTER 3: EXPERIMENTAL SECTION 

3.1 Laboratory Health and Safety Precautions 

The following safety precautions were adhered to ensure safe and healthy working 

conditions when operating our laboratory setup and conducting experiments. 

i. Personal Protective Equipment (PPE) comprising of lab coat, safety goggles, hand 

gloves and safety shoes were used whilst long hair and loose clothing were 

confined during experimental runs in the lab. 

ii. Chemicals were properly labelled and stored in their appropriate cabinets 

according to WHMIS requirements 

iii. All gas cylinders were properly secured so that they cannot be knocked over when 

in use and capped and chained on appropriate carts when transported 

iv. Chemical spills were dealt with immediately and if safe to do so using standard 

procedures whilst broken glass ware were collected and stored in their appropriate 

containment 

v. Work areas were kept clean and free of obstructions; equipment and chemicals 

were stored properly to ensure good housekeeping 

vi. Laboratory fume hoods were used to contain and exhaust toxic, offensive and 

flammable vapours when mixing chemicals in the laboratory. 
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3.2 Chemicals and Materials 

MEA and MDEA solvent was obtained from Sigma Aldrich, Canada with purities > 

99%. 100% CO2 and N2 was supplied by Praxair Inc, Canada. Gas analyser calibrations 

used a 15% premixed CO2 with N2 also purchased from Praxair Inc., Canada. 𝛾-Al2O3 was 

acquired from Zeochem, US. H-ZSM-5 catalyst was purchased from Zibo Yinghe 

Chemical Company Ltd. Standard 1N hydrochloric acid purity was supplied by Sigma 

Aldrich, Canada and used for titrations. 

 

 

3.3 Catalyst Characterization 

The catalyst characterization experiment was conducted at the Chemical Engineering 

Laboratory at the University of Saskatchewan, Saskatoon.  

The Brunauer−Emmett−Teller (BET) surface area, pore volume, and average pore size 

measurements were obtained by N2 physisorption analyses using an ASAP 2020 model 

from Micromeritics. The degas conditions was 200oC vacuum for 3 hours. Temperature-

programmed Desorption (TPD) was performed to analyze the type of acid sites and their 

respective strengths of the catalyst. For TPD, the catalyst sample was exposed to helium 

and the furnace temperature was increased to 250oC at a constant rate of 20oC /min. The 

temperature was held at 250oC for 20 minutes with helium gas. The temperature was then 

reduced to 50oC with 3% ammonia in helium gas flow for 60 minutes. The gas was later 

switched to helium and the temperature was increased to 70oC and temperature was kept 

isothermal for 30 minutes. The temperature was increased steadily at 10oC /min to 700oC 
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for the sample analysis. The instrument used for the TPD analysis was an Autosorb iQ 

from Quantachrome with a TCD detector. 

Fourier Transform Infrared Spectroscopy (FTIR) analysis, an analysis to check for 

either Brφnsted or Lewis acidity, was done with a 0.1 g of catalyst sample and treated with 

approximately 25uL of pyridine. Samples were left overnight for adsorption. After, they 

were heated at a 115oC temperature to remove excess pyridine. The sample was then 

examined under FTIR equipment model Vertex 70 from Bruker. The resolution, sample 

scan time and background scan time were set to 4, 16 and 16 respectively whilst the scan 

range was from 4000 to 400 cm-1. The aperture was set to 6 mm and the scan velocity was 

10 kHz. 

 

 

3.4 Solubility Experiment: Apparatus and Method 

The solubility apparatus (as shown in figure 3.4-1) consists of a saturator connected 

to a reactor cell. The reactor was immersed in a constant temperature water bath purchased 

from Cole Parmer Canada. A temperature controller maintains the temperature in the bath. 

A condenser is attached to the reactor cell to minimize evaporation losses at high 

temperature conditions. Premixed gas tanks of nitrogen and CO2 mixture were employed 

in the experiment and the feed was regulated using an electronic Aalborg GFM-17 gas 

flow meters with ± 0.15% /°C full scale accuracy. The gas flow meter was calibrated by a 

digital bubble flow meter (Agilent Technologies, model HFM-650).  
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Figure 3.4-1: Image of Desorption Catalyst, Size = 3mm cross section. A=Gamma 

Alumina (𝛾-Al2O3). B= Protonated zeolite socony mobil-5 (H-ZSM-5) 

A 

B 
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Figure 3.4-2: Schematic of Solubility apparatus of 7M MEA/MDEA solvent 
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For this vapour-liquid equilibrium experiment, a 5M/2M blend of MEA/MDEA 

solution was fed into the system and the gas mixture was introduced to the system at the 

desired partial pressure. This represents a CO2-MEA-MDEA system. The saturator cell 

was used to saturate the dry gas and the wetted gas mixture was then bubbled through the 

amine test solution and then exhausted. The cell is immersed in a heating bath with a set 

temperature and regulated. The process was operated under atmospheric pressure. To 

ensure that equilibrium was reached, the system was kept in operation for 8-14 hours. 

The liquid sample was taken to analyze for the CO2 loading (fraction of CO2 in the liquid 

phase). The CO2 loading for each liquid sample was determined using a Chittick apparatus 

via a procedure detailed elsewhere (Horwitz et al., 1975). The sample was taken every one 

or two hours until the CO2 loading was constant. CO2 loading reported were the average 

of three samples. The error of the liquid loading test was generally within ±10%. Table 

3.4-1 shows the experimental conditions of the experimental runs. The CO2 concentration 

in the premixed tank was confirmed with an infrared (IR) CO2 gas analyzer from Nova 

Analytical System Inc. with a ±2% error. This confirmation represents the fraction of CO2 

in the gas phase. 
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Table 3.4-1: Experimental Conditions for the Solubility Experiments 

Partial Pressure of gas mixture 3 kPa, 8kPa, 15kPa, 40kPa, 100kPa 

Temperature  40 oC, 85oC 

Solvent Concentration 7M 
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3.5  Mass Transfer Experiment: Apparatus and Method 

The experiment was conducted in a bench-scale full cycle unit shown in figure 3.5-2. 

The dimensions of the absorber and desorber column unit is 1.07m x 0.051m. The absorber 

column was packed with a 5.08cm diameter Sulzer LDX structured packing. The desorber 

column internals consist of different layers of packing to easily inculpate the catalyst 

whilst reducing the pressure drop in the column: 

a. A 0.18 m height of a 5.08 cm diameter Sulzer LDX structured packing placed at 

the topmost and bottom of the column serving primarily as support, aiding solvent 

distribution and also an efficient mass transfer medium; 

b. A 0.051m height 10mm marble that sits on top and bottom of the catalyst bed 

serving as support for the bed; 

c. A 0.51m height 6mm diameter marble, randomly mixed with a specified mass of 

catalyst for each experimental condition. 

The desorber column internal configuration was kept fixed for every run as the catalyst 

weight was varied with the inert marble by a volume configuration (explained in detail in 

Appendix A.3.1) 
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Figure 3.5-1: Column Packing and Division dimensions  
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Figure 3.5-2: Schematic of the Modified Full cycle CO2 Capture Process 
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The absorber was designed for a counter-current mode of operation in which an 

amine solvent was pumped by a variable-speed gear pump from a storage tank to the top 

of the column. The full cycle system was modified such that the solvent is recycled through 

the lean-rich heat exchanger then through a hot oil exchanger (functioning a substitute to 

a reboiler) before it enters the top of the desorber. This was done to study the direct effect 

of varying the temperature of the desorber. Once solvent circulation was set, a gas mixture 

(15% CO2 in N2) was introduced at the bottom of the column to be loaded into the solvent. 

The sour gas is removed from the solvent in the subsequent desorber column using a hot 

oil as a heating medium. Unloaded solvent is cooled and recirculated to the absorber to 

begin the absorption process. CO2 leaves at the top of the desorber. The mass flow of the 

product CO2 is recorded by a rotameter and vented to the atmosphere.  

A 15% CO2 gas mixture obtained using a 100% CO2 and N2 gas and verified using 

an infrared CO2 gas analyzer (purchased from Nova Analytical Systems Inc. with a ±2% 

error). In a typical run, the gas mixture passes through a 1L saturator cell to wet the gas 

before it was introduced in the absorber. A solvent of the desired concentration was 

prepared by mixing de-ionized water with a calculated volume of concentrated amine. The 

concentration of the solvent was determined by titrating with 1N hydrochloric acid 

solution using methyl orange indicator. To ensure accuracy, the liquid loading titration 

was conducted at least two times and the IR Analyzer was calibrated with a premixed 15% 

CO2 in N2 purchased from Praxair Inc. The thermocouples along the column and the flow 

meters were regularly calibrated also to ensure accurate measurements. 

Steady state conditions were reached within 4 hours of operation and was usually 

identified when the on-line notebook software recorded constant temperature readings 
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along the two columns. CO2 concentrations at the inlet and outlet and along the length of 

the absorber were measured with the IR gas analyzer. The solvent loading and 

concentration were determined using a Chittick apparatus via a procedure detailed 

elsewhere (Horwitz et al., 1975). At the same time, the product CO2 was recorded with the 

help of the rotameter. The experimental conditions were varied according to Table 3.5-1 

to study the mass transfer characteristics of the catalyst-aided CO2 desorption process. A 

mass balance calculation that compares the amount of CO2 removed from the gas phase, 

as measured by the IR gas analyzer, with the amount of CO2 added into the liquid phase, 

as measured by the solvent CO2 loading apparatus and expressed as a percentage was used 

to verify the validity of the run. A mass balance error less than or equal to 10% was 

considered a valid data set for analysis. The error of the experiment was computed to be 

±2.1%. 
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Figure 3.5-3: Picture of the full cycle Carbon Capture pilot-plant 
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Table 3.5-1: Operating Conditions of the Desorption experiments 

Solvent, mol/l 5M MEA, 7M MEA/MDEA 

Ratio of Mixed Solvent 5M MEA to 2M MDEA 

Flow rate of the feed gas, kmol/m2h 18.5 

CO2 concentration in feed gas, %  15 

Flow rate of the liquid, m3/m2h 1.7-2.8 

Mass of Catalyst, g 0-200 

Average Desorber temperature, oC 75-95 
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3.6 Aspen Plus Simulations and Parameter Estimations 

On the Aspen Plus V8.4 platform, H2O, CO2, MEA and MDEA were selected as the 

simulation components. The electrolyte non-random two-liquid (ELECNRTL) model was 

selected for the study. The electrolyte wizard was invoked in Aspen Plus as it is a quicker 

way to load up components and reactions of the electrolyte system. The following steps 

were taken in the generation of the electrolyte system components and reactions: 

i. H2O, CO2, MEA and/ or MDEA were selected as the base components with the 

hydronium ion (𝐻3𝑂+) as the hydrogen in the “type” option and the water 

dissociation reaction as the reaction generation option. 

ii. All generated reactions and species are added to the generating system. 

iii. True component approach was selected as the electrolyte simulation approach 

In the simulation window, a mixer was selected as a simple unit of operation to 

evaluate stream properties. The state variables and compositions were specified according 

experimental conditions and the liquid only flash option was selected due to our low 

temperature desorption condition. The solvent loading, feed gas flow rate, off gas flow, 

CO2 product and concentration of CO2 in conjunction with Aspen estimation platform tool 

were used to estimate parameters in equation (2.10) to assess the mass transfer 

performance. 
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 CHAPTER FOUR: RESULTS AND DISCUSSION 

The results are presented as the overall mass transfer coefficient based on the liquid 

side in the desorber. Data collected for analysis include the solution concentration, the rich 

loading, lean loading, the inlet CO2 concentration, off gas concentration, the inlet and off 

gas mass flow, the liquid flow rate, product CO2 flow rate and the average desorber 

temperature. The data were analyzed with Aspen Plus version 8.4. Liquid side analysis 

control volume includes unit 14 and 15 on Figure 3.5-2. Hence with such a large ∆𝑧, the 

logarithmic mean average method was adopted to account for the non-linearity of the 

system. The effect of a particular process variable was tested while keeping all others 

constant, as such, each effect is discussed separately. 

 

4.1 Catalyst Characterization Results 

The results of the structural characteristics of the catalyst are presented in Table 4.1-

1.  γ-Al2O3 exhibits higher physical characteristics in terms of pore size and pore volume 

than H-ZSM-5 but a lower surface area than H-ZSM-5. γ-Al2O3 is mainly mesoporous 

whilst H-ZSM-5 contains more micropores. 

The TPD curve for γ-Al2O3 shows weak, intermediate and very strong acid sites as 

shown in figure 4.1-1 by evidence of the ammonia desorption peak located at 150oC, 320oC 

and 420oC respectively. The TPD profile in Figure 4.1-1 also shows a large number of 

intermediate and strong acid sites as shown by the intensity of those peaks. H-ZSM-5 

shows evidence of weak and intermediate acid sites with peaks recorded at 120 oC and 330 

oC and a relatively low amount of strong acid site at peak 440oC. For H-ZSM-5, the weak 
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and intermediate sites are fairly moderate for number of acid sites. This coincides with the 

38% Si/Al ratio of H-ZSM-5 purchased and used in the experiments. 

Also, FTIR results shows γ-Al2O3 has mainly Lewis acid sites indicated by the peak 

at 1650cm-1 while H-ZSM-5 indicates both Brφnsted and Lewis acid sites represented by 

peaks at 1560cm-1 and 1510cm-1, respectively in Figure 4.1-2. This results corroborate 

findings in literature (Adjaye et al., 1996; Katikaneni et al., 1995). 
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Table 4.1-1: Structural Characterization from BET at 200oC for 3 hours 

 BET surface area 

(m2/g) 

Pore volume (cm3/g) Average pore size 

(nm) 

γ-Al2O3 381.45 0.47 4.54 

H-ZSM-5 414.1 0.29 3.11 

Inert Marble* 1000 N/A N/A 

 

* Marbles are spherical and are chemical inert, surface area is calculated per marble 

(m2/m3) 
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Figure 4.1-1: TPD profile for γ-Al2O3 and H-ZSM-5 catalyst 

 

  

Figure 4.1-2: FTIR Pattern for γ-Al2O3 and H-ZSM-5 catalyst 
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4.2 Solubility Results  

 

 

 

 
Figure 4.2-1: CO2 Solubility data for 5M MEA/2M MDEA at 40oC and 85oC and 8-

100kPa gas pressure 
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The experimental results of the 7M MEA/MDEA at 40oC and 85 oC are shown in 

Figure 4.3-1 and 4.3-2. The vapour-liquid equilibrium data is illustrated by the partial 

pressure of CO2 (representing the mole fraction of CO2 in the gas phase) against the mole 

fraction of CO2 in the MEA/MDEA solvent. As illustrated, the solubility of CO2 in the 

liquid at constant pressure decreases with increasing temperature. An increase in partial 

pressure at a constant temperature increases the solubility of CO2 in the solvent. This 

solubility trend are in line with literature solubility data of mixed solvents. 

 

 

4.3 Interfacial Area Results Based on 5M MEA 

One of the characteristics of interest in heterogeneous catalysis is the pore size and 

surface area of a catalyst. In mass transfer, this property is useful as it creates avenues for 

gas-liquid films to be formed for transfer. The kinetic data was collected at 75oC to 

minimize the nucleation phenomenon in desorption at high temperature (desorption takes 

place with the evolution of small bubbles). With this, the confidence of interfacial area 

creation can be said to be by the action of the catalyst alone. The interfacial area results 

(in figure 4.3-1) by the addition of catalyst shows an increase of ≈98% from 0g to 50g 

mass of catalyst. This added interfacial areas is as a result of the increased desorption 

reaction rate by the action of the catalyst and the increase of porous surfaces for two films 

to form easily. The interfacial area formed by H-ZSM-5 catalyst is averagely 28% higher 

than that of γ-Al2O3 but tapers off for H-ZSM-5. This trend is realised in the rate of reaction 

of H-ZSM-5 as well. This confirms that the interfacial area, although a physical 
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phenomenon is still dependent on the systems kinetics.  H-ZSM-5 catalyst is much more 

potent in desorption as explained in their catalytic roles, but its performance peaks out as 

more catalyst is added because the rate is limited by the system in use (or another factor). 

For γ-Al2O3, at the reaction conditions, the catalyst remains the rate limiting step of the 

reaction hence the addition of more catalyst still has an effect on the speed of reaction. 
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Figure 4.3-1: Interfacial Area results (Desorption Temp: 75oC, Desorber Pressure: 1 atm, 

5M MEA, 2.07m3/m2h flow rate) 
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4.4 Effect of catalyst type Based on 5M MEA  

The primary focus of the catalytic study is to make desorption feasible at a desorber 

temperature of < 90oC in order to decrease the energy penalty. Therefore, the catalytic 

effect was conducted and discussed on the basis of an average desorber temperature of 85 

oC. The variation in 𝐾𝐿𝑎𝑣 using both catalysts can be seen in Figure 4.4-1. This effect is 

explained using the works of (DeCoursey, 1974; Geankoplis, 2003; Levenspiel, 1999) who 

developed equations for a gas-liquid film. Their study can be extended to liquid-solid-gas 

film. The effect on these films (in terms of driving force and resistances) by the catalytic 

phase was analysed with the condition that the catalyst phase is not considered 

independently so as to eliminate complexity of the system. This implies that the catalyst 

phase and liquid phase are considered as pseudo-homogenous. 

From their works, the total resistances to mass transfer at any cross section of the 

desorber can be expressed as: 

1

𝐾𝐿𝑎𝑣
=

1

𝑚𝑘𝑔𝑎
+

1

𝑘𝑙𝑎𝐸′     (4.1) 

𝐸′ shows the effect of the liquid and solid phase chemical reaction compared to straight 

transport, while m, is the partition coefficient based on mole fractions in the gas and the 

liquid phases. This accounts for the solubility of CO2 in the solvent. 𝐸 for the solvent 

reaction with CO2 is considered to be instantaneous and is expressed as: 

𝐸 =
√𝑀

1+√𝑀 2(𝐸𝑖−1)⁄
     (4.2) 

Where:  

𝑀 = 𝐷𝐴𝑘𝐶𝐵/𝑘𝑙𝑎      (4.3) 

𝐸𝑖 = 1 +
𝐶𝐵

2𝐶𝐴𝑖
√𝐷𝐵

𝐷𝐴
⁄     (4.4) 



56 

 

It can be seen from Figure 4.4-1 that there is an increase in desorption rate as the mass of 

the catalyst is increased. As a result, there is a higher concentration of CO2 that moves 

from the liquid bulk to the liquid film. Hence, the driving force for mass transfer across 

the gas-liquid film increases. Consequently, this affects the gas-liquid film and either of 

their resistances to mass transfer is altered. In the liquid film, a faster rate means a leaner 

solution is produced quickly. Thus, 𝐶𝐵 is higher than 𝐶𝐴 and 𝐶𝐴𝑖. The enhancement factor 

increases, and reduces the liquid film resistance. The gas film comprises of desorbed CO2 

and water vapour. Water vapour condensation is an essential source of heat for desorption. 

It is thus expected that a higher rate of reaction results in higher vapour condensation. This 

reduces the gas film resistance in principle, but owing to our system modification and at 

an 85 oC operating temperature, the vapour mole fraction is only 0.37%. Hence, the gas 

film is hardly affected. The overall effect of these is a subsequent increase in 𝐾𝐿𝑎𝑣. 

Again from Figure 4.4-1, the mass transfer performance of H-ZSM-5 is higher than 

that of γ-Al2O3. H-ZSM-5 increases the 𝐾𝐿𝑎𝑣 by 22.7% over the non-catalytic process 

whereas γ-Al2O3 increases the mass transfer performance by only 13.6%. This can be 

attributed to the catalyst properties and their role in CO2 desorption. The interfacial area 

of H-ZSM-5 that is added to the system is higher, representing a higher platform for mass 

transfer than γ-Al2O3. Also, the ability of γ-Al2O3 to influence the reaction by adding trace 

amounts of 𝐻𝐶𝑂3
− and emulating the role of 𝐻𝐶𝑂3

− only happens when the solution starts 

to get lean. This implies that the high-energy deprotonation of 𝑀𝐸𝐴𝐻+reaction still needs 

to take place before γ-Al2O3 starts to be active. In contrast, the continuous supply of 𝐻+ by 

H-ZSM-5 during both the rich and lean regions of desorption makes the deprotonation of 

𝑀𝐸𝐴𝐻+ reaction somewhat moot. Thus, the deprotonation reaction is circumvented in 
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that step. Also, since H-ZSM-5 has both Lewis and Brφnsted acid site from Figure 4.1-2, 

it plays the part of γ-Al2O3 as well as the direct supply of 𝐻+ions. The direct advantage is 

seen in the higher 𝐾𝐿𝑎𝑣value for HZSM-5.  

 

 

 

4.5  Effect of Flow rate based on 5M MEA 

  The direct effect of increasing the flow rate for both catalysts generally affects the 

liquid film in the desorber. From Figure 4.5-1, this is expected as increasing the flow rate 

increases the wetted area for mass transfer to occur. The Interfacial area increases as a 

result and the liquid film transfer coefficient also increases. The indirect effect of the 

catalyst is also realised in conjunction with the varied liquid flow. The catalyst affects the 

enhancement factor positively which can be deduced from the lower lean loadings 

recorded. An increase in enhancement factor further reduces the resistance in the liquid 

film. As a result, 𝐾𝐿𝑎𝑣 increases. 
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Figure 4.5-1: Effect of Catalyst on 𝐾𝐿𝑎𝑣 (Desorption Temp: 85oC, Desorber Pressure: 1 atm, 5M 

MEA, 2.07m3/m2h Amine flow rate, 18.5kmol/m2h inlet gas flow rate) 

 

 

Figure 4.5-2: Effect of liquid flow rate on 𝐾𝐿𝑎𝑣 (Desorption Temp: 85oC, Desorber Pressure: 1 

atm, 5M MEA, 50g mass of catalyst, 18.5kmol/m2h inlet gas flow rate) 
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4.6 Effect of Temperature Based on 5M MEA 

The final variable considered is the variation of the average desorption temperature 

along the column. Three temperatures were tested as shown on Figure 4.6-1. The 

temperature effect is explained for every temperature condition in the system. Generally, 

at the temperature of 75oC, CO2 desorption is usually minimal since the kinetic energy of 

molecules to overcome the energy barrier to produce CO2 is low. The alternative lower 

activation energy pathway provided by catalyst allows for more molecules to make the 

transition (reflected in Figure 4.6-1). Since most of the catalytic reaction depends on 

molecules having access to the active site, which is limited in this experimental condition, 

the catalyst acid strength is most influential. From Figure 4.1-1 presenting the catalyst acid 

strength results, γ-Al2O3 acid strength supersedes that of H-ZSM-5. This reflects the 

closeness in performance of both catalysts even though the chemical activity of H-ZSM-5 

is higher than that of γ-Al2O3. 

A temperature rise from 75oC to 85oC highly affects the thermodynamics of the 

system. This results in increases in both diffusion coefficient and viscosity in the gas phase, 

and a slight increase in the partial pressure of CO2. This reduces the gas film resistance 

slightly. Also, in the liquid film, there is an increase in diffusion coefficient and a decrease 

in viscosity (increases the liquid film transfer coefficient). The equilibrium constant also 

reduces, and the kinetics of the system increases resulting in higher conversion of CO2. 𝐶𝐵 

increases and 𝐶𝐴 starts to reduce when the solution begins to get leaner. Based on equations 

4.1-4.4, the enhancement factor, E’, increases and further reduces the resistance in the 

liquid film. The parallel non catalytic desorption reaction also steps into the picture at this 

temperature making desorption ions more kinetically active. This raises the 𝐾𝐿𝑎𝑣 from 
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0.163s-1 at 75oC to 0.439s-1 at 85oC for γ-Al2O3 constituting an (0.439 − 0.163
0.439⁄ ) 

increase. The combined effect is an average 66% and 64% increase in 𝐾𝐿𝑎𝑣  for H-ZSM-

5 and γ-Al2O3 respectively. 

To a large extent, it is mainly the temperature effect that is seen at the 95 oC 

temperature. Increments to catalyst activity is similar to that of the 85 oC temperature 

(14.6% with γ-Al2O3 and 22.6% with H-ZSM-5). A higher water boil up ensues which is 

expected to increase the gas film resistance but most of the gases leave at the top of the 

column (owing to our system modification). However, the residual increase in pressure 

increases the gas film transfer coefficient. Nucleation is the most dominant phenomenon 

at this condition which increases the interfacial area for mass transfer. In the liquid film, 

the equilibrium constant is largely affected and increases the liquid film coefficient. The 

percentage rise in 𝐾𝐿𝑎𝑣 from 85 to 95oC is estimated to be 32%. 
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Figure 4.6-1: Effect of Temperature on 𝐾𝐿𝑎𝑣 (Desorption Temp: 75-85oC, Desorber 

Pressure: 1 atm, 5M MEA, 2.07m3/m2h Amine flow rate, 18.5kmol/m2h inlet gas flow rate) 
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4.7 Solvent Effect on Mass Transfer Coefficient 

Variation in solvent type was tested to evaluate its effect on the overall mass transfer 

coefficient. Shi et al. (2014b) highlighted the benefits of the 𝐻𝐶𝑂3
− component from a 

blended amine solutions in desorption. In this regard, the performance of the blended 

solvent (7M MEA/MDEA) was compared to the baseline solvent, 5M MEA without 

catalyst and with catalyst as shown in Figure 4.7-1. 

A MDEA solvent blend adds two important ions for CO2 desorption, a higher 

concentration of 𝐻𝐶𝑂3
− ion and a new 𝑀𝐷𝐸𝐴𝐻+ ion to the MEA-CO2-H2O system. The 

role of 𝑀𝐷𝐸𝐴𝐻+ in a quaternary system in CO2 desorption is to reduce the 𝑀𝐸𝐴+energy 

requirement of the deprotonation of 𝑀𝐸𝐴𝐻+. Shi et al. (2014b) further explain using 

energy diagrams the energy savings when 𝑀𝐸𝐴𝐻+ donates its proton to 𝑀𝐷𝐸𝐴𝐻+instead 

of donating to 𝐻2𝑂 during solvent regeneration. This phenomenon naturally occurs in the 

presence of 𝑀𝐷𝐸𝐴𝐻+ ion as it is a stronger base than 𝐻2𝑂. This added reaction step speeds 

up the overall reaction rate by facilitating proton release and transfer thereby increasing 

the energy efficiency.  

On the other hand, the role of the 𝐻𝐶𝑂3
− ion, present in larger concentrations in a 

tertiary blend, in CO2 desorption can be seen in equations (2.11-3), (2.11-4) and (2.11-8). 

In the first two equations, it can be seen that the 𝐻𝐶𝑂3
− ion plays the role of accepting 

protons to donate to 𝐻2𝑂 (in 2.11-3) or accepting protons and splitting to 𝐶𝑂2 and 

𝐻2𝑂 directly. In addition, it splits the energy penalty of the deprotonation of 𝑀𝐷𝐸𝐴𝐻+to 

𝐻2𝑂 by rather accepting proton ahead of 𝐻2𝑂 owing to its higher basicity. The inference 

is 𝑀𝐸𝐴𝐻+releases protons to 𝐻𝐶𝑂3
− in the presence of tertiary amines as an alternate 

regeneration pathway. In effect, the accelerated rate of desorption results in faster transfer 
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of CO2 across the liquid-gas film and an energy reduction resulting from a reduced 

macroscopic energy penalty. This constitute the 15% -18% increase in 𝐾𝐿𝑎𝑣 using γ-Al2O3 

and H-ZSM-5, respectively 

It should be noted that the experimental CO2 loading for 7M MEA/MDEA solvent 

ranges from 0.45 – 0.28 mol CO2/mol Amine. 13C NMR and Aspen simulation ion 

speciation both detect only trace amounts of 𝐻𝐶𝑂3
−  at a loading greater than 0.25 at 75-

95°C. Below this loading, the concentration of bicarbonate is negligible (0.000089-

0.000018mol/cm3 respectively). Also, 5M MEA speciation shows equivalent 

concentrations of 𝐻𝐶𝑂3
− at this temperature and experimental loading ranges of 0.5 – 0.33 

mol CO2/mol Amine of averagely 0.000045 mol/cm3. It can then be concluded that 𝐻𝐶𝑂3
− 

activity is similar for both MEA and MEA/MDEA solvents. Therefore, the accelerated 

𝑀𝐷𝐸𝐴𝐻+aided deprotonation can be said to be majorly responsible for the increase in 

𝐾𝐿𝑎𝑣. 
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Figure 4.7-1: Solvent effect on 𝐾𝐿𝑎𝑣 (Desorption Temp: 85oC, Desorber Pressure: 1 

atm, 5M MEA, 7M MEA/MDEA 2.07m3/m2h Amine flow rate, 18.5kmol/m2h inlet gas 

flow rate) 
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4.7.1 Temperature and γ-Al2O3 Catalyst Effect 

To explain the effect of catalyst on the blended solvent as shown in Figure 4.7-1, 

equation (4.2-4.4) and the pseudo homogenous liquid and solid phase assumption is 

adopted. The increase in 𝐾𝐿𝑎𝑣 using MEA/MDEA solvent over MEA solvent is explained 

to be as a result of the abundance of protons in solution by the introduction of bridging ion 

for proton acceptance and subsequent release. 

With the introduction of 𝑀𝐷𝐸𝐴𝐻+- a CO2 desorption-aiding ion in the desorption 

system - the γ-Al2O3 catalyst role as an amphoteric oxide is maximized. The intermediary 

ion of γ-Al2O3  which is 𝐴𝑙𝑂2
− formed in equation 2.14 in the lean (basic) regions accepts 

protons from 𝑀𝐷𝐸𝐴𝐻+ ahead of 𝐻𝐶𝑂3
− and further donates to 𝐻2𝑂 when only trace 

amount of 𝐻𝐶𝑂3
− exists in the system (which is the situation in our CO2 desorption loading 

ranges). A higher CO2 desorption rate is realised. A higher CO2 desorption rate also means 

that the secondary role of γ-Al2O3 is maximised. Higher concentrations of free CO2 

increase the formation of trace amounts of 𝐻𝐶𝑂3
− from the reaction of free CO2 and the 

hydroxyl group of γ-Al2O3. 𝐻𝐶𝑂3
− ion in higher amounts facilitates desorption of more 

CO2 which increases the driving force for mass transfer and increases the enhancement 

factor which reduces the resistance to mass transfer. 

At the 75oC temperature, we see the high acid strength of γ-Al2O3 showing more 

effect in the presence of slightly more protons in the MEA/MDEA solution compared to 

the MEA solution. This constitutes a 43% increase over the MEA solvent. The 85oC and 

95oC temperatures also see high performance with parallel deprotonation reactions 

resulting from temperature increase and the addition of 𝑀𝐷𝐸𝐴𝐻+ ions. The increase in 

kinetic activity increases the driving force of desorbed CO2 from the liquid to the gas phase 
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while the shift in thermodynamic activity decreases the resistances in the two films at these 

two temperatures. Another phenomenon suspected to be occurring at the much higher 95oC 

temperature is nucleation. This creates additional surface areas for mass transfer resulting 

in the 22% increase in 𝐾𝐿𝑎𝑣 of MEA/MDEA over MEA at 95oC compared to the 17% rise 

at 85oC temperature. 
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Figure 4.7-2: Effect of Temperature and γ-Al2O3 catalyst on 𝐾𝐿𝑎𝑣 (Desorption Temp: 75-

85oC, Desorber Pressure: 1 atm, 5M MEA, 7M MEA/MDEA, 2.07m3/m2h Amine flow rate, 

18.5kmol/m2h inlet gas flow rate) 
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4.7.2 Temperature and H-ZSM-5 Catalyst Effect 

Likewise using H-ZSM-5 and a tertiary amine blended solvent, the catalytic 

efficiency or performance in the catalyst role alters. H-ZSM-5 catalyst is known for the 

direct supply of protons at its active sites to aid the deprotonation reaction. With the 

introduction of protons with the solvent blend, a higher rate of desorption is expected to 

occur. Looking at Figure 4.7-3, the 75oC temperature shows an average of 17% increase 

in 𝐾𝐿𝑎𝑣 of MEA/MDEA as compared to MEA even tough H-ZSM-5 is filled with 

predominantly weak acid sites. The weak acid site of H-ZSM-5 catalyst is evident in the 

marginal increase in conversion in the MEA result. The addition of MEA/MDEA parallel 

deprotonation reactions is responsible for the increase in performance. Higher increments 

in 𝐾𝐿𝑎𝑣 is realized when the temperature is increased to 85oC and 95oC. This can also be 

attributed to the kinetic and thermodynamic changes in the system which increases CO2 

driving force and decreases film resistances respectively.  

However, it is interesting to note that using the blended solvent, γ-Al2O3 performs 

slightly better than H-ZSM-5 catalyst judging from 43%, 17% and 22% increase when 

using γ-Al2O3 with MEA/MDEA over MEA at 75oC, 85oC, and 95oC, respectively 

compared to 40%, 12% and 17% increments for H-ZSM-5 at corresponding temperatures. 

This is because there is a proton donating competition between 𝑀𝐷𝐸𝐴𝐻+ and the H-ZSM-

5 catalyst active site as they perform similar roles in desorption. Since the bulk of 

desorption occurs in the liquid bulk, the donating ability of 𝑀𝐷𝐸𝐴𝐻+in the liquid bulk 

supersedes the H-ZSM-5 catalyst surface activity with smaller surface area and weak acid 

strength. γ-Al2O3 on the other hand performs its catalytic activity on the catalyst active 

sites where 𝑀𝐷𝐸𝐴𝐻+stops in the liquid bulk. 
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Figure 4.7-3:  Effect of Temperature and H-ZSM-5 catalyst on 𝐾𝐿𝑎𝑣 (Desorption Temp: 

75-85oC, Desorber Pressure: 1 atm, 5M MEA, 7M MEA/MDEA, 2.07m3/m2h Amine flow 

rate, 18.5kmol/m2h inlet gas flow rate) 
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 CHAPTER 5: STATISTICAL STUDY AND MASS TRANSFER 

CORRELATION 

5.1 Catalyst Statistical Analysis 

The positive effect of the catalyst on the overall mass transfer coefficient can be 

influenced by a particular catalyst property or a combination of properties. It can be 

inferred from the results that mass transfer is enhanced by the addition of interfacial area 

and the active sites increasing the rate of desorption. These observations are linked to 

different properties of the catalyst. It is therefore of interest to determine which of these 

properties are significant in the increase in the overall mass transfer coefficient. The 

statistical analysis is thus performed to identify these properties and by manipulating these 

properties, the highest performing catalyst can be prepared towards higher overall mass 

transfer coefficient values. 

To perform the statistical analysis, various catalysts with varying properties were 

acquired and subjected to the same experimental analysis. The expectation was that the 

magnitude of the mass transfer coefficient value is affected by changes in catalyst 

properties. Experimental analysis was performed at an 85oC temperature, 2.07 m3/m2h 

amine flow rate and an 18.5 kmol/m2h gas flow. Four catalysts were selected, namely, H-

ZSM-5, γ-Al2O3, HY zeolite and silica alumina (SiO3/Al2O3). A blank or no catalyst run 

was also included to signify a catalytic run with no properties as desorption mass transfer 

still proceeds without the action of catalysts. 

The catalysts were characterized and corroborated with characterization methods 

stated elsewhere (Adjaye et al., 1996; Pathak, 2005) to determine the physical and 

chemical properties of the catalyst. The properties of these catalysts are listed below: 
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These catalyst properties were further reduced based on the effects of interest in the 

experimental study. For instance: 

i. The addition of interfacial area when catalyst is introduced to the system is 

suggested to be due to the added surface area of porous catalyst that creates several 

more avenues for a gas–liquid film for transfer to occur. This makes the BET 

surface area a property of prime interest to study. 

ii. Pore size and pore volume are also key as they determine how easily the reactants 

can access the interior surface of the catalyst. Our key reactants for desorption, 

which are 𝑀𝐸𝐴+, 𝑀𝐸𝐴𝐶𝑂𝑂− molecular size at rest is estimated by the Lenard-

Jones potential to be 9.2 × 10−8𝑛𝑚 and 3.96 × 10−8𝑛𝑚, respectively. Even 

though molecular diameter structures change possibly by adsorption/interaction 

with the Van der Waals surfaces of the catalyst pore, the pore size of our catalyst 

ranges from 3.12 – 4.15 nm. The catalyst pore size is vast to accommodate these 

changes; hence, this factor can be eliminated just for this analysis. 

iii. The Brφnsted and Lewis acid sites are responsible for the various routes of 

catalysing the loaded amines and should be looked at much more closely. 

iv. The acid strength factor is observed more at low temperature desorption where 

molecule kinetic mobility is not enhanced and conversion is heavily reliant on the 

strength of the active site. 
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The final catalyst properties considered was represented as 𝑋𝑖(1 … 3) represents 

BET surface area, (m2/g), Strong acid sites/Total acid sites, Brφnsted/Lewis Ratio, 

respectively. 

A simple regression technique was used to model multiple predictor variables 

which is the catalyst properties against a single dependent response variable which is the 

overall mass transfer coefficient value. The model was described by equation 18 where 

𝑎𝑖 (𝑖 = 0 … .5) represents parameters to be estimated,  

𝐾𝐿𝑎𝑣 = 𝑎𝑜 + 𝑎1𝑋1 + 𝑎2𝑋2 + 𝑎3𝑋3     (5.1) 

A statistical software (Minitab 17) for multiple regression was used to estimate the 

parameter values, 𝑎𝑖. This program estimates the parameters by the least-squares method 

using a Gauss-Newton algorithm. The program also provides analysis of variance table, 

which includes the degrees of freedom, the adjusted sum of squares and mean square, as 

well as the f-value and p-value. The p-value determines the significance of each factor and 

is used to make inferences on each factor role in increasing the 𝐾𝐿𝑎𝑣value. 

The established relationship between 𝐾𝐿𝑎𝑣 and the three factors of interest is shown below: 

 

𝐾𝐿𝑎𝑣 = 0.3673 −  0.000141 𝑋1 + 0.196𝑋2 + 0.0141𝑋3  (5.2) 

 

The reliability of the model in predicting the experimental value was examined. 

The ability of the models to predict the experimental estimation with reasonable accuracy 

establishes it reliability. This was done by comparing the predicted 𝐾𝐿𝑎𝑣 from the model 

and the experimental estimations. Table 5.1-2 shows the reliability test for the model by 

estimating it absolute average deviation (% AAD). 
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Table 5.1-1: Physical and Chemical Properties of Solid Acid Catalyst 

Catalyst BET 

surface 

area, (m2/g) 

Pore 

size/Pore 

volume, 

(nm/cm3/g) 

Total acid 

sites 

(μmol/g) 

Strong acid 

sites/Total 

acid sites 

Brφnsted 

/Lewis Ratio 

γ-Al2O3 381.9486 10.47 3717.47 0.483 0.667 

SiO2-Al2O3 613.4463 6.52 665.36 0.225 3.78 

HY 615.4914 6.5 32045.93 0.431 2.3 

HZSM-5 414.102 9.66 10549.72 0.5707 1.587 

Blank 0 0 0 0 0 

 

 

Table 5.1-2: Model Reliability with % Average Absolute Deviations 

Catalyst Experimental 𝐾𝐿𝑎𝑣 Predicted 𝐾𝐿𝑎𝑣 %AAD 

γ-Al2O3 0.402 0.418 3.7 

SiO2-Al2O3 0.370 0.378 2.1 

HY 0.411 0.397 3.5 

HZSM-5 0.449 0.443 1.4 

Blank 0.371 0.367 1.1 
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The implications of the analysis can be summarized as follows. Neither of the 

parameters were statistically significant according to their p-values; however, inferences 

can be made from the regression equation about dominant factors responsible for higher 

mass transfer. The acid site strength which is the ratio of the strong acid site to the total 

acid sites was most dominant in improving the mass transfer coefficient followed by the 

ratio of Brφnsted to Lewis site. This is to say the chemical catalysis of the desorption ions 

on the strong active sites of the catalyst is very influential to increasing the 𝐾𝐿𝑎𝑣 value. It 

can thus be concluded that the higher percentage of increment is due to the chemical 

activity of the catalyst. To substantiate this however a more rigorous statistic study with 

more catalyst need to be performed. 

The surface area parameter on the hand shows a complex effect.The near zero 

coefficient of 𝑋1(BET Surface Area) suggest the surface area’s contribution to the 

interfacial whose further contribution to the 𝐾𝐿𝑎𝑣value is low. This could be due to the 

fact that the issue of interfacial area creation for the catalytic desorption system does not 

exist outside the reaction kinetic effect. This however needs to be substantiated by 

experimentation with more catalysts to perform a full statistical study. 

 

 

 

5.2 Correlation of  𝐾𝐿𝑎𝑣 Results 

Predicting the results of an experiment usually saves cost, time and energy by 

limiting the number of experiments performed within the boundaries of the experimental 

conditions. It is even more attractive to researchers to develop accurate predictive models 
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for developing new plants and forecasting the behavior of processes. The predictive 

accuracy of the model adds a measure of complexity to it such as developing mechanistic 

models. A statistical model, a far less complex model, whose structure is determined by 

the observed relationship among the experimental data are applied in this thesis as an 

attractive means to developing a mass transfer correlation. 

Statistical Analysis was used to clearly summarize the salient features of the mass 

transfer data and make inferences on the design variables (factors). A factorial design was 

used to find the factors of most influence as well as to check their interactions. The second 

objective of using the factorial design method was to develop an empirical model to which 

the mass transfer coefficient can be calculated within the limits of the experimental 

conditions.  

Based on the positive 𝐾𝐿𝑎𝑣 response to design factors within the design range, a 2-

level factorial design was used to represent a somewhat linearity of the effects of the 

factors. The test ranges of parameters are summarized in Table 5.2-1. It was necessary to 

develop a numeric value to “Text factors” such as catalyst and solvent type that the 

statistical tool could understand.  

The numeric value representing the catalyst is computed based on the theory of the 

combined influence (as a multiplier) of the physical and chemical property of the catalyst 

towards CO2 desorption gathered from characterization experiments. The numerical value 

for the solvent type utilized CO2 desorption ions directly responsible for desorption and 

their ratios in each solvent gathered from Aspen Plus simulations at their respective 

loading ranges. 
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Table 5.2-1: Factors and factor levels for factorial design 

Factors Level 

 High Low 

a. Temperature 95 oC 75 oC 

b. Mass of catalyst 150g 50g 

c. Catalyst (SA* B/L Ratio) 

Where: 

Surface area (SA) 

Acid sites Ratio (Brφnsted/Lewis (B/L) 

Ratio) 

605 

 

381.45m2/g 

1.587 

277 

 

441.1m2/g 

0.67 

d. Solvent type 

Ratio of 𝑀𝐸𝐴𝐶𝑂𝑂−

𝐻𝐶𝑂3
−⁄ ,  at 

0.5 - 0.3 loading range 

71.56 15.47 
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An empirical correlation representing 𝐾𝐿𝑎𝑣 as a function of the process variables 

was developed with a multiple regression statistical tool – applying a Gauss-Newton 

algorithm and providing an analysis of variance table.  A 2-level factorial was selected as 

the type of Design of Experiment (DOE).  With a four factors analysis, A full design 

method was used, thus 2^4 factorial DOE. Up to a 2 factor interaction of factors were more 

significant in predicting the mass transfer data described by the equation below in uncoded 

units: 

KLav = -1.631 - 0.000518 Catalyst - 0.00076 CatalystMass - 0.00020 SolventType 

+ 0.02276 Temperature - 0.000000 Catalyst*CatalystMass       

- 0.000002 Catalyst*SolventType + 0.000008 Catalyst*Temperature 

- 0.000002 CatalystMass*SolventType + 0.000016 CatalystMass*Temperature 

+ 0.000042 SolventType*Temperature  (5.3) 

 

Factors are statistically significant when their p-values in the Coded Coefficients 

in Appendix C.2 are less than α. At the default α of 0.05, the following effects are thus 

significant: Temperature, Solvent type and Mass of Catalyst. The regression equation thus 

can be reduced to: 

KLav = -1.631 - 0.000518 Catalyst - 0.00076 CatalystMass - 0.00020 SolventType 

+ 0.02276 Temperature + 0.000016 CatalystMass*Temperature 

+ 0.000042 SolventType*Temperature  (5.4) 

 

All factors and factor interactions showed a positive effect on the 𝐾𝐿𝑎𝑣 from Appendix 

C.2 which gives the normal plot of standardized effects  
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The correlation adequacy was evaluated by the coefficient of multiple 

determination (R2). The R2, R2
adjusted and R2

predicted of the correlation were 99.7%, 99.2% 

and 97.2%. These suggest that the correlation fits well with the experimental data. . A 

parity chart of the predicted and experimental 𝐾𝐿𝑎𝑣 in figure 5.2-1 shows a good 

correlation with a %AAD of 5.3.  
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Figure 5.2-1: Parity Chart of Predicted and Experimental 𝐾𝐿𝑎𝑣for the Catalytic System 
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 CHAPTER 6: CONCLUSIONS AND RECOMMENDATIONS 

6.1 Conclusions 

The overall liquid side mass transfer coefficient (𝐾𝐿𝑎𝑣) was analyzed from the full cycle 

carbon capture plant with a randomly packed desorption column comprising of two solid 

acid catalyst-namely H-ZSM-5 and γ-Al2O3. The determined 𝐾𝐿𝑎𝑣 ranged from 0.16 to 

0.96h-1 at temperatures ranging from 75-85oC, flow rate from 50-80ml/min and catalyst 

weight from 0-200g. 

There is an up to 97% increment in interfacial area created when catalyst is added to 

system. The interfacial area added by HZSM-5 supersedes that of γ-Al2O3 by a factor of 

1.25 until 150g catalyst where the rate limiting step of the reaction shifts from being the 

addition of H-ZSM-5 catalyst. The chemical reaction thus has a strong relationship with 

the interfacial area formed although it is a physical phenomenon. 

The addition of catalyst is able to provide an alternate pathway with a lower activation 

energy for a substantial amount of desorption to occur. H-ZSM-5 proves to be a superior 

catalyst to γ-Al2O3 at the desired desorption temperature of 85oC. The direct donation of 

protons to 𝐻𝐶𝑂3
− and 𝑀𝐸𝐴𝐶𝑂𝑂− ions for desorption makes it better than γ-Al2O3 that 

relies on trace amount of 𝐻𝐶𝑂3
− or the formation of𝐴𝑙𝑂2

−. Each is able to happen more 

frequently when the loaded amine starts to get lean. However, γ-Al2O3 at 75oC, strong acid 

sites and large amounts of acid sites out performs H-ZSM-5 when desorption is mainly by 

catalysis and temperature effect is minimal.  

Employing a primary-tertiary amine blend like MEA-MDEA introduces another ion 

which influences in reducing the deprotonation of 𝑀𝐸𝐴+ energy requirement. Our MEA-

MDEA blend introduces 𝑀𝐷𝐸𝐴+ ion which splits the energy barrier when 𝑀𝐸𝐴+ donates 
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its proton to 𝐻2𝑂 during solvent regeneration. 𝑀𝐷𝐸𝐴+, a much stronger base than 𝐻2𝑂 

accepts protons from 𝑀𝐸𝐴+ thus expediting proton release and transfer 𝐻2𝑂 which 

increases the overall energy efficiency of CO2 desorption. 

A statistical regression of various catalysts to study the catalyst property of most 

influence in increasing the overall mass transfer coefficient showed that the chemical 

activity of the catalyst was most responsible in the mass transfer performance. The acid 

strength was a dominant catalyst property followed by the ratio of Brφnsted to Lewis acid 

among the chemical properties studied. 

A statistical factorial design conducted showed that temperature followed by the type 

of solvent and catalyst amount were the most significant parameters of this study. A 

statistical regression showed a high R2 value of 99.7%. A parity plot of the predicted and 

the experimental 𝐾𝐿𝑎𝑣 corroborated this finding with a %AAD of 5.3. 

The overall inference of this study is that the desorber column can be optimized in terms 

of its energy penalty. Vast reduction in desorber column to achieve an optimal cleaning 

duty can also be achieved. Also, by using these results, the cost intensive components of 

CO2 desorption is gradually being lessened. 

 

 

6.2 Recommendations 

The incorporation of catalyst in CO2 desorption although at its elementary stages of 

research is showing a lot of promise in reducing the cost of amine based post combustion 

capture. This could become ground-breaking especially with the ever increasing pressure 

of carbon emission reduction policies if these results are duplicated and rendered valid. 
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The catalytic study however needs more fundamental studies to holistically 

understand this new system before follow up pilot testing and industrial deployment. 

Studies in the areas of: 

i. Custom catalyst preparation to enhance catalyst properties responsible for 

the increased rate of desorption and mass transfer such as higher acid 

strength and higher Brφnsted to Lewis acid site ratios as well as increase its 

reusability such that catalyst could be used for longer periods without 

deactivation. 

ii. Catalyst incorporation in industrial plants to provide ease of change out and 

reduced pressure drop in columns while enhancing wettability for faster 

kinetics and mass transfer. 

iii. Solvent degradation study to check the effect of catalyst on amines and vice 

versa. Areas of concern could include effect on solvent potency and cyclic 

capacity as well as amine components that enhance catalyst degradation. 
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APPENDICES 

APPENDIX A: Standard operating procedure for operating the 2-inch pilot plant for 

Mass Transfer Studies 

A.1: Process Flow Diagram and Detailed Equipment Description. 

 

 
 

Figure A.1: Process flow Diagram of CETRI Pilot plant. A= sampling point of inlet gas, 

B=sampling point of outlet gas, C= sampling point of Rich Amine, D= sampling point of 

lean amine. 
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A.1.2: Detailed Equipment Description 

Table A.1: Equipment Specification of CETRI pilot plant 

UNIT TAG DESCRIPTION  SPECIFICATION 

P-600 Variable Speed Console Analog Gear 

Pump Drive. Pumps lean amine to the 

absorber (T-610) 

Output rpm: 90 to 9000;  

Flow range: 0–7.0gpm;  

Power req.: 90 to 130V AC 

Manufacturer: Cole-Parmer  P-610 Variable Speed Console Analog Gear 

Pump Drive. Rich amine pump to the 

desorber (T-650) 

FT-200 Cole-Parmer 32908-25 gas flow meter. 

Measures inlet gas volumetric flow 

rate from the feed tanks to the absorber 

Flow rate: 1 to 100 L/min 

Operating temperature: 32-

122oF (0 to 50oC) 

Max pressure: 125 psig (8.6 

barg) 

Manufacturer: Cole-Parmer 

FT-900 Cole-Parmer 32908-25 gas flow meter. 

Measures off-gas volumetric flow rate 

from the absorber to the atmosphere 

FT-300 General purpose flow-only R-Series 

Coriolis meter. 
 

Measures hot oil volumetric flow rate 

to the hot oil heat exchanger E-640 

Maximum Flow: 8160kg/h 

Temperature rating: –50 to 

+125oC 

Pressure rating: 100bar 

Mass flow Accuracy – 0.5%  

Volume flow Accuracy – 0.5% 

Material: Stainless steel 

Manufacturer: Micro motion  

FT 410 

FT-420 

FT-430 

Digital panel mount impeller flow 

meters for water. 

Measures cooling water volumetric 

flow rate to heat exchanger E-900, E-

700 and E-630 respectively 

Fluid: For water 

Process pressure: 10, 9 bar 

Process temperature: 93, 54 °C 

Volumetric flow rate: 0.l/min - 

7 l/min 

Manufacturer: Blue-White 

Industries Ltd 
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E-620 10 Plate Heat Exchanger  

Cools lean amine from Lean-Rich heat 

exchanger to the feed tank 

Heat Exchanger Area: 0.12 m² 

Max Temp: 225oC 

Operating pressure: 1.0MPa 

Plate Material: 304 Stainless 

Steel 

Brazing Material: 99.9% 

Copper  

Refrigerants: All except 

ammonia 

Manufacturer: Dudadiesel 

E-630 10 Plate Heat Exchanger with M5-.08 

Mounting Studs. 

Lean Amine/ Rich amine heat 

exchanger. 

E-640 10 Plate Heat Exchanger with M5-.08 

Mounting Studs. 

Heats Rich Amine before it enters the 

desorber. 

E-900 10 Plate Heat Exchanger with M5-.08 

Mounting Studs. 

Cools product gas from desorber to the 

atmosphere. 

E-700 10 Plate Heat Exchanger with M5-.08 

Mounting Studs. 

Cools product gas from desorber to the 

atmosphere. 

FT-600 McMillan Model S-114 Liquid Flow 

Meters 

Measures the flow rate of Amine to the 

absorber 

Flow rate: 1 to 100 L/min 

Operating temperature: 5 -

55ºC 

Max pressure: 500 psig (34 

bar) 

Manufacturer: McMillan Flow 

Products 
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A.2: Process Parameters 

Table A. 2: Process Parameters of Catalyst run 

NAME DESCRIPTION SPECIFICATION UNIT 

FT-200 Total gas mixture flow rate from Gas 

Tanks to Absorber (T-610) 

15 SLPM 

AIT-200 Concentration of CO2 in total gas mixture 14.9-15.2 % 

FT-600 Lean amine flow rate from Tank (TK-600) 

to Absorber (T-610) 

50-80 ml/min 

FT-300 Hot oil flow rate to heat exchanger E-640 ~0.7-0.8 l/min 

TT-300 Hot oil Inlet temperature to heat exchanger 

E-640 
~85-115 oC 

FT-410 Cooling water flow rate to heat exchanger 

E-900 

130-140 ml/min 

FT-420 Cooling water flow rate to heat exchanger 

E-700 

180-190 ml/min 

FT-430 Cooling water flow rate to heat exchanger 

E-630 

380-420 ml/min 
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A.3: The Absorber and Desorber Column and loading the Columns 

 

  
Figure A.3: Column and Internals of CETRI pilot plant 
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1. The absorber and desorber columns are made from stainless steel with dimensions 

1.07m x 0.051m.  

2. The columns were lagged by Owen Corning Canada with SSL IITM FIBERGLAS® 

pipe insulation. 

3. The absorber column was packed with a 5.08cm diameter Sulzer LDX structured 

packing.  

4. The desorber column internals consist of different layers of packing to easily 

inculpate the catalyst whilst reducing the pressure drop in the column: 

a. A 0.18 m height of a 5.08 cm diameter Sulzer LDX structured packing placed 

at the topmost and bottom of the column serving primarily as support, aiding 

solvent distribution and also an efficient mass transfer medium; 

b. A 0.051m height 10mm marble that sits on top and bottom of the catalyst bed 

serving as support for the bed; 

c. A 0.51m height 6mm diameter marble, randomly mixed with a specified mass 

of catalyst for each experimental condition. 

 

 

A.3.1: Loading and unloading the Column with catalyst  

The mid-section of the desorber column is the zone of catalytic desorption. The 

averagely 3mm size of the catalyst compared to the size of the column (reactor) made the 

𝐿
𝑑𝑝⁄  ratio (Length of column to catalyst size ratio) large. This ratio satisfied plug flow 

conditions but limited the gradual representation of the catalyst performance. For example, 
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it was desirable to track the increment in mass transfer performance when we have no 

catalyst and step sizes of 50g catalyst weight till the catalytic performance tapers off. 

However, a 51 cm bed length with a 50g catalyst weight practically leaves a 48cm length 

void. It was therefore prudent to mix each mass of catalyst with inert bead to firstly reduce 

the pressure drop, and also, to realise performance increase with a 50g step size increment.  

For ease of catalyst loading and change-out, a measurement by volume system was 

adapted to accurately randomise catalyst in the inert marble before it was introduced to the 

column. A 900ml volume was required to fill the 50.8cm catalyst bed. Inert marble serve 

as top-up material after a specific catalyst weight is measured and put in the cylinder. Table 

A.3-1 shows the ratios of catalyst and inert marbles. 

 Reaction bed change-outs occur after every experimental run. The column is rinsed 

with de-ionised water, dried wit compressed air and loaded with a new bed with varying 

catalyst weight and volume of inert marbles for the next run. 

 

Table A.3: Catalyst Change out measurements for Catalytic Run 

Mass of catalyst, g Total volume, ml volume of catalyst, ml volume of marble, ml 

50 900 60 840 

100 900 120 780 

150 900 170 730 

200 900 240 660 

250 900 300 600 
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A.4: Detailed Operating Procedure 

1. The absorber was designed for a counter-current mode of operation in which an 

amine solvent was pumped by a variable-speed gear pump (P-600) from a storage 

tank (TK-600) to the top of the absorber column.  

2. The flow rate of the amine is set by the McMillan model S114 (FT-600) liquid 

flow meter 

3. The amine, after absorption in the absorber is pumped via variable-speed gear 

pump (P-610) through the lean-rich heat exchanger (E-620) to the hot oil 

exchanger (E-640). The full cycle system was modified such that the solvent is 

recycled to the hot oil exchanger (E-640), functioning a substitute to a reboiler, 

before it enters the top of the desorber. This was done to study the direct effect of 

varying the temperature of the desorber.  

4. Once solvent circulation was set, a wet gas mixture (15% CO2 in N2) was 

introduced to the bottom of the column using a saturator to be loaded into the 

solvent.  

5. The inlet gas flow rate is measured using the Cole-Parmer 32908-25 gas flow meter 

FT-200, whilst the off-gas (after absorption) is also recorded with the same make 

of flow meter (FT-900). 

6. Loaded solvent (Rich amine) is pumped through the lean-rich heat exchanger (E-

620) to the hot oil exchanger (E-640). 

7. The sour gas is removed from the solvent in the subsequent desorber column using 

hot oil as a heating medium.  
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8. Unloaded solvent is cooled by E-620 and the lean amine condenser (E-630) and 

circulated to TK-600 to begin the absorption process.  

9. CO2 leaves at the top of the desorber. The mass flow of the product CO2 is recorded 

by a Cole-Parmer rotameter (FT-420) and vented to the atmosphere.  

10. The run is continued until steady state conditions are reached. 

 

A.4.1: Fluid preparation and Equipment calibration 

15% CO2 gas mixture was obtained by mixing 100% CO2 and 100% N2 gas to the 

total flow rate. The mixture is verified using an infrared CO2 gas analyzer (purchased from 

Nova Analytical Systems Inc. with a ±2% error). A solvent of the desired concentration 

was prepared using a solution preparation method by mass. A 2 litre solution of desired 

concentration is prepared by measuring a calculated mass of stock solution and mixing 

with de-ionized water to the mark of a 2L flat bottom flask. The concentration of the 

solvent was determined by titrating with 1N hydrochloric acid solution using methyl 

orange indicator. 

To ensure accurate measurements, the IR Analyzer was calibrated with a premixed 

15% CO2 in N2 purchased from Praxair Inc. The thermocouples along the column where 

calibrated with a trusted laboratory thermometer whilst the liquid flow meters were 

regularly calibrated by measuring a known volume of fluid divided by the time. The gas 

flow meter was sent to the manufacturer Cole-Parmer, Quebec for calibration 
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A.4.2: Sampling and Data Collection 

Steady state condition was usually identified when the on-line notebook software 

recorded constant temperature readings along the two columns. A snapshot of the on-line 

software - Labview is shown in Figure A.4. CO2 concentrations at the inlet and outlet and 

along the length of the absorber were measured with the IR gas analyzer.  

The solvent loading and concentration were determined using a Chittick apparatus 

via a procedure detailed elsewhere (Horwitz et al., 1975). To ensure accuracy, the liquid 

loading titration was conducted at least two times. At the same time, the product CO2 was 

recorded with the help of the rotameter. A mass balance calculation that compares the 

amount of CO2 removed from the gas phase, as measured by the IR gas analyzer, with the 

amount of CO2 added into the liquid phase, as measured by the solvent CO2 loading 

apparatus and expressed as a percentage was used to verify the validity of the run.  
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Table A.4: Sample of Collected Data of Catalytic run 

 Inlet (FT-200) Outlet (FT-900)  

Gas Flow rate Reading: 15.1 14.3 slpm 

Meter Temperature: 23.6 24.1 oC 

Meter Pressure: 17.4 14.5 psia 

    

CO2 Composition: 15.1 10.4 % 

H2O Composition: 0 0 % 

N2 Composition: 84.9 89.6 % 

    

Titration  

  Lean Rich  

Sample 2 2  

HCL at End point 9.9 9.8 ml 

HCL volume 19.8 19.6 ml 

CO2 Volume 110 136 ml 

MEA Concentration 4.9500 4.9000 mol/l 

molCO2 0.0037 0.0048  

CO2 loading 0.3726 0.4858  

    

Product CO2 Rotameter Reading: 5  mm 

Product CO2 Flow rate: 0.413  slpm 

Product CO2 Composition: 42.9  % 

Product H2O Composition: 57.1  % 
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Figure A.4: Screen shot of Labview – online notebook software for Data collection 
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 APPENDIX B: DETAILS OF CALCULATIONS 

B.1: Sample calculation of Overall Mass Transfer Coefficient 

The overall mass transfer coefficient term in equation 2.10 by first drawing a mass 

balance around the desorber. Assumptions used in estimations for the overall mass transfer 

around the desorber is first the control volume of the desorber includes unit E-640 (the hot 

oil heat exchanger) due to a flaw in design and hence an inability to retrieve liquid samples 

before it enters the desorber column. Secondly the location of the sampling point and the 

strict adherence to the mass balance error criteria enables the gas phase of the absorber be 

used for the gas phase of desorption. For instance, when the full cycle plant is in steady-

state, the amount of CO2 absorbed in the absorber should be equal to the amount of CO2 

desorbed ±equipment error. The mass balance around the desorber can be assumed to be 

opposite of the absorber.  

Equation 2.10 requires the liquid molar flow rate to the top of the desorber (𝐿𝑚), 

the mole fraction of CO2 in the lean loading as well as rich loading (𝑥𝐴), the molar density 

of the rich and lean loading (𝜌𝑚) and the differential height (z). 

Equation 2.10 can be solved numerical and the log mean average is used to evaluate 

the change in parameters to account for the non-linearity of the system. Equation 2.10 

becomes: 

𝐾𝐿𝑎𝑣 =
1

𝑧
∑

𝐿𝑚,𝑖
̅̅ ̅̅ ̅∆𝑥𝐴,𝑖

𝜌𝑚,𝑖 ̅̅ ̅̅ ̅̅ (1 − 𝑥𝐴,𝑖̅̅ ̅̅ )(𝑥𝐴,𝑖̅̅ ̅̅ − 𝑥𝐴,𝑖
∗̅̅ ̅̅ )

𝑁

𝑖=1

 

A mass balance of the desorber is as shown in Figure B.1 below: 
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Figure B.1: Mass Balance around desorber. 5M MEA solvent, 80ml/min Liquid flow 

rate, 250g γ-Al2O3catalyst, 85oC temperature 

 

 

Gas Out wet Temp

Comp mole frac mol/h

CO2 0.1030959 3.4778431

N2 0.8695068 29.331997

H2O 0.0273973 0.924222

TOTAL 1 33.734062

Amine in Temp 25.35438

Comp mole frac mol/h

CO2 0.0429408 9.5279727

MEA 0.1081634 23.99997

H2O 0.8488957 188.35828

TOTAL 0.9999999 221.88624

loading 0.3967072

molar density 0.0462263 mol/cc

Average mwt 23.78994

Gas In wet basis Temp

Comp mole frac mol/h

CO2 0.1479942 5.5867897

N2 0.8256516 31.168406

H2O 0.0263542 0.9948736

TOTAL 1 37.750069

Amine out Temp 32.5665

Comp mole frac mol/h

CO2 0.0541671 11.636919

MEA 0.11032 23.700455

H2O 0.8355128 179.49632

TOTAL 0.9999999 214.83371

loading 0.4907718

Average mwt 24.17464

molar density 0.0453226 mol/cc

 

𝑥𝐴 𝑥𝐴 

𝑥𝐴 

𝐿𝑚 
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B.2: Sample calculation of 𝑥𝐴
∗ (mole fraction of CO2 in the liquid in equilibrium with the 

gas) 

A graphical method was used to estimate 𝑥𝐴
∗ using solubility data with ion speciation 

data collected from simulation (Aspen Plus) or experimentally (13C NMR) at desorption 

conditions. The following steps are considered for the estimations: 

1. The equilibrium loading of the partial pressure of CO2 in the desorber column at 1 

atm total pressure is estimated from Figure B.2.  

2. Two components exists in the gas phase in the desorber- CO2 and H2O. The mole 

fraction of CO2 is estimated by computing the liquid mole fraction at 85 degrees 

Celsius using thermodynamic equations as shown in Table B.2-1.  

3. The mole fraction of free CO2 is extracted from the ion speciation data at the 

equilibrium loading in Table B.2-2 as 𝑥𝐴
∗ 

 

 

        Table B.2-1: Product CO2 material balance at 85oC, 250g Catalyst, 7M MEA/MDEA 

Product CO2 Temp 84.625427 oC 

Component mole % mol/h mass % kg/h 

CO2 0.4377577 1.7588302     

MEA/MDEA         

H2O 0.5622423 2.2589865     

Total 1 4.0178168     

 

gas molar 

volume 29.358149 l/mol  
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              Figure B.2: Solubility data of 7M MEA/MDEA solvent at 85oC 

 

               Table B.2-2: Ion speciation of 7M MEA/MDEA at 85oC 

 

 

𝑥𝐴
∗ = 𝑖𝑛𝑡𝑒𝑟𝑝𝑜𝑙𝑎𝑡𝑖𝑜𝑛  𝑏𝑒𝑡𝑤𝑒𝑒𝑛 0.3 − .35 = 0.000041 
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CO2 Loading (mol CO2/mol Amine)
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0.33

 MEA-MDEA-CO2-H2O 

  0 0.1 0.2 0.25 0.3 0.35 0.4 

MEA 0.156736 0.12595 0.091982 0.074771 0.057747 0.041285 0.025954 

MDEA 0.062761 0.066827 0.065605 0.061921 0.055826 0.047134 0.035701 

CO2 0 2.63E-06 9.92E-06 1.67E-05 2.86E-05 5.43E-05 0.000127 

H2O 0.780156 0.759079 0.737701 0.727318 0.717501 0.708485 0.700749 

MEA+ 0.000171 0.022158 0.043198 0.052237 0.059872 0.065796 0.069603 

MDEA+ 2.29E-06 0.001922 0.009171 0.015771 0.024603 0.035757 0.049171 

H3O+ 1.31E-13 3.22E-11 5.95E-11 7.33E-11 9.08E-11 1.18E-10 1.71E-10 

MEACOO- 0 0.023764 0.051759 0.067224 0.083452 0.100148 0.116625 

HCO3- 0 0.000277 0.000539 0.000697 0.000917 0.001276 0.001991 

OH- 0.000174 1.72E-06 9.64E-07 7.53E-07 5.81E-07 4.27E-07 2.86E-07 

CO3-- 0 1.88E-05 3.49E-05 4.34E-05 5.30E-05 6.45E-05 7.88E-05 
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B.3: Sample calculation of solvent concentration and loading 

The Chittick apparatus is used to determine the solution loading. An amine solvent 

sample is collected and titrated with HCL, the amine sample reacts with HCL to liberate 

CO2 that is collected in a burette. The Chittick apparatus is designed to enable easy 

measurement of CO2 by volume. 

The CO2 loading 𝛽, is calculated using the equation below: 

𝛽 =
𝑉𝐶𝑂2

𝐶2𝑉1𝑉𝑚
                                                                   B.2-1 

Where 𝑉𝐶𝑂2
 is the volume of CO2 gas evolved 

           𝐶2 is the concentration of sample 

  𝑉1 is the volume of sample 

           𝑉𝑚 is the molar volume 

The concentration of the sample (𝐶2) is determine by titrating a known volume of 

sample (𝑉1) with Hydrochloric acid (HCl) with methyl orange as an indicator. The 

following equation is used: 

 𝐶1𝑉1 =  𝐶2𝑉2                                                                             B.2-2 

Where 𝑉2 is the volume of HCl 

           𝐶1 is the concentration of HCl 

For a typical experimental run where𝐶1 = 1𝑀, 𝑉1 = 2𝑚𝑙, 𝑉2 = 20𝑚𝑙, 𝐶2 the 

sample concentration will be 5M. The solution loading can then be computed knowing 

𝑉𝑚 = 22.4𝐿/𝑚𝑜𝑙and the collected CO2 volume, 𝑉𝐶𝑂2
= 140𝑚𝑙.  

The solution loading, 𝛽 = 0.491mol/mol 
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APPENDIX C: Statistical study graphs from Minitab 

C.1: Catalyst Analysis results 
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C.2: 𝐾𝐿𝑎𝑣 Statistical Analysis Results and Graphs 
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Figure C.2: Statistical Plots of 𝐾𝐿𝑎𝑣 Correlation 
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