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ABSTRACT 

As for enhanced oil recovery (EOR) methods in heavy oil reservoirs where the existing 

techniques find their limits, the solvent-based techniques have attracted extensive 

attentions recently. CO2 is found to be a prevailing solvent due to its superiority of 

diluting heavy oil as well as its potential of mitigating greenhouse gas emissions, though 

its solubility is limited in heavy oil. The addition of light hydrocarbon solvent(s) (e.g., 

C3H8 and n-C4H10) in CO2 stream facilitates its dissolution in heavy oil, resulting in an 

enhanced viscosity reduction and swelling effect. Furthermore, water exists in the 

reservoir not only as the formation water (e.g., connate water and bottom water), but also 

as the injected water during EOR processes (e.g., water-alternating-gas method). 

Therefore, it is of fundamental and practical importance to quantify the phase behaviour 

of alkane solvent(s)–CO2–water–heavy oil systems at high pressures and elevated 

temperatures. 

A new alpha function in the Peng–Robinson equation of state (PR EOS) has been 

developed for water component to improve its prediction for water vapour pressure in a 

wide temperature range. Subsequently, a new temperature-dependent binary interaction 

parameter (BIP) correlation for the CO2–water pair in the aqueous phase is proposed by 

matching CO2 solubility in water. The compositions of both water-rich phase and CO2-

rich phase can be predicted with a good accuracy by using the newly developed 

mathematical model. 

CO2–heavy-n-alkanes systems are commonly taken as a reference of CO2–heavy oil 

systems. As such, a new BIP correlation for CO2 and heavy-n-alkanes from n-decane (n-

C10H22) to n-tetratetracontane (n-C44H90) has been developed. A pressure-associated 
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optimization approach is applied to optimize a BIP value between CO2 and a specific n-

alkane at an isotherm, resulting in an obvious improvement to predict the phase 

behaviour of CO2–heavy-n-alkanes system at high pressures. 

Subsequently, multiphase boundaries and swelling factors are determined for binary 

systems of CO2–heavy oil, C3H8–heavy oil, n-C4H10–heavy oil, ternary systems of C3H8–

n-C4H10–heavy oil, C3H8–CO2–heavy oil, n-C4H10–CO2–heavy oil, and quaternary 

C3H8–n-C4H10–CO2–heavy oil systems at high pressures and elevated temperatures. 

Experimentally, a pressure–volume–temperature (PVT) setup is used to conduct the 

phase behaviour tests of various compositions of alkane solvent(s)–CO2–heavy oil 

systems. Theoretically, the PR EOS coupled with a previously modified alpha function is 

applied to quantify phase behaviour of the aforementioned systems by characterizing 

heavy oil as six pseudocomponents. Compared with an internal tuning process embedded 

in WinProp Module (version 2011, CMG), a tuning process developed in this work is 

demonstrated to provide a better performance of matching the experimental 

measurements. In addition, it is also found that a good initial value of BIP matrix input in 

the WinProp Module can significantly improve its regression results. Finally, water is 

added into the C3H8–CO2–heavy oil systems to simultaneously form three phases (i.e., 

water-rich aqueous (A), oil-rich liquid (L), and solvents-rich vapour (V)) at certain 

conditions. Not only have the boundaries between AL and ALV phases, compositions of 

L and V phases, and their phase volumes been experimentally measured, but also can be 

theoretically predicted with a good accuracy by utilizing the newly developed techniques. 



iii 
 

ACKNOWLEDGEMENTS 

I would like to express my earnest gratitude and respect to my academic supervisor, Dr. 

Daoyong (Tony) Yang, who provides me such a precious opportunity, generous financial 

support, and invaluable guidance during the past four-year graduate studies at the 

University of Regina. In addition to his technical expertise in petroleum engineering, I 

also appreciate his mentorship in many aspects, such as academic vision, work ethics, 

and open communication.  

I wish to expand my thanks to a Discovery Grant and a CRD Grant awarded to Dr. 

Yang from Natural Sciences and Engineering Research Council (NSERC) of Canada and 

EHR Enhanced Hydrocarbon Recovery Inc. for financial support.  

I also thank the Faculty of Graduate Studies and Research (FGSR) for awarding the 

Graduate Research Award (Spring/Summer 2012 and 2013), the Graduate Scholarship 

(Fall 2012, 2013, and 2014), and the Shen Kuo Travel Bursary (Winter 2013) during my 

Ph.D. graduate studies at the University of Regina. 

I am truly thankful for my past and present research group members: Dr. Heng Li, 

Dr. Shengnan Chen, Dr. Huazhou Li, Dr. Yin Zhang, Mr. Sixu Zheng, Mr. Feng Zhang, 

Ms. Ping Yang, Mr. Chengyao Song, Ms. Min Yang, Mr. Deyue Zhou, Dr. Yu Shi, Dr. 

Zhaoqi Fan, Ms. Xiaoyan Meng, and Mr. Zan Chen, for their technical discussions, 

personal encouragement, and the enjoyable time we had together at the University of 

Regina. 

Last but not the least, I am deeply indebted to my husband, Dr. Zhaoqi Fan, for his 

unfailing love, endless patience, tremendous support, and strong belief in me during my 

tough times.  



iv 
 

DEDICATION 

This dissertation is dedicated to my dearest parents, Mrs. Ronglan Gao and Mr. Laikun 

Li, my beloved husband, Dr. Zhaoqi Fan, my dear sister, Mrs. Xiaoyan Li, and my dear 

brother, Mr. Jipeng Li 

  



v 
 

TABLE OF CONTENTS 

ABSTRACT    .................................................................................................................... i 

ACKNOWLEDGEMENTS ............................................................................................ iii 

DEDICATION ................................................................................................................. iv 

TABLE OF CONTENTS................................................................................................. v 

LIST OF TABLES .......................................................................................................... xi 

LIST OF FIGURES ...................................................................................................... xiv 

NOMENCLATURE ...................................................................................................... xxi 

CHAPTER 1 INTRODUCTION ................................................................................... 1 

1.1 Heavy Oil Recovery Processes ............................................................................ 1 

1.2 Objective of This Study ....................................................................................... 3 

1.3 Outline of the Dissertation .................................................................................. 4 

CHAPTER 2 LITERATURE REVIEW ....................................................................... 6 

2.1 Heavy Oil Characterization ................................................................................. 6 

2.1.1 Splitting .................................................................................................. 7 

2.1.2 Critical and physical properties ............................................................ 11 

2.1.3 Lumping ............................................................................................... 13 

2.2 CO2-assisted EOR Processes ............................................................................. 15 

2.2.1 Immiscible CO2 processes .................................................................... 16 

2.2.2 Immiscible CO2–water processes ......................................................... 17 

2.3 Phase Behaviour of Alkane Solvent(s)–CO2–Water–Heavy Oil Systems ........ 18 

2.3.1 Solvent(s)–water systems ..................................................................... 19 



vi 
 

2.3.2 CO2–heavy-n-alkane systems ............................................................... 25 

2.3.3 Alkane solvent(s)–CO2–heavy oil systems .......................................... 28 

2.4 Summary ........................................................................................................... 33 

CHAPTER 3 DETERMINATION OF MUTUAL SOLUBILITY BETWEEN CO2 

AND WATER BY USING PENG–ROBINSON EQUATION OF 

STATE WITH MODIFIED ALPHA FUNCTION AND BINARY 

INTERACTION PARAMETER .......................................................... 35 

3.1 Introduction ....................................................................................................... 35 

3.2 Mathematical Formulation ................................................................................ 36 

3.2.1 PR EOS ................................................................................................ 36 

3.2.2 BIP correlation ..................................................................................... 40 

3.3 Results and Discussion ...................................................................................... 44 

3.3.1 Alpha function ...................................................................................... 44 

3.3.2 BIP correlation ..................................................................................... 50 

3.3.3 Mutual solubility .................................................................................. 55 

3.3.4 Ternary CH4–CO2–water systems ........................................................ 59 

3.4 Summary ........................................................................................................... 64 

CHAPTER 4 BINARY INTERACTION PARAMETERS OF CO2–HEAVY-n-

ALKANES SYSTEMS BY USING PENG–ROBINSON EQUATION 

OF STATE WITH MODIFIED ALPHA FUNCTION ...................... 65 

4.1 Introduction ....................................................................................................... 65 

4.2 Mathematical Model .......................................................................................... 65 



vii 
 

4.3 BIP ..................................................................................................................... 66 

4.3.1 Database ............................................................................................... 66 

4.3.2 Impact factor analysis .......................................................................... 69 

4.3.3 BIP correlation ..................................................................................... 79 

4.4 Results and Discussion ...................................................................................... 82 

4.4.1 Optimized BIPs .................................................................................... 82 

4.4.2 BIP correlation validation .................................................................... 85 

4.5 Summary ........................................................................................................... 91 

CHAPTER 5 PHASE BEHAVIOUR AND VISCOSITY REDUCTION OF CO2–

HEAVY OIL SYSTEMS AT HIGH PRESSURES AND ELEVATED 

TEMPERATURES ................................................................................ 92 

5.1 Introduction ....................................................................................................... 92 

5.2 Experimental ..................................................................................................... 93 

5.2.1 Materials ............................................................................................... 93 

5.2.2 Experimental setup ............................................................................... 95 

5.2.3 Experimental procedure ....................................................................... 97 

5.3 Mathematical Formulation .............................................................................. 100 

5.3.1 Heavy oil characterization .................................................................. 100 

5.3.2 PR EOS model ................................................................................... 104 

5.4 Results and Discussion .................................................................................... 106 

5.4.1 Heavy oil properties ........................................................................... 106 

5.4.2 Saturation pressures and swelling factors .......................................... 111 



viii 
 

5.5 Summary ......................................................................................................... 124 

CHAPTER 6 DETERMINATION OF MULTIPHASE BOUNDARIES AND 

SWELLING FACTORS OF ALKANE SOLVENT(S)–CO2–HEAVY 

OIL SYSTEMS AT HIGH PRESSURES AND ELEVATED 

TEMPERATURES .............................................................................. 125 

6.1 Introduction ..................................................................................................... 125 

6.2 Experimental ................................................................................................... 126 

6.2.1 Materials ............................................................................................. 126 

6.2.2 Experimental setup ............................................................................. 126 

6.2.3 Experimental procedure ..................................................................... 126 

6.3 Mathematical Formulation .............................................................................. 130 

6.3.1 Heavy oil characterization .................................................................. 130 

6.3.2 PR EOS model ................................................................................... 130 

6.4 Results and Discussion .................................................................................... 135 

6.4.1 Heavy oil characterization .................................................................. 135 

6.4.2 Performance of BIP correlations ........................................................ 135 

6.4.3 Evaluation of volume translation methods ......................................... 140 

6.4.4 Saturation pressures and swelling factors .......................................... 140 

6.4.5 L1L2V three-phase boundaries ........................................................... 148 

6.5 Summary ......................................................................................................... 154 



ix 
 

CHAPTER 7 DETERMINATION OF SATURATION PRESSURES AND 

SWELLING FACTORS OF QUATERNARY C3H8–n-C4H10–CO2–

HEAVY OIL SYSTEMS ..................................................................... 155 

7.1 Introduction ..................................................................................................... 155 

7.2 Experimental ................................................................................................... 156 

7.2.1 Materials ............................................................................................. 156 

7.2.2 Experimental setup ............................................................................. 156 

7.2.3 Experimental procedure ..................................................................... 156 

7.3 Mathematical Formulation .............................................................................. 159 

7.3.1 Heavy oil characterization .................................................................. 159 

7.3.2 PR EOS model ................................................................................... 159 

7.4 Results and Discussion .................................................................................... 162 

7.4.1 BIP performance ................................................................................ 162 

7.4.2 Saturation pressures and swelling factors .......................................... 169 

7.5 Summary ......................................................................................................... 174 

CHAPTER 8 DETERMINATION OF PHASE BOUNDARIES, VOLUMES, AND 

COMPOSITIONS OF C3H8-CO2-WATER-HEAVY OIL SYSTEMS 

AT HIGH PRESSURES AND ELEVATED TEMPERATURE ..... 175 

8.1 Introduction ..................................................................................................... 175 

8.2 Experimental ................................................................................................... 176 

8.2.1 Materials ............................................................................................. 176 

8.2.2 Experimental setup ............................................................................. 180 



x 
 

8.2.3 Experimental procedure ..................................................................... 180 

8.3 Mathematical Formulation .............................................................................. 183 

8.3.1 Heavy oil characterization .................................................................. 183 

8.3.2 PR EOS model ................................................................................... 184 

8.4 Results and Discussion .................................................................................... 184 

8.4.1 Heavy oil properties ........................................................................... 184 

8.4.2 Phase boundaries ................................................................................ 186 

8.4.3 Phase volumes .................................................................................... 189 

8.4.4 Phase compositions ............................................................................ 195 

8.5 Summary ......................................................................................................... 198 

CHAPTER 9 CONCLUSIONS AND RECOMMENDATIONS ............................ 202 

9.1 Conclusions ..................................................................................................... 202 

9.2 Recommendations ........................................................................................... 206 

REFERENCES ............................................................................................................. 208 

 

  



xi 
 

LIST OF TABLES 

Table 3-1 Database for developing the BIP correlation for CO2–water pair in the 

aqueous phase ................................................................................................ 41 

Table 3-2 Physical and critical properties of CH4, CO2, and water ............................... 45 

Table 3-3 The reduced temperature ranges used in developing each alpha function and 

the corresponding AARDs for predicting vapour pressure of water in the full 

reduced temperature of 0.422–1.000 .............................................................. 46 

Table 3-4 AARDs for predicting CO2 solubility in the aqueous phase with the different 

BIP correlations on the basis of the modified alpha function (i.e., Equation 

[3-10]) ............................................................................................................ 56 

Table 3-5 Feeds of the CH4–CO2 mixtures prepared for the ternary CH4–CO2–water 

systems (Dhima et al., 1999) ......................................................................... 62 

Table 4-1 Database for CO2–heavy-n-alkanes systems .................................................. 67 

Table 4-2 Physical and critical properties of CO2 and n-alkanes ................................... 68 

Table 4-3 Selected data to analyze the effect of temperature on BIP............................. 71 

Table 4-4 Selected data to analyze the effect of pressure on BIP .................................. 74 

Table 4-5 Selected data to analyze the effect of carbon number on BIP ....................... 77 

Table 4-6 Coefficient values in Equation [4-3] .............................................................. 81 

Table 4-7 AARD for the predicted saturation pressures of CO2–heavy-n-alkanes 

systems with the optimized BIPs from Equation [4-1] and calculated BIPs 

from Equation [4-3], respectively .................................................................. 83 



xii 
 

Table 4-8 AARD of the predicted saturation pressures of CO2–n-C20H42 systems by 

applying the BIP correlations developed in this work and by Kordas et al. 

(1994) in the 2011, 1978, and 1976 PR EOS, respectively ........................... 89 

Table 5-1 Compositional analysis of the Lloydminster heavy oil .................................. 94 

Table 5-2 Compositions of CO2–Lloydminster heavy oil systems at experimental 

temperatures ................................................................................................... 98 

Table 5-3 Physical and critical properties of heavy oil pseudocomponent(s) in two 

characterization schemes .............................................................................. 107 

Table 5-4 Optimal BIP and the corresponding AARD for the predicted saturation 

pressure in two characterization schemes .................................................... 114 

Table 5-5 AARD for the predicted swelling factor with and without volume shift in two 

characterization schemes .............................................................................. 115 

Table 6-1 Compositions of alkane solvent(s)–CO2–Lloydminster heavy oil systems with 

fifteen feeds at experimental temperatures .................................................. 127 

Table 6-2 Physical and critical properties of each pseudocomponent in different 

lumping schemes .......................................................................................... 136 

Table 6-3 Optimal exponents in two BIP correlations for each lumping scheme ........ 137 

Table 6-4 AARD of the predicted swelling factors and the calculated volume shifts with 

three volume shift strategies ........................................................................ 141 

Table 7-1 Compositions of quaternary C3H8–n-C4H10–CO2–heavy oil systems with four 

feeds at experimental temperatures .............................................................. 157 

Table 7-2 BIP matrix for quaternary C3H8–n-C4H10–CO2–heavy oil systems obtained by 

assigning 
2CO 1.521   and AK 0.992   .................................................... 163 



xiii 
 

Table 7-3 BIP matrix for quaternary C3H8–n-C4H10–CO2–heavy oil systems resulting 

from Scenario #1 .......................................................................................... 166 

Table 7-4 BIP matrix for quaternary C3H8–n-C4H10–CO2–heavy oil systems resulting 

from Scenario #2 .......................................................................................... 167 

Table 7-5 BIP matrix for quaternary C3H8–n-C4H10–CO2–heavy oil systems resulting 

from Scenario #3 .......................................................................................... 168 

Table 7-6 BIP matrix for quaternary C3H8–n-C4H10–CO2–heavy oil systems resulting 

from Scenario #4 .......................................................................................... 170 

Table 8-1 Compositional analyses of original and diluted Huabei heavy oil ............... 177 

Table 8-2 Compositions of C3H8-CO2-water-heavy oil systems with four feeds at 

experimental temperatures ........................................................................... 181 

Table 8-3 Physical and critical properties of Huabei heavy oil pseudocomponents .... 187 

Table 8-4 Compositional analyses of vapour and liquid phases for Feed #24 at 1.02 

MPa and 323.15 K, respectively .................................................................. 196 

Table 8-5 Compositional analyses of vapour and liquid phases for Feed #25 at 1.91 

MPa and 323.15 K, respectively .................................................................. 199 

  



xiv 
 

LIST OF FIGURES 

Figure 2-1 Exponential distribution: mole fraction (logarithmic scale) versus carbon 

number for heavy oils with API gravity of (a) 28, (b) 18, and (c) 10, 

respectively. The circle symbol denotes mole fraction, and the dashed line 

denotes the linear regression (Pedersen and Christensen, 2006) .................... 9 

Figure 2-2 Gamma distribution: mole fraction versus carbon number for an oil sample 

with 
7CM

=200 and =92 (Whitson, 1983) ................................................. 10 

Figure 2-3 Comparisons of various correlations for estimating (a) critical temperature, 

(b) critical pressure, and (c) acentric factor for boiling points from 600 to 

1,500 ºR with a constant Watson factor of 12 (Whitson and Brule, 2000) ... 12 

Figure 2-4 Typical pressure–temperature diagram for (a) a single component and (b) a 

binary mixture (Danesh, 1998) ..................................................................... 20 

Figure 2-5 3D pressure–temperature–composition diagram of CO2–water systems 

(Takenouchi and Kennedy, 1964) ................................................................. 22 

Figure 2-6 Solubility of methane, ethane, n-butane, and CO2 in pure water with pressure 

at 71 ºC (Dhima et al., 1999) ........................................................................ 24 

Figure 2-7 Phase behaviour of CO2–heavy-n-alkane systems: (a) CO2 solubility in n-

eicosane (Huang et al., 1988) and (b) saturation pressures at 423.2 K (Sato et 

al., 1998) ....................................................................................................... 27 

Figure 2-8 Multiphase behaviour and critical points of hydrocarbon mixtures. Dashed 

phase boundaries denote that two phases are critically identical (modified 

from Zou and Shaw, 2006) ............................................................................ 29 



xv 
 

Figure 2-9 Phase behaviour of CO2–Athabasca bitumen systems: (a) saturation pressures 

and (b) complete phase boundaries. Symbols denote measured data and lines 

denote predicted data (Castellanos Díaz et al., 2011) ................................... 31 

Figure 3-1 Vapour pressure of water calculated based on both the IAPWS-95 and PR 

EOS with the modified alpha function for water in this work in the full 

temperature range of 273.16 to 647.10 K ..................................................... 47 

Figure 3-2 Comparison of the calculated vapour pressure of water from different 

correlations in a temperature range of (a) 300–320 K, and (b) 620–640 K, 

respectively ................................................................................................... 49 

Figure 3-3 CO2 mole fractions in the aqueous phase of the binary CO2–water systems at 

the different temperatures ............................................................................. 51 

Figure 3-4 Relative deviations (RDs) of T (p is fixed) and p (T is fixed) at the same 

solubility change from 0.0213 to 0.0313. RD(p)=(pB-pA)/pA and RD(T)=(TC-

TA)/TA ............................................................................................................ 52 

Figure 3-5 Comparison of the BIP obtained from the experimental solubility, this work 

and Søreide–Whitson correlation, respectively ............................................. 54 

Figure 3-6 Comparison of the measured and predicted CO2 solubility in water-rich 

phase of the binary CO2–water systems with the BIP correlation developed in 

this work and developed by Søreide and Whitson (1992) at (a) 285.15 K, (b) 

273.15, 278.15, 323.2, and 333.2 K, (c) 374.15 K, and (d) 423.15 and 448.15 

K, respectively ............................................................................................... 58 



xvi 
 

Figure 3-7 The measured and predicted non-aqueous phase compositions of the binary 

CO2–water systems at 298.15, 323.15, 348.15, 373.15, 398.15, 423.15, and 

448.15 K, respectively ................................................................................... 60 

Figure 3-8 The measured and predicted aqueous phase compositions of the ternary CH4–

CO2–water systems at 344.15 K .................................................................... 63 

Figure 4-1 Variation of BIP with reduced temperature for CO2–n-alkanes systems (a) n-

C10H22 and n-C16H34, (b) n-C22H46 and n-C28H58, and (c) n-C32H66 and n-

C44H90. Lines are only used for identification purpose ................................. 72 

Figure 4-2 Variation of BIP with reduced pressure for CO2–n-alkanes systems ........... 75 

Figure 4-3 Variation of BIP with carbon number of n-alkane for CO2–n-alkanes systems. 

Lines are only used for identification ............................................................ 78 

Figure 4-4 Comparison of the predicted saturation pressures of CO2–n-C20H42 systems 

by using 2011 PR EOS with the BIP correlations developed in this work and 

by Kordas et al. (1994) at (a) 473.20 K and 323.20 K, and (b) 373.20 K, 

respectively ................................................................................................... 87 

Figure 4-5 Comparison of the predicted saturation pressures of CO2–n-C20H42 systems 

by using 1978 and 1976 PR EOS with the BIP correlations developed in this 

work and by Kordas et al. (1994) at (a) 473.20 K and 323.20 K, and (b) 

373.20 K, respectively ................................................................................... 90 

Figure 5-1 Schematic diagram of the experimental setup for conducting PVT 

measurements for the CO2–heavy oil systems .............................................. 96 

Figure 5-2 Splitting and lumping the Lloydminster heavy oil ...................................... 109 



xvii 
 

Figure 5-3 Variation of Tc, Pc,  , and Tb of SCN fraction with carbon number for the 

Lloydminster heavy oil ............................................................................... 110 

Figure 5-4 Measured p–V diagram for Feed #2 (28.03 mol% CO2 and 71.97 mol% 

heavy oil) at 348.35 K ................................................................................. 112 

Figure 5-5 AARD for the predicted saturation pressure versus the exponent in two 

characterization schemes (dotted line is only used for identification) ........ 116 

Figure 5-6 Comparison of the measured and predicted saturation pressures when the 

heavy oil is characterized as a single pseudocomponent ............................ 117 

Figure 5-7 Comparison of the measured and predicted swelling factors when the heavy 

oil is characterized as a single pseudocomponent ....................................... 118 

Figure 5-8 Comparison of the measured and predicted saturation pressures when the 

heavy oil is characterized as six pseudocomponents .................................. 120 

Figure 5-9 Comparison of the measured and predicted swelling factors when the heavy 

oil is characterized as six pseudocomponents ............................................. 121 

Figure 5-10 Viscosity of heavy oil and the CO2-saturated heavy oil of Feed #1 .......... 123 

Figure 6-1 Schematic diagram of the PVT system used for the alkane solvent(s)–CO2–

heavy oil systems ........................................................................................ 128 

Figure 6-2 Flowchart for determining two- and three-phase boundaries as well as 

swelling factors of alkane solvent(s)–CO2–heavy oil systems with 15 feeds

 ..................................................................................................................... 134 

Figure 6-3 Variation of AARD% versus the number of pseudocomponents with the 

optimal exponents in (a) BIP Correlation #1 and (b) BIP Correlation #2 .. 139 



xviii 
 

Figure 6-4 Comparison of the measured and predicted saturation pressures and swelling 

factors for binary C3H8–heavy oil system with Feeds #3–5 at 323.85 K and 

with Feeds #6–8 at 298.85 K, respectively ................................................. 142 

Figure 6-5 Comparison of the measured and predicted saturation pressures and swelling 

factors for binary C3H8–heavy oil system with Feed #9 (67.3 mol% C3H8 and 

32.7 mol% heavy oil) .................................................................................. 144 

Figure 6-6 Comparison of the measured and predicted saturation pressures and swelling 

factors for binary n-C4H10–heavy oil system with Feed #10 (62.0 mol% n-

C4H10 and 38.0 mol% heavy oil) and Feed #11 (82.5 mol% n-C4H10 and 17.5 

mol% heavy oil) .......................................................................................... 145 

Figure 6-7 Comparison of the measured and predicted saturation pressures and swelling 

factors for ternary C3H8–n-C4H10–heavy oil system with Feed #12 (55.4 mol% 

C3H8, 15.8 mol% n-C4H10, and 28.8 mol% heavy oil) ................................ 147 

Figure 6-8 Comparison of the measured and predicted saturation pressures and swelling 

factors for ternary C3H8–CO2–heavy oil system with Feed #13 (36.2 mol% 

C3H8, 38.6 mol% CO2, and 25.2 mol% heavy oil) and ternary n-C4H10–CO2–

heavy oil system with Feed #14 (34.3 mol% n-C4H10, 31.7 mol% CO2, and 

34.0 mol% heavy oil) .................................................................................. 149 

Figure 6-9 The predicted p–x phase diagram for CO2–heavy oil system and the 

measured L1L2V phase boundaries for CO2–heavy oil system with Feed #15 

(94.4 mol% CO2, 5.6 mol% heavy oil) at (a) 288.65 K and (b) 298.65 K .. 151 



xix 
 

Figure 6-10 Comparison of the measured and predicted L1L2V three-phase boundaries 

for the ternary C3H8–CO2–heavy oil system with Feed #16 (23.6 mol% 

C3H8, 67.2 mol% CO2, and 9.2 mol% heavy oil) ...................................... 152 

Figure 6-11 Comparison of the measured and predicted L1L2V three-phase boundaries 

for the ternary n-C4H10–CO2–heavy oil system with Feed #17 (11.8 mol% n-

C4H10, 83.2 mol% CO2, and 5.0 mol% heavy oil) ..................................... 153 

Figure 7-1 Schematic diagram of the experimental setup for conducting PVT 

measurements for the quaternary C3H8–n-C4H10–CO2–heavy oil systems . 158 

Figure 7-2 AARDs for predicting saturation pressures obtained from four scenarios . 164 

Figure 7-3 Comparison of the measured and predicted saturation pressures and swelling 

factors for Feed #18 (19.6 mol% C3H8, 16.9 mol% n-C4H10, 34.1 mol% CO2, 

and 29.4 mol% heavy oil) and Feed #19 (16.5 mol% C3H8, 14.2 mol% n-

C4H10, 28.8 mol% CO2, and 40.5 mol% heavy oil) .................................... 172 

Figure 7-4 Comparison of the measured and predicted saturation pressures and swelling 

factors for Feed #20 (14.7 mol% C3H8, 12.6 mol% n-C4H10, 25.6 mol% CO2, 

and 47.1 mol% heavy oil) and Feed #21 (12.1 mol% C3H8, 10.4 mol% n-

C4H10, 21.2 mol% CO2, and 56.3 mol% heavy oil) .................................... 173 

Figure 8-1 Viscosities of original and diluted Huabei heavy oil with temperature ...... 178 

Figure 8-2 Densities of original and diluted Huabei heavy oil with temperature ......... 179 

Figure 8-3 Splitting and lumping the diluted Huabei heavy oil .................................... 185 

Figure 8-4 Comparison of the measured and predicted three-phase boundaries for C3H8-

CO2-water-heavy oil systems with Feed #22 (8.6 mol% C3H8, 18.5 mol% 

CO2, 58.9 mol% water, and 14.0 mol% Lloydminster heavy oil) and Feed 



xx 
 

#23 (15.8 mol% C3H8, 17.1 mol% CO2, 54.3 mol% water, and 12.9 mol% 

Lloydminster heavy oil) .............................................................................. 188 

Figure 8-5 Comparison of the measured and predicted saturation pressures and swelling 

factors for C3H8-CO2-heavy oil system with Feed #24 (25.0 mol% C3H8, 25.0 

mol% CO2, and 50.0 mol% Huabei heavy oil) ........................................... 190 

Figure 8-6 Comparison of the measured and predicted phase boundaries for C3H8-CO2-

water-heavy oil system with Feed #25 (6.0 mol% C3H8, 6.0 mol% CO2, 80.0 

mol%, and 8.0 mol% Huabei heavy oil) ..................................................... 191 

Figure 8-7  Comparison of measured and predicted volume fractions of vapour phase (V) 

and aqueous + liquid phases (A+L) for Feed #22 at 321.55 K ................... 193 

Figure 8-8 Comparison of measured and predicted volume fractions of vapour phase (V) 

and aqueous + liquid phases (A+L) for Feed #22 at 344.95 K ................... 194 

Figure 8-9 Comparison of measured and predicted compositions of vapour phase (V) 

and liquid phase (L) for Feed #24 at 1.02 MPa and 323.15 K. Lines are only 

used for identification purpose .................................................................... 197 

Figure 8-10 Comparison of measured and predicted compositions of vapour phase (V) 

and oil-rich liquid phase (L) for Feed #25 at 1.91 MPa and 323.15 K. Lines 

are only used for identification purpose .................................................... 200 

  



xxi 
 

NOMENCLATURE 

Notations 

a  attraction parameter defined in Equation [3-1] 

ca  constant defined in Equation [3-3] 

A  constant defined in Equation [5-5] 

b  van der Waals volume, m3/kmol 

B  constant defined in Equation [5-5] 

1c , 2c ,…, 5c  empirical constants 

iC  volume correction factor for the ith component, m3/kmol 

iCN  carbon number of the ith component 

d , e  positive correlation coefficients defined in Equation [6-3] 

1d , 2d ,…, 6d  empirical constants 

Vf  parameter defined in Twu critical volume correlation 

WK  Watson factor 

l  lower boundary of single carbon number for a pseudocomponent 

7CM

 molecular weight of C7+, g/mol 

iM  molecular weight of component i, g/mol 

M   molecular weight of the plus fraction, g/mol 

PM  molecular weight of normal-paraffin hydrocarbons, g/mol 

n  number of data points 

p  pressure, kPa 



xxii 
 

cp  critical pressure, kPa 

cPp  critical pressure of normal-paraffin hydrocarbon, psia 

cpsip  critical pressure, psia 

STp  saturation pressure, kPa 

Q  flow rate, cm3/min 

R  universal gas constant, J/(mol·K) 

s  volume shift 

S  solvent solubility in mole fraction 

SF  swelling factor 

T  temperature, K 

bT  normal boiling point at 1 atm, K 

brT  reduced normal boiling point 

bPT  normal boiling point at 1 atm of normal-paraffin hydrocarbon, °R 

bRT  normal boiling point at 1 atm, °R  

cT  critical temperature, K 

cPT  critical temperature of normal-paraffin hydrocarbon, °R  

cRT  critical temperature, °R  

rT  reduced temperature 

rwT  reduced temperature of water 

tT  triple point 

u  upper boundary of single carbon number for a pseudocomponent 



xxiii 
 

cv  critical molar volume, ft3/lbm mol 

cPv  critical molar volume of normal-paraffin hydrocarbons, ft3/lbm mol 

V  original molar volume calculated by the PR EOS, m3/kmol 

cV  critical molar volume, m3/kmol 

MV  molar volume, m3/kmol 

1V  molar volume of the heavy oil at saturation temperature and atmospheric 

pressure, m3/kmol  

2V  molar volume of solvent(s)-saturated heavy oil at saturation temperature 

and saturation pressure, m3/kmol 

*V  corrected molar volume, m3/kmol 

ix  liquid-phase composition vector 

cal
iX  calculated objective parameter 

exp
iX  measured objective parameter 

iy  composition vector 

iz  mole fraction of the component i  

z  mole fraction of the plus fraction 

ciZ  critical compressibility factor of the component i 

RAZ  Rackett parameter 

 

 

 



xxiv 
 

Greek Letters  

  alpha function in the PR EOS defined in Equation [3-2]; gamma 

distribution model parameter  

  adjustable exponent in BIP correlation defined in Equation [5-21] 

2CO  exponent in BIP correlation for CO2-pseudocomponent pair 

AK  exponent in BIP correlation for alkane solvent-pseudocomponent pair 

ij  BIP between component i and j 

  specific gravity, water=1 

   specific gravity of the plus fraction 

P  specific gravity of normal-paraffin hydrocarbon, water=1 

v  parameter in the Twu critical-volume correlation 

  generic symbol for any property; gamma distribution model parameter 

  adjustable exponent defined in Equation [6-1] 

  viscosity of the heavy oil, cP 

  acentric factor 

  density of the heavy oil, kg/m3 

 

Abbreviations 

AARD absolute average relative deviation 

BIP binary interaction parameter 

CMG Computer Modelling Group 



xxv 
 

EOR enhanced oil recovery 

IAPWS-95 International Association for the Properties of Water and Steam 

Formulation 1995 

ITS-90 International Temperature Scale of 1990 

IFT interfacial tension 

PC pseudocomponent 

PR EOS Peng-Robinson equation of state 

SCN single carbon number 

MCN multiple carbon number 

NI number of isotherms 

NDP number of measured data points 

VLE vapour-liquid equilibrium 

 

  



1 
 

CHAPTER 1    INTRODUCTION 

 

1.1 Heavy Oil Recovery Processes 

Most of the existing light and medium crude oilfields have already moved into mature 

stages, dissatisfying the substantially increasing worldwide energy demand (Tg Othman 

et al., 2013). The vast heavy oil and bitumen resources have been attracting the rising 

interests to supplement the short- and long-term needs (Meyer et al., 2007). In Canada, 

heavy oil production accounts for almost 20% of its total oil production.  

The total original oil in place (OOIP) of heavy oil resources in known accumulations 

is estimated to be 3,396 billion barrels distributed in 192 basins worldwide (Meyer et al., 

2007). One of the primary basins, Western Canadian Sedimentary Basin (WCSB), 

contains about 37 billion barrels of discovered and prospective heavy oil in place 

(Bowers and Drummond, 1997). Approximately two thirds of these resources (i.e., 25 

billion barrels) are located in Lloydminster–Kindersley heavy oil belts covering a broad 

area of east-central Alberta and west-central Saskatchewan (Reid, 1984). Such heavy oil 

belts are deposited in a series of thin blanket and unconsolidated sand bodies at average 

shallow depth of 600 m, with high viscosity ranging from 2,000 to more than 10,000 

mPa∙s under standard conditions. About 97% of the proved resources in heavy oil belts 

are contained in reservoirs with less than 10 m payzones and around 55% is found in 

formations less than 5 m thick (Srivastava et al., 1999a). It is a great challenge to recover 

such heavy oil resources economically and efficiently because of the high viscosity and 

rapid depletion of reservoir energy as well as the thin payzones. 
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The hydrocarbon heavy oil formation is originated with sea plants and 

microorganisms that were buried in sediments millions of years with the continuous 

influence of heat and pressure (Craft et al., 1991). Heavy oils are typically composed of 

complex organic compounds and characterized by high density and viscosity (Batzle et 

al., 2004). Primary recoveries from heavy oil fields are very limited in cold production 

manner, e.g., cold heavy oil production with sand (CHOPS). Subsequently, various 

thermal recovery methods, e.g., steam flooding, steam assisted gravity drainage (SAGD), 

and cyclic steam stimulation (CSS), have been implemented to unlock the reserves and 

boost the production since viscosity of heavy oil can be significantly reduced by heating 

(Farouq Ali, 2003).  

Heavy oils deposited in thick reservoirs can be efficiently recovered from the 

application of such thermal-based techniques. It has been found, however, to be 

inefficient for thin heavy oil formations. This is attributed to the following facts: 1) 

excessive heat losses to overburden and underburden and/or bottomwater zones; 2) lack 

of drainage height due to thin payzone; 3) environmental challenges since thermal 

method tends to increase the level of greenhouse gas emissions; and 4) high cost related 

to the production of high quality steam (Fairfield and White, 1982; Dyer et al., 1994). 

Alternatively, solvent-based methods have been considered as the most attractive 

alternatives to enhance the heavy oil production in thin payzones. For instance, 

immiscible CO2 flooding (Spivak and Chima, 1984), cyclic solvent injection (CSI) 

(Ivory et al., 2010), and vapour extraction (VAPEX) (Upreti et al., 2007). It has been 

experimentally demonstrated that dissolution of solvent(s) into heavy oil can 

significantly improve the heavy oil mobility (Sayegh and Maini, 1984), enhance the 
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swelling factor (Li et al., 2013a), and decrease the equilibrium interfacial tension (Li et 

al., 2012). In general, solvents can be either non-hydrocarbon (e.g., CO2) or hydrocarbon 

(e.g., C3H8 and n-C4H10) compounds (Li et al., 2013c). Furthermore, immiscible 

CO2/water displacement is also an important alternative to thermal processes, e.g., 

injection of alternate slugs of CO2 and water, and simultaneous injection of CO2 and 

water (Rojas and Farouq Ali, 1986). Recently, taking advantages of both thermal and 

solvent-based methods, the co-injection of solvent and steam has seen its promising 

applications, e.g., expanding solvent-steam assisted gravity drainage (ES-SAGD) (Deng 

et al., 2010). However, few attempts have been made to quantify the phase behaviour of 

alkane solvent(s)–CO2–heavy oil systems in the presence and absence of water at high 

pressures and elevated temperatures. 

 

1.2 Objective of This Study 

The objective of this thesis research is to propose a generalized methodology and 

develop theoretical models to quantify phase behaviour of alkane solvent(s)–CO2–water–

heavy oil systems at various pressures and temperatures, where the crude oil sample is 

characterized as multiple pseudocomponents. The detailed tasks addressed in this 

dissertation are listed as follows, 

1) To modify the alpha function exclusively for water compound in the Peng–

Robinson equation of state (PR EOS) by more accurately predicting the water 

vapour pressure in the full temperature range and thus enhance the phase 

behaviour prediction of water-involved systems; 
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2) To develop binary interaction parameters (BIPs) correlations in the PR EOS for 

CO2–water pair and CO2–heavy-n-alkane pair, respectively, on the basis of the 

extensively measured data collected from literature;  

3) To conduct PVT tests to measure equilibrium fluid properties including two- and 

three-phase boundaries, swelling factors, phase volumes, and phase compositions 

of various feeds of alkane solvent(s)–CO2–water–heavy oil systems at high 

pressures and elevated temperatures; and 

4) To develop reliable and robust theoretical models for simulating the phase 

behaviour of the alkane solvent(s)–CO2–water–heavy oil systems.  

 

1.3 Outline of the Dissertation 

There are nine chapters in this dissertation. Chapter 1 introduces the background and 

motivation of this thesis research as well as the main objectives. Chapter 2 provides a 

comprehensive literature review on heavy oil characterization, phase behaviour of alkane 

solvent(s)–CO2–water–heavy oil systems, and CO2-assisted EOR processes, respectively. 

Chapter 3 determines the mutual solubility between CO2 and water by using the PR EOS 

with the modified alpha function for water and the newly developed BIP correlation. 

Chapter 4 proposes a temperature-dependent BIP correlation for CO2–heavy-n-alkanes 

binary systems, including a series of n-alkanes from n-decane (n-C10H22) to n-

tetratetracontane (n-C44H90). Chapter 5 presents the experimentally measured and 

theoretically predicted phase behaviour of CO2–heavy oil mixtures where heavy oil is 

characterized as both a single- and multiple-pseudocomponents. Chapter 6 quantifies the 

multiphase boundaries and swelling factors of binary and ternary alkane solvent(s)–CO2–
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heavy oil systems at high pressures and elevated temperatures. Chapter 7 states the 

determination of saturation pressures and swelling factors of quaternary C3H8–n-C4H10–

CO2–heavy oil systems, including a comparison of the tuning process between 

commercial software (CMG, version 2011) and this work. Chapter 8 validates the newly 

developed water-free and water-associated theoretical models by predicting the phase 

boundaries, phase volumes, and phase compositions of C3H8–CO2–water–heavy oil 

systems at high pressures and elevated temperatures. Finally, conclusions of the current 

research and recommendations for future work are addressed in Chapter 9.  

  



6 
 

CHAPTER 2    LITERATURE REVIEW 

 

2.1 Heavy Oil Characterization 

With the existing chemical-separation techniques, hundreds and thousands of 

components contained in reservoir fluids cannot be individually identified (Whitson and 

Brule, 2000). The components of the reservoir fluids can be divided into three categories 

listed as follows (Al-Meshari et al., 2006; Pedersen and Christensen, 2006; Rodriguez 

and Hamouda, 2010; Dandekar, 2013):  

1) The well-defined components. The defined components are N2, CO2, H2S, CH4, 

C2H6, C3H8, i-C4H10, n-C4H10, i-C5H12, n-C5H12, and n-C6H14;  

2) True boiling point (TBP) components. The TBP components consist of 

hydrocarbons with boiling points within a given temperature interval. The 

average density and molecular weight of a TBP component can be measured or 

estimated. Nonetheless, it is difficult to obtain the critical properties 

experimentally; and  

3) Plus fractions. The components that are too heavy to be separated are grouped 

together and identified as the plus fraction. 

Unlike conventional oil and gas, there are sparse or none light components can be 

found in heavy oil, indicating the majority of fractions in heavy oil are the undefined 

TBP components and plus fractions. It is a challenging task to directly measure the 

critical properties of such components. In addition, erroneous results associated with 

phase behaviour evaluation may be resulted from the fact that the plus fraction is treated 

as a single pseudocomponent (Li et al., 1984; Whitson, 1984a; b; Behrens and Sandler, 
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1988). It is necessary, therefore, to characterize such undefined components, while the 

following four steps are typically implemented (Al-Meshari et al., 2006): 

1) Splitting the plus fraction to single carbon number (SCN) fractions; 

2) Assigning acentric factor as well as physical and critical properties to each split 

SCN fraction;  

3) Lumping SCNs into multiple carbon number (MCN) groups; and  

4) Assigning acentric factor as well as physical and critical properties to each MCN 

group. 

 

2.1.1 Splitting  

The molar distribution of plus fraction is the main objective of splitting. In general, it can 

be described by the following two methods. 

 

(1) Exponential distribution  

The earliest attempt to use an exponential distribution for splitting C7+ is the Lohrenz–

Bray–Clark (LBC) method (Lohrenz et al., 1964). The fraction of C7+ can be split into 

normal-paraffins with carbon number from C7 to C40, of which the mole fractions 

together with molecular weights can be determined. The limitation is that the LBC 

method is only suitable when mole fraction of C7+ is larger than C6 and molecular weight 

of C7+ is smaller than C40.  

An approximate linear relationship between carbon number and the logarithm of the 

corresponding mole fraction has been proposed to characterize heavy oil (Pedersen et al., 

1983; 1984; Pedersen and Christensen, 2006). Figure 2-1 shows such linear relationships 
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of three heavy oil samples with API gravity of 28, 18, and 10, respectively. 

Correspondingly, carbon numbers starting at C8, C11, and C17 show an approximate 

linear relationship with mole fraction, respectively. It is found that the starting carbon 

number of linearity shifts to the right with an increase in gravity of heavy oil. Finally, the 

plus fraction can be split into carbon number fraction as heavy as C200 by extrapolating 

the best-fit line (Pedersen et al., 2004).  

 

(2) Gamma distribution 

Whitson (1983; 1984b) developed a gamma distribution function with three parameters 

(i.e.,  ,  , and 
7CM

) to split the plus fraction. The shape of the distribution is defined 

by  , commonly ranging from 0.5 to 2.5. The gamma-distribution can be easily 

transformed into an exponential distribution function when   is set to 1. Figure 2-2 

shows the variation of mole fraction with molecular weight at three   values (Whitson, 

1983). For  <1, the accelerated exponential distribution is determined. For  >1, the 

left-skewed distribution is yielded. For  =1, the distribution is degraded to an 

exponential distribution. The parameter   is determined as the minimal molecular mass 

in C7+ group. Furthermore, 
7CM


 is the molecular mass of C7+ group obtained from 

experimental TBP analysis.  

The aforementioned two splitting methods have been comparatively examined by 

predicting saturation pressures of reservoir fluids (Zuo and Zhang, 2000). As a result, it 

is reported that the exponential distribution model yields more accurate predictions of 

phase behaviour of reservoir fluids. 
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(a) 

 
(b) 

 
(c) 

 

Figure 2-1 Exponential distribution: mole fraction (logarithmic scale) versus carbon 

number for heavy oils with API gravity of (a) 28, (b) 18, and (c) 10, respectively. The 

circle symbol denotes mole fraction, and the dashed line denotes the linear regression 

(Pedersen and Christensen, 2006)   
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Figure 2-2 Gamma distribution: mole fraction versus carbon number for an oil sample 

with 
7CM

=200 and =92 (Whitson, 1983)  
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2.1.2 Critical and physical properties 

The critical point of a pure substance is the point in a p–T (pressure–temperature) phase 

diagram where the properties of liquid phase are identical with that of vapour phase, 

corresponding to critical temperature and critical pressure. Acentric factor is a 

conceptual number to be a measure of the non-sphericity of molecules which has been 

proven to be very useful in the description of matter (McCain, 1993). Other properties, 

e.g., molecular weight and critical molar volume, are also necessary to determine density. 

Although such properties are required in an EOS to perform phase behaviour 

computation, they are not usually available from compositional analysis reports. 

Numerous empirical correlations have been made available to estimate the critical 

properties and acentric factors of petroleum fractions. The specific gravity and normal 

boiling point temperature are used in most of correlations. The specific gravity (Watson 

and Nelson 1933; Whitson and Brule, 2000) can be calculated from molecular weight 

and Watson factor, while the normal boiling point is calculated by using specific gravity 

and molecular weight as proposed by Søreide (1989).  

Critical temperature may be the most reliable correlated property for petroleum 

fractions (Whitson and Brule, 2000). The critical temperature calculated with various 

correlations is shown in Figure 2-3a. It can be seen that the critical temperatures 

estimated from Twu (1984), Cavett (1962), Nokay (1959), and Riazi and Daubert (1980) 

correlations are almost overlapping without obvious deviations, whereas the curve 

obtained from Kesler–Lee correlation (1976) is slightly lower at higher normal boiling 

points. Roess correlation (1936) yields the lowest estimation when the normal boiling 

point is higher than 1200 ºR. The comparison of critical pressure correlations can be seen 
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        (a)                                                               (b) 

 
(c) 

 

 

 

 

 

Figure 2-3 Comparisons of various correlations for estimating (a) critical temperature, 

(b) critical pressure, and (c) acentric factor for boiling points from 600 to 1,500 ºR with a 

constant Watson factor of 12 (Whitson and Brule, 2000)  
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in Figure 2-3b. It is found that the calculated critical pressures from Cavett correlation 

(1962) are the highest estimation when the normal boiling point is smaller than 1150 ºR, 

whereas Twu correlation (1984) yields the highest estimation when the normal boiling 

point is larger than 1150 ºR. Finally, the correlations for predicting acentric factor are 

compared in Figure 2-3c. Generally, the Edmister method (1958) calculates a lower 

acentric factors than Kesler–Lee correlation (1976) at most normal boiling points.  

 

2.1.3 Lumping 

In spite of the rapid growth in computing capability of modern computers, compositional 

reservoir simulation employing many pseudocomponents is still a time-consuming task, 

though numerous SCNs can be split from plus fraction by using the molar distribution 

model. Since the number of (pseudo)components characterizing an oil sample can be 

reduced significantly without compromising accuracy of the predicted phase behaviour 

results, it is desirable to characterize heavy oil with a small number of 

pseudocomponents (Danesh et al., 1992). Consequently, the following issues need to be 

discussed: 1) the number of grouped pseudocomponents; 2) the principle of grouping 

SCNs into MCNs; and 3) the mixing rule of calculating the physical and critical 

properties of the grouped pseudocomponents.  

Lee et al. (1981) recommended that C7+ fraction should be grouped into two 

pseudocomponents according to a characterization factor. Whitson (1983) proposed that 

the number of lumped pseudocomponents is a function of the carbon number of the 

heaviest fraction in the original fluid description. The application condition of such 

method is that the carbon number of fluid should be greater than C20. Li et al. (1984) 
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claimed that K value from the flash calculation at reservoir temperature and “average” 

operating pressure should be used to group SCNs. Behrens and Sandler (1988) proposed 

a lumping method on the basis of the Gaussian-quadrature method. A lumping method, 

where the weights of lumped pseudocomponents are approximately the same, has been 

suggested (Pedersen et al., 1984). Alternatively, Danesh et al. (1992) developed a 

lumping method considering both mole fraction and molecular weight. Other than the 

continuous lumping methods mentioned previously, a discontinuous method was advised 

by using a quadrature method, i.e., discretely picking SCNs to group a MCN 

pseudocomponent (Whitson et al., 1989). In general, it is reported that five to eight 

pseudocomponents to characterize reservoir fluid are adequate for simulation purpose 

(Whitson and Brule, 2000).  

Several mixing rules have been developed to estimate physical and critical properties 

of the lumped pseudocomponents. The most common mixing rule is based on mole 

fraction of each component and formulated as follows (Whitson and Brule, 2000),  

 
i i

i

i
i

z

z


 




 [2-1] 

where   can be any critical and physical property and iz  is mole fraction of the ith SCN.  

Another widely used weight-based method is the Hong’s mixing rule expressed as 

follows (Hong, 1982), 
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where iM  is molecular weight of the ith SCN. In addition, an empirical mixing rule 

using both the molar- and weight-average mixing rules was proposed to determine 

acentric factor, critical temperature, critical volume, and critical pressure of the 

pseudocomponent. A proportioning factor is applied to calculate the average of the molar 

and weight fractions (Wu and Batycky, 1986). Lee and Kesler (1975) suggested that 

acentric factor, critical temperature, critical volume, and critical pressure of the lumped 

pseudocomponents should be respectively calculated via various formulations. Lee et al. 

(1981) and Whitson (1983) developed an alternative method based on specific gravity 

and boiling points of the grouped pseudocomponents, respectively. 

 

2.2 CO2-assisted EOR Processes 

CO2-assisted EOR processes have been attracting great interests to enhance heavy oil 

recovery. It is a global and challenging task to mitigate CO2 emissions into the 

atmosphere since potential climate change may lead to a rising temperature in the near 

future (IPDD, 2007). From another point of view, CO2 has been found to be able to 

dilute heavy oil and thus boost oil production (Huang et al., 1987; Li et al., 2013a). As 

such, CO2 is considered as the most prevailing solvent to enhance oil recovery in 

petroleum industry. In addition, alkane solvents, e.g., propane and butane, are also used 

for enhancing oil recovery due to their excellent solubility in crude oil (Gil et al., 2006; 

Badamchi–Zadeh et al., 2009a; b; Castellanos Díaz et al., 2011).  
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2.2.1 Immiscible CO2 processes 

Although the miscibility between CO2 and heavy oil cannot be achieved, there are 

various underlying mechanisms for improving heavy oil recovery during immiscible CO2 

processes (Mangalsingh and Jagai, 1996). The immiscible CO2 processes mainly include 

continuous CO2 injection, CO2 slug injection, CO2 cyclic injection (Li et al., 2012). In 

addition to providing drive energy to the reservoir, the principal mechanisms contributed 

to the improved oil recovery in the CO2 displacement processes are briefly introduced as 

follows.  

(1) Viscosity reduction. The dissolution of CO2 in heavy oil causes a reduction in 

viscosity (Spivak and Chima, 1984). According to a laboratory study of 

determining physical characteristics of heavy oil, viscosity of the CO2-saturated 

heavy oil was found to be reduced significantly at temperatures of 75, 140, and 

200 ºF (Miller and Jones, 1981);  

(2) Oil swelling effect. The volume of heavy oil can be swollen by dissolving a 

certain amount of CO2 (Hatzignatiou and Lu, 1994). The solubility of gaseous 

CO2 in heavy oil (14–17 ºAPI) at moderate pressure (4–6 MPa) and temperature 

(20–25ºC) is approximately 50–100 m3/m3 at standard conditions, resulting in a 

10–20% increase in the oil volume (Welker and Dunlop, 1963; Saner and Patton, 

1983); 

(3) Interfacial tension (IFT) reduction. The interfacial tension of heavy oil can be 

reduced by dissolving CO2 since CO2 is able to work as a surfactant (Yang and 

Gu, 2006). A higher oil recovery can then be achieved due to such IFT reduction, 

mainly because of the improved residual oil mobilization (Chatzis and Morrow, 
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1984). Li et al. (2012) also found that the addition of rich solvent(s), e.g., C3H8 

and/or n-C4H10, to the CO2 stream can result in a significant IFT reduction ; and 

(4) Blowdown recovery. The blowdown recovery following an immiscible CO2 

flooding is very effective in recovering additional oil. The good correlation 

between blowdown recovery and molar volume of CO2 was observed 

experimentally. High expansion of CO2 at pressures below 1 MPa was identified 

to be the production mechanism of the blowdown phase of the floods. It is found 

that up to 30% of the initial oil-in-place may be recovered via solution gas drive 

mechanism (Rojas and Farouq Ali, 1985; 1986; Zheng and Yang, 2013). 

 

2.2.2 Immiscible CO2–water processes 

In general, it is more efficient to recover oil from hydrocarbon reservoirs by alternatively 

injecting slugs of CO2 and water (Henriquez and Jourdan, 1996). In addition to its 

operational feasibility in the oilfields, such an injection process was originally proposed 

as a method to improve sweep efficiency of gas injection, mainly by using the water to 

control the mobility of the displacement and to stabilize the front. This method combines 

the improved displacement efficiency of the gas flooding and the improved macroscopic 

sweep by water injection (Christensen et al., 2001).  

Another CO2–water process is that CO2 and water are injected simultaneously until 

the total desired amount of CO2 has been injected. It is worthwhile noting that such 

simultaneous injection is challenging to be implemented in field applications due to the 

following two potential problems. Firstly, severe corrosion of injection wells may be 

arising by the mixture of CO2–water at a high pressure. Secondly, the injectivity may be 
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extremely limited when injecting two phases of gaseous CO2 and liquid water 

simultaneously (Rojas and Farouq Ali, 1986).  

In addition to the mechanisms of immiscible CO2 processes, the mechanisms related 

to immiscible CO2–water processes are identified as follows (Caudle and Dyes, 1958; 

Rojas and Farouq Ali, 1985; 1986).  

(1) Improved volumetric sweep efficiency. The presence of brine in the CO2 invaded 

zone lowers the relative permeability to CO2 and decreases its mobility, thus the 

injected brine interferes with the flow of CO2 to decrease its rapid production. 

Accordingly, the CO2 mobility depends on the brine slug volumes; 

(2) The IFT reduction between acidic brine and heavy oil, leading to the formation of 

brine-in-oil emulsions is another mechanism that helps to not only control the 

brine mobility, but also increase the volumetric sweep efficiency of the CO2/brine 

injection processes; and 

(3) Residual oil saturation is reduced due to three-phase and hysteresis effects. In 

water-wet rock, trapping of gas during imbibition cycles can cause oil 

mobilization at low saturations and an effective reduction in the three-phase 

residual oil saturation. 

 

2.3 Phase Behaviour of Alkane Solvent(s)–CO2–Water–Heavy Oil Systems 

The phase behaviour of reservoir fluids as well as the injected agents is the fundamental 

knowledge to understand the underlying mechanisms associated with the aforementioned 

CO2-assisted EOR processes. It is a fact that the phase behaviour can be more complex 

with the increased number of component in the system. For instance, the two-phase 
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coexist region in a p–T diagram can be expanded from a line to an envelope when the 

number of component in the system increases from one to two or more (see Figure 2-4). 

In addition, it will increase the uncertainty to determine the phase behaviour if the 

involved components are not well-defined compounds, e.g., reservoir fluids, which are 

commonly characterized as pseudocomponents by using the methods described in 

Section 2.1.  

 

2.3.1 Solvent(s)–water systems 

Since water exists in the reservoir not only as the connate water and bottom water, but 

also as the injected water during EOR processes (e.g., water-alternating-gas method), oil 

is commonly produced together with water (Dandekar, 2013). The miscibility between 

water and heavy oil is extremely limited which is usually neglected in practical 

applications, whereas the mutual solubility between water and CO2/alkane solvents may 

be important (Pedersen and Christensen, 2006). 

 

(1) CO2–water systems  

The phase behaviour of CO2–water system is essential in the area of CO2 geological 

sequestration and petroleum development (Gaspar Ravagnani et al., 2009). As for a 

depleted oil reservoir containing a large amount of water after waterflooding and/or co-

existing with an aquifer, it is recommended to be a good candidate for geologically 

storing CO2 since there exists abundant porous spaces together with generally sound and 

integral caprock (Zendehboudi et al., 2012). In addition, CO2 is found to be one of the 

most prevailing agents to enhance oil recovery from hydrocarbon reservoirs (Ivory et al., 
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Figure 2-4 Typical pressure–temperature diagram for (a) a single component and (b) a 

binary mixture (Danesh, 1998)   
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2010; Godec et al., 2013; Zheng and Yang, 2013) and water inevitably exists in the 

formation (Li and Nghiem, 1986). Young and Stephenson (1983) assumed that all 

hydrocarbon components are not allowed to be dissolved in the aqueous phase in their 

compositional models for simulating the EOR process of gas injection. In general, such 

an assumption is adequate since the hydrocarbon solubility in water is low over the range 

of temperature and pressure for gas injection, but it is failed for carbon dioxide. Since 

solubility of CO2 in water is much higher than that of hydrocarbon components, it cannot 

be neglected in the simulation processes (Chang et al., 1998). 

Experimentally, several attempts have been made to quantify the phase behaviour of 

CO2–water systems. Takenouchi and Kennedy (1964) comprehensively measured the 

compositions of both aqueous phase and CO2-riched gas phase of CO2–water systems at 

high pressures and elevated temperatures along the vapour–liquid two-phase curves. A 

three dimensional (3D) pressure–temperature–composition diagram of CO2–water 

systems was generated (see Figure 2-5). From the point of view of pressure–composition 

diagram, it can be observed that the two-phase coexistent region shrinks with an increase 

in temperature. In aqueous phase, the dissolved CO2 increases with pressure for an 

isotherm. As for gas phase, the composition of CO2 decreases with pressure at a high 

pressure for an isotherm.  

Theoretically, the PR EOS has been utilized to determine two- or three-phase 

equilibria for water-associated systems (Peng and Robinson, 1976a). A good 

reproducibility of compositions in both non-aqueous liquid and non-aqueous vapour 

phases have been achieved, but the predicted composition for the aqueous phase is 

inconsistent with the experimental data by several orders of magnitude due to the 
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Figure 2-5 3D pressure–temperature–composition diagram of CO2–water systems 

(Takenouchi and Kennedy, 1964)   
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extremely small hydrocarbon solubility in water (Peng and Robinson, 1976a). As such, 

Peng and Robinson suggested the following two modifications for the systems 

containing water (Peng and Robinson, 1980): a) parameter a in the EOS should 

incorporate an exclusive alpha function for water compound since the initial one was 

developed based on a water-free database; and b) the BIPs for the aqueous and non-

aqueous phases should be treated separately. 

 

(2) Alkane solvent(s)–water systems 

Although the solubility of pure hydrocarbons in pure water is limited, it has been 

measured and reported in numerous publications. Figure 2-6 plots the solubility of 

methane, ethane, n-butane, and CO2 in pure water at temperature of 71 ºC (Dhima et al., 

1999). For each solvent, it can be seen that the solubility increases obviously at a lower 

pressure, whereas it slightly increases when the pressure is larger than 20 MPa. It can be 

also concluded that less alkane solvent can be dissolved in water with the increased 

carbon number of hydrocarbon. In addition, the solubility of alkane solvent in pure water 

is much smaller than that of CO2. 

Amirijafari and Campbell (1972) compared the solubility of methane, ethane, 

propane, and their mixtures in water. It is concluded that the solubility of the binary and 

ternary hydrocarbon mixtures is much greater than that of the pure components at the 

same pressure and temperature. Leinonen and Mackay (1973) studied the multiple 

components solubility of liquid hydrocarbons in water along liquid–liquid two phase 

curves. The solubility of each hydrocarbon is found to be 6–35% higher than that 

expected from a single hydrocarbon component in the system.  
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Figure 2-6 Solubility of methane, ethane, n-butane, and CO2 in pure water with pressure 

at 71ºC (Dhima et al., 1999)   
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(3) Alkane solvent–CO2–water systems 

In many cases, both the hydrocarbons and non-hydrocarbon of CO2 coexist in reservoir 

formations. The phase behaviour of ternary hydrocarbon–CO2–water systems has been 

studied at various conditions. Dhima et al. (1999) reported nine solubility data points of 

methane and CO2 mixture in pure water at 345 K and pressures up to 100 MPa. Qin et al. 

(2008) measured the compositions of both vapour- and liquid-phase of the ternary 

methane–CO2–water systems at 324 and 375 K, respectively. The solubility of CO2 in 

the presence of methane is found to be 6–20% more than what is calculated from the 

Henry’s law constants derived from the CO2–water binary system. In addition to 

methane, the dew points of ternary ethane/propane/n-butane–CO2–water systems have 

been measured and simulated (Jarne et al., 2004; Gil et al., 2006). Brunner et al. (1994) 

incorporated the heavier hydrocarbon of n-hexadecane in the CO2–water systems, 

providing the vapour–liquid and vapour–liquid–liquid phase equilibrium data at 

temperatures from 473.15 to 573.15 K.  

 

2.3.2 CO2–heavy-n-alkane systems 

The mixtures of CO2 and n-alkane homologue series have been attracted great interests 

due to their wide applications in many industrial processes, e.g., supercritical extraction 

operations (Kordas et al., 1994), CO2 sequestration in depleted oil formations (Cismondi 

et al., 2010), and particularly, CO2 EOR (Kato et al., 1981; Coutinho et al., 1994).  

Heavy oil consists of a wide variety of hydrocarbons including large, heavy, and 

non-volatile hydrocarbon compounds (Pedersen and Christensen, 2006). The phase 

behaviour of CO2–heavy-n-alkanes systems is commonly taken as a reference in the 
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analysis of CO2–heavy oil systems to evaluate the interactions between the injected CO2 

and the in-situ heavy oil components during oil recovery processes (Cismondi et al., 

2012). With a given heavy-n-alkane of n-eicosane (n-C20H42), CO2 solubility has been 

measured at various pressures and temperatures (see Figure 2-7a). More CO2 can be 

dissolved with the increased pressure at an isothermal process, while an increase in 

temperature results in a reduced CO2 solubility at an isobaric process. Figure 2-7b 

provides the measured saturation pressures of CO2–heavy-n-alkane systems at 423.2 K, 

including eicosane (C20H42), docosane (C22H46), tetracosane (C24H50), and octacosane 

(C28H58). It can be seen that the liquid–vapour two-phase boundaries of mixtures 

comprising various heavy alkanes are almost overlapping at a lower pressure range. The 

obvious differences can be found at high pressures with a higher CO2 concentration, 

where the saturation pressure increases with the carbon number of heavy alkane.  

As for the mathematical modeling, the binary mixtures of CO2 and n-alkanes are 

highly asymmetric with regard to both molecular size and energetic interactions 

(Cismondi et al., 2012). The inadequate BIP value input in the EOS commonly results in 

a poor phase behaviour prediction for such an asymmetric system (Whitson and Brule, 

2000). The BIP value for two various components with similar polarity is commonly set 

to be zero or approaching to zero. For instance, zero BIP can be served as an appropriate 

value for hydrocarbons since they are essentially nonpolar compounds. However, BIP is 

far from zero for the highly asymmetric binaries (e.g., CO2 and n-alkanes) (Pedersen and 

Christensen, 2006). The BIPs can be either obtained by fitting the EOS to match the 

experimental vapour–liquid equilibrium (VLE) data or predicted by the empirical 

correlations.   
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Figure 2-7 Phase behaviour of CO2–heavy-n-alkane systems: (a) CO2 solubility in n-

eicosane (Huang et al., 1988) and (b) saturation pressures at 423.2 K (Sato et al., 1998)
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Graboskl and Daubert (1978) developed a BIP correlation for systems containing 

CO2 and light hydrocarbons on the basis of a modified Soave EOS, with the carbon 

number range of C1 to C10, where solubility parameters of CO2 and hydrocarbons are 

preconditions. Subsequently, a temperature-dependent BIP correlation of CO2–n-alkanes 

binary mixtures was proposed for the PR EOS, where n-alkane database contains carbon 

numbers of C1 to C8, C10, and C20 (Kato et al., 1981). Kordas et al. then extended the 

hydrocarbon database from C1 to C44 including light and heavy-n-alkanes, branched 

alkanes, and aromatics (Kordas et al., 1994). Nonetheless, few attempts have been made 

to develop BIP correlations between CO2 and heavy-n-alkanes, though the interactions 

between CO2 and heavy hydrocarbon components impose a marked impact on CO2-

assisted heavy oil recovery processes. 

 

2.3.3 Alkane solvent(s)–CO2–heavy oil systems 

The most common phase behaviour of a system includes vapour (V), high density liquid 

(L1), and low density liquid (L2) phase (Zou and Shaw, 2006). Heavy oil, as a multi-

component mixture, primarily consists of hydrocarbons including paraffins, naphthenes, 

and aromatics. The multiphase behaviour and critical points might be observed as 

presented in Figure 2-8. LV denotes that liquid (L) and vapour (V) phases are coexisted 

in thermodynamic equilibrium with an obvious boundary. L=V (critical point) indicates 

two phases are critically identical in density, composition, molar volume, and all other 

physical properties. Two liquid phases L1L2 may coexist in certain conditions. Liquid–

liquid critical point is L1=L2 where the phase boundary disappears. More complex phase 

behaviour can be observed as L1L2V with two obvious phase boundaries. K point arises 
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Figure 2-8 Multiphase behaviour and critical points of hydrocarbon mixtures. Dashed 

phase boundaries denote that two phases are critically identical (modified from Zou and 

Shaw, 2006)   
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when L2 phase becomes identical to V phase in the presence of L1, which is designated 

as L2=V+L1. L point arises when the phase boundary between L1 and L2 disappears in the 

presence of V phase, which is designated as L1=L2+V. Finally, L1=L2=V denotes 

tricritical point where three phases in equilibrium are identical (Zou and Shaw, 2006). 

 

(1) CO2–heavy oil systems 

The miscibility between CO2 and heavy oil cannot be achieved under all reservoir 

conditions (Li, 2013). Hence, the solubility of CO2 in heavy oil is one of the main 

properties during CO2-assisted EOR processes. Sayegh et al. (1990) reported that the 

solubility of CO2 in Lindbergh heavy oil with molecular weight of 490.0 g/mol decreases 

when the temperature increases from 294.15 to 413.15 K. It was also indicated that the 

mass transfer was mainly occurred by the condensation of CO2 into the oil phase, while a 

minor amount of extraction of hydrocarbon was transferred into the CO2 phase.  

Castellanos Díaz et al. (2011) predicted the saturation pressures of CO2–Athabasca 

bitumen systems at elevated temperatures with a good accuracy as plotted in Figure 2-9a. 

It is indicated that saturation pressure increases with temperature at a given CO2 

concentration, while it also increases with increased CO2 concentration at a given 

temperature. In addition, the liquid–liquid (L1L2) two phase equilibria are observed at 

25ºC. A complete pressure–composition phase diagram of CO2–Athabasca bitumen at 

25ºC was then provided as shown in Figure 2-9b, where the L1L2 two-phase equilibrium 

exists in a wide region at high pressures when CO2 concentration is larger than 10 wt%. 

It is worthwhile nothing that the measured three-phase equilibrium (L1L2V) cannot be 

theoretically predicted, since the predicted light phase is almost pure carbon CO2.
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(a) 

 
(b) 

 

 

 

 

Figure 2-9 Phase behaviour of CO2–Athabasca bitumen systems: (a) saturation pressures 

and (b) complete phase boundaries. Symbols denote measured data and lines denote 

predicted data (Castellanos Díaz et al., 2011)  
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The formation of the second liquid phase could impose a significant impact on 

recovery processes. The CO2-rich liquid phase may be directly drained into production 

wells without diluting heavy oil due to its lower density and viscosity in VAPEX 

processes (Badamchi–Zadeh et al., 2009b). For CO2–light oil systems, high displacement 

efficiency may be achieved with three-phase behaviour (Orr et al., 1981; Orr and Silva, 

1983). Moreover, the relative permeability curves can be altered in the presence of the 

second liquid phase (Badamchi–Zadeh et al., 2009b). 

 

(2) Alkane solvent(s)–CO2–heavy oil systems 

Addition of alkane solvent(s), e.g., C3H8 and n-C4H10, to the CO2 stream has gradually 

seen its applications in various EOR processes, e.g., gas flooding and VAPEX processes. 

Li et al. (2012) experimentally determined the IFTs of CO2–heavy oil, C3H8–CO2–heavy 

oil, n-C4H10–CO2–heavy oil, and C3H8–n-C4H10–CO2–heavy oil systems, respectively. 

The IFT between CO2 and heavy oil is found to be obviously reduced with the addition 

of C3H8 and/or n-C4H10 to the CO2 stream. Such reduction results in an increase in 

capillary number, and thus enhances the heavy oil recovery. Talbi et al. (2008) 

conducted a series of experiments to determine the oil recovery for VAPEX process. It is 

suggested that the solvent mixtures of CH4/C3H8 and CO2 be able to perform much better 

than pure CO2 in ultimate oil recovery since the swelling factor and viscosity reduction 

are enhanced in the presence of alkane solvent(s). 

L1L2V phase equilibrium can also be observed in alkane solvent(s)–CO2–heavy oil 

systems under reservoir conditions (Badamchi–Zadeh, 2009b; Li et al., 2013b). The 

addition of alkane solvent of C3H8 or n-C4H10 in CO2 stream tends to expand the L1L2V 

three-phase coexistent region in a p–T diagram. Compared to CO2–heavy oil systems, the 
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L1L2V envelope is found to be located at the region of higher temperatures and lower 

pressures (Li et al., 2013b).  

 

2.4 Summary 

A comprehensive literature review on heavy oil characterization, CO2-assisted EOR 

processes, and phase behaviour of alkane solvent(s)–CO2–water heavy oil systems has 

been performed. The following summary can be made: 

(1) Heavy oil is a complex multi-component mixtures mainly consisting of 

hydrocarbons, for which it is difficult to perform a quantitatively laboratorial 

analysis. Therefore, characterization techniques are required to describe heavy oil 

by splitting plus fraction, assigning properties, and lumping pseudocomponents; 

(2) Miscibility between CO2 and heavy oil cannot be achieved under reservoir 

conditions. The immiscible CO2-assisted processes are the dominant EOR 

techniques applied to recover heavy oil in hydrocarbon reservoirs, where other 

EOR processes are not applicable; 

(3) Mutual solubility between water and CO2 cannot be neglected in practical 

applications. Compared to CO2, the solubility of alkane solvent (e.g., CH4 and 

C2H6) in pure water is limited. Moreover, it decreases with an increase in carbon 

number of hydrocarbons; 

(4) Solubility of CO2 in heavy oil decreases with an increase in temperature at a 

given pressure. Saturation pressure of CO2–heavy oil systems increases with an 

increase in temperature at a given CO2 content; and 
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(5) The IFT reduction, swelling effect, and viscosity reduction associated with EOR 

mechanism can be enhanced by adding alkane solvent(s), e.g., C3H8 and n-C4H10, 

to the CO2 stream. As such, complex phase behaviour of L1, L1V, L1L2, and 

L1L2V equilibria occurs for CO2–heavy oil and alkane solvent(s)–CO2–heavy oil 

systems.  
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CHAPTER 3    DETERMINATION OF MUTUAL SOLUBILITY 

BETWEEN CO2 AND WATER BY USING PENG–

ROBINSON EQUATION OF STATE WITH 

MODIFIED ALPHA FUNCTION AND BINARY 

INTERACTION PARAMETER 

 

3.1 Introduction 

In this chapter, techniques have been developed to determine mutual solubility between 

CO2 and water by using the PR EOS with a modified alpha function and a new BIP 

correlation in the presence and absence of hydrocarbon (Li and Yang, 2013). More 

specifically, on the basis of the International Association for the Properties of Water and 

Steam Formulation 1995 (IAPWS-95) (Wagner and Pruß, 2002), a new alpha function 

for water component is correlated by more extensively predicting the water vapour 

pressure in the full temperature range of 273.16 to 647.10 K. In addition, 193 

experimental data points of CO2 solubility in water available in the literature at 

temperatures from 273.15 to 448.15 K have been collected and included in the database 

to generate the temperature-dependent BIP correlation for CO2–water pair in the aqueous 

phase. The newly developed alpha function for water can also be used to accurately 

compute the non-aqueous phase compositions of CO2–water systems. Then, the ternary 

CH4–CO2–water systems are introduced to further examine the newly developed alpha 

function together with the BIP correlations by respectively predicting the mole fractions 

of CO2 and CH4 in the aqueous phase at 344.15 K. 
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3.2 Mathematical Formulation 

3.2.1 PR EOS 

Due to its wide application in the petroleum and chemical industries, the PR EOS is 

chosen as the primary EOS in this study. The methodology discussed here will also be 

applicable to the Soave–Redlich–Kwong EOS (SRK EOS) (Soave, 1972). The PR EOS 

is expressed as follows (Peng and Robinson, 1976b), 

 
M M M M( ) ( )

RT a
p

V b V V b b V b
 

     [3-1] 

 ca a   [3-2] 

 
2 2
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where p is pressure in MPa, T is temperature in K, MV  is molar volume in m3/kmol, R is 

universal gas constant,   is the alpha function which can be formulated in various 

expressions discussed later, Tc and pc are critical temperature in K and pressure in MPa, 

respectively. 

For a mixture system, the following van der Waals’ mixing rule (Edmister and Lee, 

1984) is used to calculate the parameters a and b in Equation [3-1],  
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where ix  and jx  are the compositions of the ith and jth substance, respectively, and i j  is 

the BIP between the ith and jth components.  

 

(1) Universal alpha function 

The initial alpha function in Equation [3-1] for predicting the vapour pressure of a pure 

substance is given by Peng and Robinson (1976b), 

   0.5
2

2
PR r1 0.37464 1.54226 0.26992 1 T          [3-7] 

where   is acentric factor, Tr is reduced temperature, the subscript “PR” of   indicates 

the initials who developed the alpha function. It is worthwhile noting that water 

compound is not included in the database to develop Equation [3-7]. Recently, a 

modified alpha function has been proposed by Li and Yang (2011) to more accurately 

predict the vapour pressures of 59 pure substances, e.g., water, CO2, Ar, CH4, C2H6, and 

pure heavy alkanes up to n-tritetracontane (n-C43H88), 
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 [3-8] 

In this study, Equation [3-8] is utilized to determine the parameter a of the non-water 

components (i.e., CO2 and CH4) due to its capability for accurately modeling and 

predicting the reservoir fluids phase behaviour at high pressures and elevated 

temperatures (Li et al., 2013a; b).  
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(2) Alpha function for water 

As recommended by Peng and Robinson (1980), a modified alpha function which can 

accurately reproduce the water vapour pressure, could substantially improve the phase 

equilibrium calculation for aqueous phase. In this study, on the basis of the IAPWS-95 

(Wagner and Pruß, 2002), an exclusive alpha function for water is developed to improve 

its vapour pressure prediction in a wide temperature range.  

According to the IAPWS-95, the equation for computing water vapour pressure is 

updated by Wagner and Pruß (2002) as follows, 

1.5 3 3.5 4 7.5

c
b c 1 2 3 4 5 6

c c c c c c

exp 1 1 1 1 1 1
T T T T T T T

p p d d d d d d
T T T T T T T

                                      
               

[3-9] 

where pb is the vapour pressure of water in MPa, T is temperature in K, critical pressure 

c 22.064 MPap  , and critical temperature c 647.096 KT  . The remaining parameters 

are provided as follows, 

 1 7.85951783d   , 2 1 .84408259d  , 3 11.7866497d   ,   

 4 22.6807411d  , 5 15.9618719d   , 6 1 .80122502d  .   

In this work, the vapour pressure of water calculated from Equation [3-9] is used as 

the benchmark to evaluate the prediction accuracies of various alpha functions 

incorporated in PR EOS thereinafter. It is feasible mainly due to the fact that extensive 

experimental results can be accurately reproduced by Equation [3-9] on the basis of the 

current International Temperature Scale of 1990 (ITS-90), which is the best 

approximation of the thermodynamic temperature within the present experimental 

uncertainties. The detailed information of Equation [3-9] can be found elsewhere 

(Wagner and Pruß, 2002).  
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In terms of Equation [3-9], a more comprehensive alpha function for water is 

correlated by fitting the water vapour pressure with PR EOS in this study. It should be 

noted that the vapour pressure line in the p–T phase diagram of pure water is confined by 

the triple point where Tt = 273.16 K and the critical point where Tc = 647.10 K (Wagner 

and Pruß, 2002). Consequently, the following alpha function, which is not only a 

function of the reduced temperature of water, but also respectively corresponding to the 

triple point and critical point, is rigorously proposed in the full temperature range of 

273.16 to 647.10 K, 

      1

2

2
2

H O, modified 1 2 rw 3 rw 4 rw1 1 1c c T c T c T
         

 [3-10] 

where Trw is the reduced temperature of water, 1 1.00095c  , 2 0 .39222c  , 

3 0 .07294c  , and 4 0.00706c   with the standard errors of 0.00002, 0.00085, 

0.00109, and 0.00023, respectively. The correlated Equation [3-10] coupled with the PR 

EOS for predicting the water vapour pressure yields R2 value of 1.0000, indicating that 

the regression curve perfectly fits the data. The coefficients 1c  to 4c  are regressed by 

using SigmaPlot software (version 11.0). 

In comparison, three alpha functions respectively developed by Peng and Robinson 

(1980), Søreide and Whitson (1992), and Li and Yang (2011), are also applied to 

reproduce the water vapour pressure in the full temperature range. The Peng–Robinson 

(1980) correlation is provided as follows, 

  
2

2
0.5

H O, PR rw1.0085677 0.82154 1 T       [3-11] 

It is previously found that Equation [3-11] provides an improved prediction of water 

vapour pressure in the temperature range of 284.81 to 466.06 K (Søreide and Whitson, 
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1992). Søreide and Whitson (1992) then further modified the alpha function for pure 

water in the following expression, 

    
2

2
3

H O, SW rw rw1 0.4530 1 0.0034 1T T         [3-12] 

It is claimed that Equation [3-12] could predict the water vapour pressure within an 

accuracy of 0.2% at temperatures ranging from 288.15 to 598.15 K. Since water 

component has been included in the database to develop the Li–Yang alpha function (see 

Equation [3-8]), it is also considered in this study as another candidate alpha function 

used for predicting the vapour pressure of water hereinafter.  

 

3.2.2 BIP correlation 

(1) Aqueous phase 

As mentioned previously, two sets of BIPs are required in the PR EOS for modeling the 

aqueous phase and non-aqueous phase compositions, respectively. Compared with 

hydrocarbons, numerous efforts have been made to determine the CO2 solubility in water 

due to its wide industry applications. Herein, it is necessary to clarify that the 

terminology “solubility” used in this work is defined as the mole fraction of the aqueous 

component (i.e., water) in the non-aqueous phase, or the mole fraction of the non-

aqueous component (e.g., CO2 or CH4) in the aqueous phase.  

As tabulated in Table 3-1, 193 experimental data points of CO2 solubility in water 

reported in the literature from 1939 to 2013 at temperatures from 273.15 to 448.15 K and 

pressures up to 100 MPa have been collected to generate a database. Based on this 

extensive database, a new BIP correlation for the CO2–water pair in the aqueous phase 

can be developed and utilized in the PR EOS to accurately determine the aqueous phase 
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Table 3-1 Database for developing the BIP correlation for CO2–water pair in the 

aqueous phase 

Data  

points 
Solubility Unit T, K p, MPa Reference 

29 5.365-38.500 cc/g H2O 323.15-373.15 2.53-70.93 Wiebe and Gaddy, 1939 

42 11.62-41.07 cc/g H2O 285.15-313.15 2.53-50.66 Wiebe and Gaddy, 1940 

1 39.74 cm3/g H2O 298.15 50.66 Wiebe, 1941 

26 0.0038-0.0300 
mole 

fraction 
374.15-393.15 2.33-70.32 Prutton and Savage, 1945 

12 2.102-6.614 g/100g H2O 273.15-298.15 1.01-4.56 Stewart and Munjal, 1970 

7 0.0166-0.0317 
mole 

fraction 
344.15 10.00-100.00 Dhima et al., 1999 

29 0.0080-0.0217 
mole 

fraction 
323.20-353.10 4.05-14.11 Bamberger et al., 2000 

6 0.0156-0.0234 
mole 

fraction 
278.05-283.15 2.00-3.70 Servio and Englezos, 2001 

41 0.00063-0.02944 
mole 

fraction 
298.15-448.15 1.09-17.55 Hou et al., 2013 
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composition. Consequently, 193 BIP values can be optimized in the PR EOS to perfectly 

match the 193 solubility data points. The programming of PR EOS calculation is 

developed by using the MATLAB software (version R2012a). Finally, the following 

polynomial BIP correlation which is a function of the reduced temperature is proposed to 

best fit the optimized BIP values with R2 value of 0.9959, 

 
2

AQ 2 3
CO , modified r r r1.104324 2.040527 1.417707 0.379003T T T      [3-13] 

where 
2

AQ
CO , modified  is the BIP for CO2–water pair in the aqueous phase, Tr is the reduced 

temperature of CO2. The coefficients in Equation [3-13] are regressed by using the 

SigmaPlot software (version 11.0). In comparison, the exponential BIP correlation on the 

basis of limited database developed by Søreide and Whitson (1992) is also used to 

calculate CO2 solubility in pure water, i.e., 

  
2

AQ
CO , SW r r0.31092 0.23580 21.2566exp 6.7222T T       [3-14] 

Both Equation [3-13] and [3-14] are evaluated in terms of their accuracy for predicting 

CO2 solubility in water hereinafter. 

The ternary CH4–CO2–water systems are used to further validate the proposed alpha 

function for water and the polynomial BIP correlation for the CO2–water pair in the 

aqueous phase. It is previously found that the BIP for hydrocarbon–water pair in the 

aqueous phase is dependent on both temperature and the acentric factor of the 

hydrocarbon. Accordingly, the following BIP correlation is used for the CH4–water pair 

(Søreide and Whitson, 1992), 

    
4

AQ 0.1 2
CH , SW r r1.1120 1.7369 1.1001 0.8360 0.15742 1.0988T T         [3-15] 
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where 
4

AQ
CH , SW  is the BIP for CH4–water pair in the aqueous phase, Tr is the reduced 

temperature of CH4. 

 

(2) Non-aqueous phase 

The PR EOS could maintain its high prediction accuracy without performing 

modification to quantify the compositions of non-aqueous liquid/vapour phase of the 

systems containing water. As such, the solubility of water in CO2-rich phase or 

hydrocarbon-rich phase can be determined with a good agreement between the 

experimental measurements and the predicted data. In addition, a constant BIP value for 

either CO2–water pair or CH4–water pair is found to be sufficient to perform the 

composition calculation for non-aqueous phase in the CO2/hydrocarbon–water systems. 

In this study, the BIP constants of 0.1896 (Søreide and Whitson, 1992) and 0.5000 (Peng 

and Robinson, 1976a) are assigned to the CO2–water pair and CH4–water pair, 

respectively. It should also be noted that the BIP for CO2–CH4 pair is set to be 0.1300 

(Dhima et al., 1999) for either non-aqueous phase or aqueous phase.  

Regarding the predicted water vapour pressure and the equilibrium phase 

compositions of the CO2–water systems, the newly developed alpha function and BIP 

correlation are respectively compared with the previous methods. The absolute average 

relative deviation (AARD) is used as the objective function to evaluate the prediction 

accuracy of each method, 

 
cal exp

exp
1

1
AARD

n
i i

i i

X X

n X


   [3-16] 
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where n is the number of data points, cal
iX  is the calculated vapour pressure of water or 

the CO2/CH4 solubility in water, and exp
iX  is the measured data collected from the 

literature. 

 

3.3 Results and Discussion 

3.3.1 Alpha function 

The physical and critical properties of CH4, CO2 and water used in this study are 

tabulated in Table 3-2 (Wagner and Pruß, 2002; Yaws, 2003). As can be seen, water 

containing the hydrogen bond exhibits the distinctive property with a large critical 

temperature and pressure. Hence, it is necessary to modify the attraction term (i.e., the 

parameter a) in the PR EOS to improve the phase equilibrium prediction for water. 

Figure 3-1 plots the vapour pressure of water at the full temperatures from 273.16 to 

647.10 K. The empty circular symbol is calculated from Equation [3-9] for the water 

vapour pressure based on the IAPWS-95, whereas the solid line is calculated from the 

PR EOS with the newly developed alpha function (see Equation [3-10]). As can be seen, 

there exists an excellent agreement between these two curves, indicating that the vapour 

pressure of water can be exactly reproduced by the newly proposed alpha function. 

The newly proposed alpha function and the three other existing alpha functions, i.e., 

the correlations proposed by Peng and Robinson (see Equation [3-11]), Søreide and 

Whitson (see Equation [3-12]), and Li and Yang (see Equation [3-8]) are evaluated and 

compared in this study. These four alpha functions are initially developed on the basis of 

various reduced temperature ranges as listed in Table 3-3. In order to more conveniently 
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Table 3-2 Physical and critical properties of CH4, CO2, and water 

Component 
Molecular 

weight 
Critical 

temperature, K 
Critical pressure, 

MPa 
Acentric 

factor 

CH4 16.04 190.58 4.604 0.011 

CO2 44.01 304.19 7.382 0.228 

Water 18.02 647.10 22.064 0.344 
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Table 3-3 The reduced temperature ranges used in developing each alpha function and 

the corresponding AARDs for predicting vapour pressure of water in the full reduced 

temperature of 0.422–1.000 

α-function Range of Trw AARD in full Trw, % 

Peng and Robinson (1980) 0.422–0.723 1.50 

Søreide and Whitson (1992) 0.422–0.924 1.41 

aLi and Yang (2011) 0.422–1.000 3.41 

This work 0.422–1.000 0.07 

 
Note: 
aLi and Yang (2011) alpha function is developed for predicting vapour pressures 
of 59 pure substances, including the compound of water. 
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Figure 3-1 Vapour pressure of water calculated based on both the IAPWS-95 and PR 

EOS with the modified alpha function for water in this work in the full temperature 

range of 273.16 to 647.10 K  
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analyze the results obtained from different alpha functions, the zoom-in diagrams at the 

low and high temperatures are respectively depicted in Figure 3-2.  

As can be seen in Figures 3-2a and b, the correlation developed in this work yields 

the best match to the curve obtained from the IAPWS-95. The Peng–Robinson 

correlation also has a generally good prediction accuracy with the slightly 

underestimated vapour pressure at a low temperature range of 300–320 K as seen in 

Figure 3-2a, though it is far below the IAPWS-95 curve at a high temperature from 620 

to 640 K as seen in Figure 3-2b. This is attributed to the fact that this alpha function is 

formulated at the limited reduced temperature only up to 0.723 (see Table 3-3). Although 

the alpha function proposed by Søreide and Whitson (1992) can generate a good 

prediction in a higher temperature range of 620–640 K, it yields a relative larger 

deviation compared with this work in a low temperature range. This is attributed to the 

fact that the water vapour pressure data used in the Søreide–Whitson correlation is 

slightly inconsistent with the IAPWS-95. Finally, the recently developed alpha function 

(Li and Yang, 2011) underestimates the water vapour pressure to a large extent at a low 

temperature since hydrocarbons account for the major weight in its regression procedure. 

For quantitatively comparing the prediction accuracy, the AARD is calculated for 

375 temperature points with an increased step of 1.0 K from 273.16 to 647.10 K. As such, 

the AARDs of the previously mentioned four alpha functions for predicting water vapour 

pressure in the full reduced temperature range of 0.422–1.000 can be found in Table 3-3. 

Although the alpha function developed by Li and Yang covers the full temperature range, 

the largest AARD of 3.41% is produced compared with 1.50% from the Peng–Robinson 
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(a) 

 

(b) 

 

 

 

Figure 3-2 Comparison of the calculated vapour pressure of water from different 

correlations in a temperature range of (a) 300–320 K, and (b) 620–640 K, respectively 
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correlation, 1.41% from the Søreide–Whitson correlation (1992) and 0.07% from this 

work, respectively.  

 

3.3.2 BIP correlation 

As can be seen in Table 3-1, the original CO2 solubility data of CO2–water systems, 

covering the wide ranges of temperature and pressure, are included in the database to 

develop the BIP correlation for the CO2–water pair in the aqueous phase. Since the 

collected data from different literatures are not consistent in unit, it is necessary to 

convert the unit to mole fraction of CO2 in the aqueous phase. As such, in terms of the p–

x diagram, distribution of the 193 data points of CO2 solubility in water at various 

isothermal conditions is presented in Figure 3-3, where p is pressure and x is the CO2 

mole fraction in the aqueous phase. Firstly, it can be concluded that the mole fraction of 

CO2 in the aqueous phase increases with pressure at a given temperature, though such an 

increment in solubility is in a small range. Take the data points at 344.15 K as an 

example, the solubility only increases from 0.0166 to 0.0317 when pressure is rapidly 

increased from 10.0 MPa to 100.0 MPa. To account for such a limited increment, most 

of the experiments are conducted at a low-pressure region (see Figure 3-3). Secondly, at 

the isobaric condition, the CO2 mole fraction generally increases with a decrease in 

temperature. At a given pressure of 30.4 MPa, the solubility increases from 0.0232 to 

0.0319 when temperature decreases from 373.15 to 285.15 K. 

Compared with pressure, the solubility is found to have a much stronger dependence 

on temperature as can be seen in Figure 3-4. To more clearly explain this statement, 

some of the experimental data points shown in Figure 3-3 are selected and more clearly 
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Figure 3-3 CO2 mole fractions in the aqueous phase of the binary CO2–water systems at 

the different temperatures   
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Figure 3-4 Relative deviations (RDs) of T (p is fixed) and p (T is fixed) at the same 

solubility change from 0.0213 to 0.0313. RD(p)=(pB-pA)/pA and RD(T)=(TC-TA)/TA
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represented in Figure 3-4 as an example. If the CO2 solubility is supposed to increase 

from 0.0213 (Point A) to approximate 0.0313 (Points B and C), two simple approaches 

can be implemented. One path is from Point A to B corresponding to an isothermal 

process. The pressure increases from 20.0 to 100.0 MPa at a fixed temperature 344.15 K, 

yielding a relative deviation of pressure, RD(p), of 400%. Another path is from Point A 

to Point C corresponding to an isobaric process. The temperature decreases from 344.15 

to 285.15 K at a fixed pressure 20.3 MPa, yielding a relative deviation of temperature, 

RD(T), of only -17%. Therefore, the CO2 solubility is much more sensitive to 

temperature, compared with pressure. Consequently, the developed BIP is considered to 

be a temperature-dependent correlation. 

By means of the PR EOS coupled with the newly proposed alpha function for water, 

an accurate BIP value can be rigorously optimized corresponding to each experimental 

solubility data. As shown in Figure 3-5, the 193 empty circles are obtained by 

respectively best fitting the 193 solubility data points. The multiple BIPs are found to be 

highly concentrated at a single reduced temperature, e.g., there are 10 optimized BIP 

values in a limited range of -0.0785 to -0.0818 at the single reduced temperature of 1.063, 

implying that pressure imposes an extremely weak impact on CO2 solubility in water, 

compared with the temperature. Accordingly, the temperature-dependent BIP correlation 

(i.e., Equation [3-13]) is developed to continuously fit such scattered BIPs (see the solid 

line in Figure 3-5). In addition, the dashed line resulting from the Søreide–Whitson 

correlation (i.e., Equation [3-14]) is also presented for the purpose of comparison. 

Generally, the calculated BIPs are overestimated in a wide range of moderate reduced 
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Figure 3-5 Comparison of the BIP obtained from the experimental solubility, this work 

and Søreide–Whitson correlation (1992), respectively  
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temperature (1.0 < Tr < 1.4) and underestimated in a low reduced temperature (Tr < 1.0), 

respectively. 

 

3.3.3 Mutual solubility 

(1) Aqueous phase 

Both the alpha function for water and the BIP correlation for the CO2–water pair in the 

aqueous phase proposed in this work have been incorporated in the PR EOS to predict 

the CO2 solubility in water-rich phase of the CO2–water system. Also, the BIP 

correlation from Søreide and Whitson (see Equation [3-14]) is coupled with the newly 

developed alpha function for water for comparison purpose.  

As listed in Table 3-4, CO2 solubility data at 27 temperatures ranging from 273.15 to 

448.15 K together with the corresponding AARDs for predicting the CO2 solubility from 

different BIP correlations are presented. As the multiple solubility data points can be 

measured at the same temperature from the literature, the AARD is calculated according 

to Equation [3-16] corresponding to each temperature. It is found that a better accuracy 

can be obtained from the BIP correlation developed in this work at most of the 

experimental temperatures. For instance, the predicted CO2 solubilities obtained from the 

Søreide–Whitson BIP correlation at 273.15, 281.55, 333.20, 353.10, and 398.15 K yield 

large AARDs of 26.93%, 10.42%, 12.39%, 13.40%, and 8.29%, respectively, whereas 

the corresponding AARDs obtained from this work are found to be 15.14%, 0.31%, 

4.68%, 5.19%, and 2.28%, respectively. The Søreide–Whitson correlation shows its 

slightly improved AARDs at some temperatures, e.g., 280.45, 282.55, and 374.15 K. 

Overall, as for the 193 solubility data points, the newly alpha function together with the 
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Table 3-4 AARDs for predicting CO2 solubility in the aqueous phase with the different 

BIP correlations on the basis of the modified alpha function (i.e., Equation [3-10]) 

T, K 
Solubility 

data 
points 

AARD, % 

T, K 
Solubility 

data 
points 

AARD, % 

BIP 
(Søreide and 

Whitson, 1992) 

BIP 
(This work) 

BIP 
(Søreide and 

Whitson, 1992) 

BIP 
(This work) 

273.15 3 26.93 15.14 313.15 9 5.74 4.24 

278.05 1 6.30 6.71 323.15 17 7.82 5.21 
278.15 3 19.84 15.45 323.20 10 11.10 4.35 
280.45 1 2.48 7.91 333.20 10 12.39 4.68 

281.55 1 10.42 0.31 344.15 7 5.69 6.63 

282.55 1 1.96 6.64 348.15 15 8.27 4.41 

283.05 1 9.26 0.01 353.10 9 13.40 5.19 

283.15 4 14.66 11.73 373.15 15 7.20 3.96 

285.15 6 14.74 6.06 374.15 14 6.02 10.52 

285.55 1 34.68 25.26 393.15 12 10.20 12.14 

291.15 7 7.42 4.83 398.15 6 8.29 2.28 

298.15 12 6.30 6.25 423.15 6 5.15 2.86 

304.19 8 4.43 4.98 448.15 6 3.40 3.15 

308.15 8 4.82 5.12     

  Overall 193 8.67 6.12 
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BIP correlation developed in this work has a better reproducibility with an overall 

AARD of 6.12% in comparison with 8.67% from the Søreide–Whitson correlation 

(1992). 

The typical results are graphed in Figure 3-6 to compare the measured and predicted 

CO2 solubility obtained from the proposed BIP correlation and the Søreide and Whitson 

BIP correlation (1992) at temperatures of 285.15, 273.15, 278.15, 323.2, 333.2, 374.15, 

423.15, and 448.15 K, respectively. As can be seen in Figure 3-6a, CO2 solubility in 

water slightly increases with the rapidly increased pressure at the 285.15 K. The model 

developed in this work can be used to more accurately predict the 6 data points with an 

overall AARD of 6.06%, which is far smaller than an AARD of 14.74% obtained from 

the Søreide–Whitson correlation. As can be found from the four isothermal lines 

presented in Figure 3-6b, it is difficult to achieve a higher CO2 solubility at a higher 

temperature. In addition, the techniques developed in this study have achieved a better 

agreement between the experimentally measured and the theoretically predicted 

solubility. Despite of the satisfying overall performance of the technique developed in 

this work as seen in Table 3-4, it is possible that the developed correlation might provide 

the poor prediction for some individual cases. For instance, as shown in Figure 3-6c, 

CO2 solubility data are measured at pressures up to 62.3 MPa. With regard to the 14 data 

points, there exists a larger AARD of 10.52% for the predicted solubility at 374.15 K 

with the techniques developed in this study, compared with an AARD of 6.02% from the 

Søreide–Whitson BIP correlation. A larger deviation in this work occurs at high 

pressures due to the fact that the solubility data at low pressures account for a larger 

proportion in the database to generate the BIP correlation. Furthermore, a fair 
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(a)                                                           (b) 

 
(c)                                                            (d) 

 

 

 

 

 

 

Figure 3-6 Comparison of the measured and predicted CO2 solubility in water-rich phase 

of the binary CO2–water systems with the BIP correlation developed in this work and 

developed by Søreide and Whitson (1992) at (a) 285.15 K, (b) 273.15, 278.15, 323.2, 

and 333.2 K, (c) 374.15 K, and (d) 423.15 and 448.15 K, respectively  



59 
 

performance of the developed technique is also presented in Figure 3-6d, indicating both 

correlations can achieve a relatively accurate prediction at temperatures of 423.15 and 

448.15 K. Finally, it is worthwhile nothing that the overall performance is far more 

important than individual performance from the viewpoint of predictive reliability.  

 

(2) Non-aqueous phase 

Although the newly proposed alpha function for water has been successfully applied to 

predict the aqueous phase composition, it is necessary to validate its application in the 

non-aqueous phase of the binary CO2–water systems. As mentioned previously, a 

constant BIP is sufficient to model the phase behaviour of the non-aqueous phase. In this 

study, the BIP for CO2–water pair is set to 0.1896 as recommended by Whitson and 

Brule (2000). Hou et al. (2013) provided the experimental compositions of the CO2-rich 

phase of the CO2–water systems from 298.15 to 448.15 K, which are plotted in Figure 3-

7 together with the predicted results by using the proposed model in this study. The mole 

fraction of water in the CO2-rich phase is found to increase with either a decrease in 

pressure or an increase in temperature. There exists an excellent agreement between the 

measured and predicted non-aqueous phase compositions. Therefore, the PR EOS with 

the proposed alpha function for water can be used to accurately predict both aqueous 

phase and non-aqueous phase compositions for binary CO2–water systems. 

 

3.3.4 Ternary CH4–CO2–water systems  

The solubility of CO2 in the water-rich phase in the presence of CH4 is further examined 

by introducing the ternary CH4–CO2–water systems. The experimental data are collected 
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Figure 3-7 The measured and predicted non-aqueous phase compositions of the binary 

CO2–water systems at 298.15, 323.15, 348.15, 373.15, 398.15, 423.15, and 448.15 K, 

respectively  
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from Dhima et al. (1999), in which different feeds of CH4–CO2 mixtures are designed to 

respectively determine the CH4 and CO2 solubilities in water. As listed in Table 3-5, 

different feeds of CH4–CO2 gaseous mixtures are charged in the presence of water at 

temperature of 344.15 K and pressures of 10, 20, 50, and 75 MPa, respectively. Although 

the CH4 mole fractions in the gaseous mixtures are various under laboratory conditions, 

they can be reasonably divided into two categories. The CH4 mole fractions of 0.5670, 

0.5700, 0.5850, and 0.5870 in gaseous mixtures are designated as Mixture #1, whereas 

the CH4 mole fractions of 0.8045, 0.8102, 0.8205, and 0.8260 are designated as Mixture 

#2.  

Figure 3-8 presents the experimentally measured and theoretically predicted CH4 and 

CO2 solubilities in water-rich phase of the ternary CH4–CO2–water systems at 344.15 K. 

Note that the solubility of the non-polar compound CH4 in the polar compound of water 

is scarce, compared with that of CO2. For both CH4 and CO2, the solubility increases 

with an increase in pressure at 344.15 K. In addition, it is found that the more CH4 is in 

the dry gaseous mixture (see Mixture #2 in Table 3-5), the more amount of CH4 is 

dissolved in water. Similarly, CO2 solubility in the aqueous phase is increased if CO2 

mole fraction in the dry gaseous mixture is increased. It is also demonstrated that the PR 

EOS together with the proposed alpha function for water and the BIP correlation for the 

CO2–water pair developed in this work is able to accurately predict the CO2 mole 

fraction in the water-rich phase of not only the binary CO2–water system but also the 

ternary CH4–CO2–water system.  
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Table 3-5 Feeds of the CH4–CO2 mixtures prepared for the ternary CH4–CO2–water 

systems (Dhima et al., 1999) 

 

 

 

  

Pressure  

MPa 

CH4 mole fraction in CH4–CO2 mixture 

Mixture #1 Mixture #2 

10 0.5670 0.8045 

20 0.5700 0.8102 

50 0.5850 0.8205 

75 0.5870 0.8260 
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Figure 3-8 The measured and predicted aqueous phase compositions of the ternary CH4–

CO2–water systems at 344.15 K  
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3.4 Summary 

Techniques have been developed to determine mutual solubility between CO2 and water 

by using the PR EOS with a modified alpha function and a new BIP in the presence or 

absence of hydrocarbons. Compared with the existing alpha functions, the modified 

alpha function with a corrected attraction term in the PR EOS is able to more accurately 

reproduce the water vapour pressure in the full temperature range of 273.15 to 647.10 K. 

On the basis of the collected 193 reported solubility data available in the literature, it is 

found that the CO2 solubility in water-rich phase has a stronger dependence on 

temperature, but a weaker dependence on pressure. The proposed temperature-dependent 

BIP correlation coupled with the modified alpha function for the PR EOS results in a 

good prediction of CO2 solubility in water-rich phase with an overall AARD of 6.12% at 

temperatures up to 448.15 K and pressures up to 100 MPa. It is also found that the 

proposed polynomial BIP correlation provides the more accurate prediction in the low 

pressure range since most of the collected solubilities in the database used to generate 

BIP correlation are experimentally measured at low pressures. As for the water solubility 

in CO2-rich phase, a constant BIP value for CO2–water pair is found to be sufficient to 

determine the composition of the non-aqueous phase. An increased water mole fraction 

in the CO2-rich phase is predicted with the increased temperature or the decreased 

pressure. Finally, it is demonstrated that the model is able to accurately predict the CO2 

mole fraction in aqueous phase in the presence of CH4 at 344.15 K.  
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CHAPTER 4    BINARY INTERACTION PARAMETERS OF CO2–

HEAVY-n-ALKANES SYSTEMS BY USING PENG–

ROBINSON EQUATION OF STATE WITH 

MODIFIED ALPHA FUNCTION 

 

4.1 Introduction 

In this chapter, a generalized temperature-dependent BIP correlation has been developed 

for CO2–heavy-n-alkanes binary systems by using the PR EOS with the modified alpha 

function (Li et al., 2014b). More specifically, extensive experimental VLE data points of 

CO2–heavy-n-alkanes mixtures in the temperature range of 277.59–663.75 K and 

pressure range of 0.3–40.9 MPa are collected from literatures, while the heavy-n-alkanes 

are targeted to the carbon number range from C10 to C44. 561 BIPs are respectively tuned 

to best match the experimentally measured data. For a specific n-alkane at a given 

temperature, the pressure effect on BIP is taken into account to obtain an optimized BIP 

value. Consequently, a BIP correlation as a function of both the reduced temperature of 

CO2 and acentric factor of n-alkane is developed by using the regression technique. 

Finally, it is demonstrated that the newly developed BIP correlation can also be well 

incorporated in the PR EOS with two original alpha functions. 

 

4.2 Mathematical Model 

The detailed mathematical formulations of the PR EOS and van der Waals’ mixing rule 

can be found in CHAPTER 3. The modified alpha function as expressed in Equation [3-8] 

is applied to develop the BIP correlation in this work. In addition to such modified alpha 
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function, the alpha functions originated by Peng and Robinson (1976b) and Robinson 

and Peng (1978) are also respectively used to validate the developed BIP correlation. 

 

4.3 BIP 

4.3.1 Database 

As listed in Table 4-1, 561 experimental VLE data points of CO2–heavy-n-alkanes 

systems at temperatures from 277.59 to 663.75 K have been collected from the literature 

to generate the extensive database. The collected data can be in various types, e.g., 

bubble point, solubility, and liquid phase composition at liquid–vapour equilibrium, 

whereas all of them can be ascribed to saturation pressures of CO2–n-alkanes systems 

with given compositions at the given temperatures with the purpose of modeling.  

A series of heavy-n-alkanes are included with carbon number range of C10–C44, 

among which the system of CO2–n-C20H42 accounts for the largest proportion providing 

125 VLE data points at 12 various isotherms. The highest pressure of 40.9 MPa and the 

lowest pressure of 0.3 MPa are associated with the mixtures of CO2–n-C28H58 at 423.20 

K and CO2–n-C10H22 at 277.59 K, respectively. Furthermore, the physical and critical 

properties of n-alkanes as well as CO2 are tabulated in Table 4-2, which are consistent 

with those used in the previous work (Li and Yang, 2011). Compared to n-alkanes, CO2 

has a higher critical pressure and a lower critical temperature which is attributed to the 

fact that the molecular sizes and structures as well as energetic interactions of CO2 and 

n-alkanes are highly asymmetric. It also implies that the nonzero BIPs are required for 

phase behaviour calculation of CO2 and heavy-n-alkanes pairs.   
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Table 4-1 Database for CO2–heavy-n-alkanes systems 

n-alkane 
Chemical 
formula 

T, K 
p, 

MPa 
NIa NDPb Reference 

n-decane n-C10H22 277.59-583.65 0.3-18.9 12 104 
Reamer and Sage, 1963; 

Sebastian et al., 1980 

n-tetradecane n-C14H30 344.30 11.0-16.4 1 18 Gasem et al., 1989 

n-hexadecane n-C16H34 463.05-663.75 2.0-5.1 4 16 Sebastian et al., 1980 

n-nonadecane n-C19H40 313.15-333.15 0.9-8.0 2 35 Fall et al., 1985 

n-eicosane n-C20H42 310.15-573.35 0.5-34.5 12 125 

Sato et al., 1998; 
Huie et al., 1973; 

Gasem and Robinson, 1985; 
Huang et al., 1988 

n-heneicosane n-C21H44 318.15-338.15 0.9-7.9 2 26 Fall et al., 1985 

n-docosane n-C22H46 323.15-473.20 0.9-37.3 7 73 
Sato et al., 1998; 

Fall and Luks, 1984 

n-tetracosane n-C24H50 373.15-573.15 1.0-38.5 6 34 Tsai and Yau, 1990 

n-octacosane n-C28H58 348.20-573.45 0.8-40.9 6 47 

Sato et al., 1998; 
Gasem and Robinson, 1985; 

Huang et al., 1988 

n-dotriacontane n-C32H66 348.15-573.15 0.9-7.3 5 51 
Fall and Luks, 1984; 
Tsai and Yau, 1990 

n-hexatriacontane n-C36H74 373.20-423.20 0.5-8.7 2 18 Gasem and Robinson, 1985 

n-tetratetracontane n-C44H90 373.20-423.20 0.5-7.1 2 14 Gasem and Robinson, 1985 
 

aNI: number of isotherms 
bNDP: number of measured data points  
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Table 4-2 Physical and critical properties of CO2 and n-alkanes 

Component 
Molecular 

weight 
pc, kPa Tc, K   

CO2 44.0 7377.5 304.1 0.2238 

n-C10H22 142.1 2110.0 617.7 0.5381 

n-C14H30 198.1 1570.0 693.0 0.6442 

n-C16H34 226.2 1400.0 723.0 0.7167 

n-C19H40 268.2 1160.0 755.0 0.8624 

n-C20H42 282.2 1080.0 768.0 0.8867 

n-C21H44 296.2 1027.1 776.6 0.9350 

n-C22H46 310.2 991.0 786.0 0.9579 

n-C24H50 338.2 871.0 800.0 1.0509 

n-C28H58 394.3 744.0 824.0 1.1702 

n-C32H66 450.3 578.8 852.8 1.2946 

n-C36H74 506.4 472.0 872.0 1.4243 

n-C44H90 618.4 339.1 899.0 1.5878 
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For a given n-alkane, multiple data points can be found corresponding to an isotherm 

as indicated in Table 4-1. The BIP in the PR EOS with the modified alpha function is 

tuned to best match saturation pressure for each experimental data point via a trial-and-

error approach. Normally, three approaches can be used to calculate saturation pressure 

of the CO2–n-alkane mixture, i.e., conducting two-phase flash calculation, performing 

saturation pressure calculation, and examining phase stability. It has been found that the 

last approach, examining phase stability, is reliable and less computationally expensive 

(Whitson and Brule, 2000). The thermodynamic stability of a phase is to determine 

whether a given composition has a lower Gibbs energy by remaining as a single phase 

(i.e., stable) or splitting into two or more phases (i.e., unstable) (Baker et al., 1982).  

In this study, a one-dimensional (1D) search in incremental pressure steps at a 

specific temperature is performed to locate the saturation pressure where the calculated 

phase stability is changed from unstable to stable status. As such, 561 tuned BIPs of 

CO2–heavy-n-alkanes systems are determined to best fit the experimentally measured 

data. The programming of PR EOS calculation is developed by using MATLAB R2012a 

software.  

 

4.3.2 Impact factor analysis 

Although a constant BIP is applicable for certain well-defined pairs, e.g., CO2–C3H8 pair 

and C3H8–n-C4H10 pair, the BIP between CO2 and heavy-n-alkanes can be affected by 

several factors. In this work, effects of three main impact factors (i.e., temperature, 

pressure, and carbon number) have been analyzed. 
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(1) Temperature 

The earliest widely used BIP correlation was proposed for mixtures of paraffins which 

only requires knowledge of critical volume of two pure substances (Chueh and Prausnitz, 

1967). Subsequently, the temperature-dependent BIP correlation was developed to 

significantly improve its predictive capability and accuracy (Stryjek, 1990). To examine 

the effect of temperature on BIP, efforts have been made to screen the extensive 

experimental data to minimize the interference from other factors (i.e., pressure and 

carbon number in this work). Consequently, six n-alkanes of n-C10H22, n-C16H34, n-

C22H46, n-C28H58, n-C32H66, and n-C44H90 at various temperatures are selected (see Table 

4-3). With a given carbon number, e.g., Group #1 of CO2–n-C10H22 system, the pressure 

ranges are approximately similar at six isotherms, which are restricted from 1.3 to 13.8 

MPa. As such, temperature can be considered as the primary factor to impact the BIP 

since both pressure and carbon number are fixed. 

Figure 4-1 presents the variation of BIP with reduced temperature of CO2 based on 

the data listed in Table 4-3. Since BIP is supposed to be a dimensionless parameter, the 

reduced temperature ( r cT T T ) instead of temperature is utilized in Figure 4-1. As 

mentioned previously, each BIP value (i.e., empty symbol) is obtained by best fitting the 

corresponding experimental measurements. Thus, multiple BIPs are presented at a given 

temperature for a specific n-alkane. It is worthwhile noting that the dash lines are only 

used for identification purpose. As can be seen in Figure 4-1a, BIP increases with the 

reduced temperature for both n-C10H22 and n-C16H34. Conversely, an obvious downtrend 

is observed  for n-C22H46 as well as n-C28H58 as indicated in Figure 4-1b. As for the 

heavier n-alkanes of n-C32H66 and n-C44H90, the BIPs are also found to decrease with the 
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Table 4-3 Selected data to analyze the effect of temperature on BIP 

Group 
no. 

n-alkane T, K p, MPa NDP 

1 n-C10H22 

344.26 1.3-12.9 9 
377.59 1.3-13.8 9 
410.93 1.3-13.8 9 
444.26 1.3-13.8 9 
477.59 1.3-13.8 9 
510.93 1.3-13.8 9 

2 n-C16H34 

463.05 2.0-5.1 4 
542.85 2.0-5.1 4 
623.55 2.0-5.1 4 
663.75 2.0-5.1 4 

3 n-C22H46 
323.15 1.0-6.8 12 
348.15 1.0-6.6 17 
373.15 1.0-6.6 10 

4 n-C28H58 
373.35 1.0-5.1 5 
473.45 1.0-5.1 5 
573.45 0.9-5.1 5 

5 n-C32H66 
348.15 0.9-4.9 7 
373.15 1.1-5.0 6 
398.15 1.2-4.9 9 

6 n-C44H90 
373.20 0.9-6.2 6 
423.20 0.8-5.1 6 
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Figure 4-1 Variation of BIP with reduced temperature for CO2–n-alkanes systems (a) n-

C10H22 and n-C16H34, (b) n-C22H46 and n-C28H58, and (c) n-C32H66 and n-C44H90. Lines 

are only used for identification purpose  
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reduced temperature as depicted in Figure 4-1c. In the literature, a U-type temperature 

dependency has been demonstrated for CO2–light-n-alkanes systems (i.e., carbon number 

range is C1–C10) (Kato et al., 1981; Kordas et al., 1994). It has also been reported that 

the minimum of the U-type shifts to the right with an increase in carbon number from C1 

to C10 on a BIP-temperature diagram (Kordas et al., 1994). In this work, such U-type for 

CO2–heavy-n-alkanes systems may partially be observed within the available 

experimental data. Thus, the increasing portion of the U-type is observed in Figure 4-1a, 

while the decreasing portion of the U-type is observed in Figures 4-1b and c. Meanwhile, 

it is also indicated that the minimum of the U-type shifts to the right with an increase in 

carbon number throughout Figure 4-1.  

 

(2) Pressure 

The experimental data need to be appropriately selected to examine the effect of pressure 

on BIP. As tabulated in Table 4-4, twelve groups of n-alkanes are selected for 

comparison from the database. It can be seen that effects from other factors, i.e., 

temperature and carbon number, is reduced since temperature is constant for a given n-

alkane. Consequently, Figure 4-2 plots the variation of BIP with the reduced pressure of 

CO2 for CO2–heavy-n-alkanes systems in terms of data from Table 4-4. In general, the 

BIP range is found to be confined between -0.10 to 0.15 throughout the wide pressure 

range up to 40.9 MPa. It is found that the BIPs tend to remain constant at a higher 

pressure range (p > 12.2 MPa). In a lower pressure range (p < 12.2 MPa), the BIPs for n-

alkanes with larger carbon numbers (e.g., n-C44H90, n-C36H74, and n-C28H58) are found to 

increase with pressure, whereas the BIPs for relatively lighter n-alkanes (e.g., n-C10H22, 
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Table 4-4 Selected data to analyze the effect of pressure on BIP 

Group 
no. 

n-alkane T, K p, MPa NDP 

1 n-C10H22 410.93 1.3-18.6 12 

2 n-C14H30 344.30 11.1-16.4 18 

3 n-C16H34 463.05 2.0-5.1 4 

4 n-C19H40 333.15 0.9-8.0 22 

5 n-C20H42 323.20 0.6-14.8 18 

6 n-C21H44 318.15 1.1-7.8 13 

7 n-C22H46 423.20 12.2-36.6 9 

8 n-C24H50 373.20 9.4-23.9 6 

9 n-C28H58 423.20 0.8-40.9 12 

10 n-C32H66 398.15 0.9-7.2 15 

11 n-C36H74 373.20 0.5-5.9 10 

12 n-C44H90 423.20 0.8-7.1 7 
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Figure 4-2 Variation of BIP with reduced pressure for CO2–n-alkanes systems 
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n-C20H42, and n-C21H44) indicate a weak dependency on pressure. 

Although BIP could be a function of pressure under certain conditions, it has been 

reported that limited improvement can be obtained by using a pressure-dependent BIP 

correlation (Mohamed and Holder, 1987). In addition, the fugacity coefficient derived 

from the PR EOS would be extended into three terms of expressions when the pressure-

dependent BIP is adopted in the PR EOS (Mohamed et al., 1987). Such complex 

calculation also restricts the pressure-dependent BIP correlation to be feasible. Therefore, 

instead of generating a pressure-dependent BIP correlation, effect of pressure is 

considered in the process of BIP optimization for a specific n-alkane at a given 

temperature in this work, which will be discussed later. 

 

(3) Carbon number 

As listed in Table 4-5, two groups of data are selected to examine the effect of carbon 

number on BIP. Group #1 includes carbon numbers of C20, C22, C24, and C28, where 

temperatures are identical (i.e., 373.20 K) and pressures are restricted in the range of 

8.0–26.4 MPa. Meanwhile, Group #2 consists of C20, C22, C28, and C32, where 

temperatures are approximately 373.20 K and pressures are confined in the range of 0.9–

5.5 MPa. Figure 4-3 depicts the variation of BIP with carbon number of n-alkane for 

CO2–n-alkanes systems. It is found that the BIP decreases with carbon number in 

pressure range of either 8.0–26.4 MPa or 0.9–5.5 MPa. Each n-alkane in the database has 

its unique physical and critical properties (see Table 4-2), implying that properties of n-

alkane affect the BIP for pairs of CO2 and alkane homologous series. The dimensionless 

parameter of acentric factor, as a physical property of n-alkane, has been widely used in 
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Table 4-5 Selected data to analyze the effect of carbon number on BIP 

Group 
no. 

n-alkane T, K p, MPa NDP 

1 

n-C20H42 373.20 8.0-26.4 5 

n-C22H46 373.20 9.5-25.8 6 

n-C24H50 373.20 9.4-24.0 6 

n-C28H58 373.20 8.0-22.3 4 

2 

n-C20H42 373.20 1.0-5.5 7 

n-C22H46 373.15 0.9-5.1 9 

n-C28H58 373.20 1.0-5.3 5 

n-C32H66 373.15 1.1-5.0 6 
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Figure 4-3 Variation of BIP with carbon number of n-alkane for CO2–n-alkanes systems. 

Lines are only used for identification purpose  
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developing BIP correlations and also applied in this work. 

 

4.3.3 BIP correlation 

(1) Optimization method 

For a system consisting of CO2 and an n-alkane, multiple fitted BIPs can be obtained by 

the trial-and-error approach for an individual isothermal data since pressure is also an 

impact factor as mentioned previously. For the purpose of regression, an optimized BIP 

is desired to replace multiple BIPs for an isotherm. In this work, pressure is considered 

in the optimization process, and the optimized BIP can be determined by (Kato et al., 

1981), 

 
 

 

fit fit

opt

fit

ij ij
m m

ij

ij
m m
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 [4-1] 

where opt
ij  is the optimized BIP between the ith and jth components at a given 

temperature, fit
ij  is the BIP which best fits the experimental data at the given temperature 

and pressure, m is the number of data points for an isotherm, and  ijf   is a function of 

BIP (Kato et al., 1981), 

    exp cal

ij
ij

p p
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 [4-2] 

where expp  is the experimentally measured saturation pressure and calp  is the 

theoretically calculated saturation pressure by using the PR EOS with the modified alpha 

function.  fit
ijf   in Equation [4-1] is obtained by applying the forward difference of 

Equation [4-2] at ij = fit
ij . As such, the optimized BIP opt

ij  between CO2 and a specific 
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n-alkane at the given temperature is able to not only reproduce the VLE data included in 

database, but also improve the predictability of the VLE data excluded in database. The 

AARD as seen in Equation [3-16] is used as the objective function to evaluate the 

prediction accuracy for saturation pressure. 

 

(2) Regression results 

As aforementioned, the BIP for pairs of CO2 and n-alkanes is dependent on several 

factors, among which temperature and acentric factor are the paramters used in 

developing the BIP correlation. Subsequently, numerous types of formulation (e.g., 

linear, polynomial, logarithmic types or their combinations) have been tested to match 

the optimized BIPs. As a result, the following BIP correlation has been proposed to best 

fit the optimized BIPs with R2 value of 0.91, 
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 [4-3] 

where ij  is the BIP between CO2 (i.e., component i) and n-alkane (i.e., component j), Tri 

is the reduced temperature of CO2, j  is acentric factor of n-alkane. The coefficients 1c  

to 5c  and 1d  to 4d  can be found in Table 4-6, which are regressed by using SigmaPlot 

software (version 11.0).  

Although most of the existing BIP correlations in the PR EOS were developed for 

the mixtures of CO2 and light-n-alkanes (Kato et al., 1981; Graboski and Daubert, 1978; 

Moysan and Paradowski, 1986), Kordas et al. (1994) proposed a BIP correlation for 

mixtures including n-alkanes ranging from CH4 to n-C44H90. In comparison with this 

work, it is also applied in the PR EOS to predict the saturation pressures (Kordas et al., 
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Table 4-6 Coefficient values in Equation [4-3] 

Coefficient Value Coefficient Value 
c1 0.488890 d1 -0.023506 

c2 -0.470802 d2 11.982748 

c3 0.120048 d3 -14.784566 

c4 -3.716653 d4 5.884453 

c5 0.843567   
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1994) which is expressed as follows, 
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r

3
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(0.00651 0.01032 0.01002 )
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 [4-4] 

where ij  is the BIP, Tri is the reduced temperature of CO2, and j  is the acentric factor 

of n-alkane. 

 

4.4 Results and Discussion 

4.4.1 Optimized BIPs 

Pressure is not directly involved in the development of BIP correlation as seen in 

Equation [4-3]; nonetheless, it is considered in the optimization process in this work. For 

a CO2–n-alkane system, a constant BIP is optimized at a given temperature by using 

Equation [4-1]. Another simple optimization method is to minimize the AARD for the 

predicted data points at an isotherm by adjusting the BIP without considering the effect 

of pressure. Compared with such a minimization method, the advantage of the pressure-

associated optimization approach applied in this work is that the predictability for the 

data points out of the database, especially at high pressures, can be significantly 

improved, since a small change in BIP value results in a large variation of the calculated 

saturation pressure at a high pressure. Meanwhile, the disadvantage is that the calculation 

accuracy for certain data points included in the database may be slightly compromised. 

The optimized BIPs for each n-alkane at various isotherms are tabulated in Table 4-7. 

It is worthwhile noting that 16 measured data points collected from Sato et al. (1998) are 
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Table 4-7 AARD for the predicted saturation pressures of CO2–heavy-n-alkanes systems 

with the optimized BIPs from Equation [4-1] and calculated BIPs from Equation [4-3], 

respectively 

n-alkane T, K NDP opt  
AARD, % 
with opt  

cal  
AARD, % 
with cal  

n-C10H22 

277.59 10 0.1016934 12.5 0.1050947 11.2 
310.93 12 0.1093258 5.6 0.1032660 5.5 
344.26 9 0.0965162 4.7 0.1014298 4.5 
377.59 11 0.0928520 2.9 0.0997252 2.5 
410.93 12 0.0924968 1.8 0.0984472 1.8 
444.26 12 0.0941188 1.4 0.0982384 1.2 
462.55 4 0.0993700 0.8 0.0990500 0.9 
476.95 4 0.1010013 0.5 0.1004937 0.6 
477.59 12 0.1015912 1.6 0.1005804 1.8 
510.93 10 0.1217784 2.7 0.1092325 4.0 
542.95 4 0.1423425 0.8 0.1336693 1.1 
583.65 4 0.2530049 1.1 0.2557729 1.0 

n-C14H30 344.30 18 0.0889447 2.7 0.0918168 4.0 

n-C16H34 

463.05 4 0.0519491 0.6 0.0733634 4.4 
542.85 4 0.0600208 1.1 0.0662751 1.5 
623.55 4 0.1344509 0.7 0.1326167 0.7 
663.75 4 0.2459808 0.7 0.2449947 0.7 

n-C19H40 
313.15 13 0.1024050 0.9 0.0941873 4.7 
333.15 22 0.0920899 1.5 0.0920352 1.5 

n-C20H42 

310.15 15 0.1007940 1.4 0.0947379 3.0 
323.15 15 0.0952358 2.3 0.0933809 2.3 
323.20 14 0.0994608 1.3 0.0933756 1.9 
323.25 5 0.1044826 2.1 0.0933702 3.7 
348.15 15 0.0884842 2.7 0.0905697 2.9 
373.15 15 0.0953050 2.7 0.0874691 3.9 
373.20 9 0.0783523 2.0 0.0874626 4.1 
373.45 5 0.0805457 1.5 0.0874300 3.0 
423.20 6 0.0935296 2.3 0.0803106 5.9 
473.15 5 0.0450472 1.2 0.0720855 5.8 
573.35 5 0.0656874 1.8 0.0753846 2.4 

n-C21H44 
318.15 13 0.0952571 1.1 0.0941147 1.2 
338.15 13 0.0854984 2.5 0.0919248 4.2 

n-C22H46 

323.15 14 0.0944662 1.7 0.0934608 1.7 
323.20 4 0.0879991 3.7 0.0934554 11.5 
348.15 18 0.0767207 3.1 0.0906060 7.3 
373.15 11 0.0650222 3.0 0.0874382 10.1 
373.20 8 0.0846731 4.5 0.0874315 3.5 
423.20 9 0.0918702 2.9 0.0800186 7.4 
473.20 9 0.0963237 3.2 0.0711618 9.4 

n-C24H50 

373.15 5 0.0736873 3.4 0.0836547 4.1 
373.20 6 0.0807987 4.8 0.0836469 3.5 
423.20 7 0.0930751 2.2 0.0746771 7.9 
473.15 5 0.0354290 1.8 0.0630240 6.2 
473.20 6 0.0925855 2.7 0.0630107 7.7 
573.15 5 0.0420642 2.0 0.0382849 2.1 
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Table 4-7 AARD for the predicted saturation pressures of CO2–heavy-n-alkanes systems 

with the optimized BIPs from Equation [4-1] and calculated BIPs from Equation [4-3], 

respectively (continued) 

n-alkane T, K NDP opt  
AARD, % 
with opt  

cal  
AARD, % 
with cal  

n-C28H58 

348.20 8 0.0790980 7.1 0.0754447 6.8 
373.20 12 0.0824986 8.8 0.0703632 8.8 
373.35 5 0.0524319 3.3 0.0703306 7.8 
423.20 12 0.0893879 13.6 0.0579661 14.1 
473.45 5 -0.0013787 1.7 0.0417523 8.9 
573.45 5 -0.0072352 1.2 0.0023855 1.4 

n-C32H66 

348.15 11 0.0659967 4.3 0.0568010 4.3 
373.15 15 0.0531666 3.1 0.0507888 3.0 
398.15 15 0.0265084 5.7 0.0442366 8.3 
473.15 5 0.0130094 1.8 0.0217665 2.3 
573.15 5 0.0208285 0.9 -0.0049343 2.8 

n-C36H74 
373.20 10 0.0372613 5.3 0.0327216 5.0 
423.20 8 0.0326698 7.2 0.0212773 6.6 

n-C44H90 
373.20 7 0.0329247 8.6 0.0180980 7.6 
423.20 7 0.0134259 8.4 0.0104320 8.2 

Overall  545  3.4  4.7 
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excluded in the above optimization process, whereas they contribute to evaluate the 

developed BIP correlation discussed later. As can be seen in Table 4-7, the PR EOS 

together with the optimized BIPs has the ability to calculate most of the experimentally 

measured data with AARDs smaller than 5.0%. It is found that two optimized BIPs yield 

compromised accuracy for n-C10H22 at 277.59 K and n-C28H58 at 423.20 K with the 

AARDs of 12.5% and 13.6%, respectively. It is attributed to the fact that the multiple 

tuned BIPs obtained by the trial-and-error approach at various pressures in a wide range 

are highly scattered for an isotherm. Thus, a larger AARD may be produced when 

scattered BIPs are replaced with a constant optimized BIP. In general, the saturation 

pressures calculated with the optimized BIPs have a good agreement with the 

experimentally measured data, yielding an overall AARD of 3.4% for 545 data points.  

 

4.4.2 BIP correlation validation 

The BIP correlation, i.e., Equation [4-3], is developed by performing regression 

technique to best fit the optimized BIP values. The results of the calculated BIPs from 

Equation [4-3] together with the corresponding AARDs for predicting saturation 

pressures can be found in Table 4-7. It can be seen that there is a good agreement 

between the optimized and the calculated BIPs. The three poorest predictions for 

saturation pressures are found for n-C28H58 at 423.20 K, n-C22H46 at 323.20 and 373.15 K, 

and n-C10H22 at 277.59 K, with the respective AARDs larger than 10.0%. Although the 

developed BIP correlation produces large prediction deviations for a few individual data 

points, it is able to provide a satisfying overall AARD of 4.7% for 545 experimental 

points included in the database.  
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As mentioned earlier, 16 measured data points of CO2–n-C20H42 systems collected 

from Sato et al. (1998) are utilized to validate the developed BIP correlation, while the 

correlation proposed by Kordas et al. (1994) is also applied with the purpose of 

comparison. Those data are excluded from the database for developing the BIP 

correlation in both this work and Kordas et al. (1994), enabling the evaluation results to 

be reliable and comparable.  

The measured and predicted saturation pressures of CO2–n-C20H42 systems are 

plotted in Figure 4-4, where the modified alpha function Equation [3-8] (Li and Yang, 

2011) is incorporated in the PR EOS. It can be seen that the experimental saturation 

pressures were measured at temperatures of 323.20, 373.20, and 473.20 K, respectively. 

Saturation pressures widely range from 5.9 to 34.4 MPa, while CO2 mole fraction in the 

mixture varies from 0.50 to 0.93 in an incremental manner at each isotherm. As can be 

seen in Figure 4-4a, there is a good agreement between the measured and predicted 

saturation pressures by using the BIP correlation developed in this work, yielding the 

AARDs of 7.0% and 7.9% at 473.20 and 323.20 K, respectively. Correspondingly, the 

larger AARDs of 18.2% and 20.5% are produced by using the BIP correlation proposed 

by Kordas et al.  

Similar findings are indicated in Figure 4-4b. At a moderate temperature of 373.2 K, 

the more accurate prediction is obtained by the correlation developed in this work with 

AARD of 5.2% for six data points, in comparison to 23.9% predicted by the correlation 

proposed by Kordas et al. Overall, the PR EOS together with Equation [3-8], termed as 

2011 PR EOS, and the newly developed BIP correlation in this work is able to accurately 

predict saturation pressures with an AARD of 6.6% for 16 data points, compared with 
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(b) 

 

Figure 4-4 Comparison of the predicted saturation pressures of CO2–n-C20H42 systems 

by using 2011 PR EOS with the BIP correlations developed in this work and by Kordas 

et al. (1994) at (a) 473.20 K and 323.20 K, and (b) 373.20 K, respectively 
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20.9% from Kordas et al. Furthermore, Figure 4-4 also implies that the obvious 

improvements obtained by this work are mainly found at high pressures. This is ascribed 

to the fact that effect of pressure is considered in the BIP optimization process as 

introduced in Equations [4-1] and [4-2]. Nonetheless, the minimization method without 

considering pressure was applied in the work of Kordas et al. (1994) to optimize the BIP 

at a given temperature. 

Two alpha functions originated by Peng and Robinson (1976b) and Robinson and 

Peng (1978), are widely available in most existing commercial software. As 

aforementioned, the newly developed correlation is also validated by using such original 

PR EOS, i.e., 1976 PR EOS and 1978 PR EOS. As depicted in Figure 4-5, the BIP 

correlations proposed in this work and by Kordas et al. (1994) are respectively 

incorporated in 1976 and 1978 PR EOS to predict the saturation pressures of CO2–n-

C20H42 systems. Compared to results from Kordas et al. (see dash lines), it can be seen 

from Figure 4-5 that this work (see solid lines) is able to more accurately predict 

saturation pressures by using both 1978 PR EOS and 1976 PR EOS, in particularly at 

high pressures. The AARDs of the predicted saturation pressures of CO2–n-C20H42 

systems by using the 2011, 1978, and 1976 PR EOS combined with the BIP correlation 

developed in this work and by Kordas et al. (1994) are respectively tabulated in Table 4-

8. Despite of the minimum overall AARD of 6.6% obtained by applying BIP calculated 

in this work for the 2011 PR EOS, this work has better performance for each PR EOS, 

compared to Kordas et al. approach. It is demonstrated that the developed BIP 

correlation in this work can be flexibly combined with both the modified PR EOS and 

original PR EOS. 
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Table 4-8 AARD of the predicted saturation pressures of CO2–n-C20H42 systems by 

applying the BIP correlations developed in this work and by Kordas et al. (1994) in the 

2011, 1978, and 1976 PR EOS, respectively  

T, K Data points 
AARD, % 

2011 PR EOS 1978 PR EOS 1976 PR EOS 
This work Kordas et al. This work Kordas et al. This work Kordas et al. 

323.2 4 7.9 20.5 8.1 20.6 6.0 21.8 
373.2 6 5.2 23.9 5.3 24.1 6.0 25.6 
473.2 6 7.0 18.2 7.3 18.5 9.1 20.0 

Overall 16 6.6 20.9 6.7 21.1 7.2 22.5 
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(b) 

 

Figure 4-5 Comparison of the predicted saturation pressures of CO2–n-C20H42 systems 

by using 1978 and 1976 PR EOS with the BIP correlations developed in this work and 

by Kordas et al. (1994) at (a) 473.20 K and 323.20 K, and (b) 373.20 K, respectively



91 
 

4.5 Summary 

A generalized temperature-dependent BIP correlation, implicitly considering the 

pressure effect, has been developed for CO2–heavy-n-alkanes binary systems. The 

proposed BIP correlation is able to accurately reproduce 545 measured saturation 

pressure points included in the database with an overall AARD of 4.7%. As for the 16 

saturation pressures excluded in the database of CO2–n-C20H42 systems at temperatures 

of 323.20, 373.20, and 473.20 K, satisfied accuracy has been obtained by applying this 

work in either the modified or original PR EOS, compared with an existing commonly 

used BIP correlation. The overall AARDs for 16 data points are 6.6% (this work) and 

20.9% (Kordas et al., 1994) by using the 2011 PR EOS, respectively. Finally, compared 

with the minimization approach used in BIP optimization process, the pressure-

associated approach is found to be able to significantly enhance the prediction accuracy 

at high pressures.  
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CHAPTER 5    PHASE BEHAVIOUR AND VISCOSITY 

REDUCTION OF CO2–HEAVY OIL SYSTEMS AT 

HIGH PRESSURES AND ELEVATED 

TEMPERATURES 

 

5.1 Introduction 

In this chapter, phase behaviour and viscosity reduction of CO2–heavy oil systems at 

high pressures and elevated temperatures have been measured and predicted (Li et al., 

2014a). More specifically, two feeds of CO2–heavy oil systems are used to perform the 

PVT tests in the temperature range of 323.15 to 362.75 K. The viscosity of the CO2-

saturated heavy oil at 319.15 K is measured via a customized capillary viscometer. The 

volume-translated PR EOS coupled with the modified alpha function is applied to 

determine saturation pressures and swelling factors, respectively.  

As for the oil characterization, both a single- and six-pseudocomponent(s) are 

respectively utilized to represent the heavy oil in this work. An exponential distribution 

function (Pedersen et al., 1989) is used to split a heavy oil sample, while the logarithm-

type lumping method (Danesh et al., 1992) is used to group single carbon numbers into 

multiple pseudo-fractions. A BIP correlation dependent on critical molar volume is 

applied to match the measured saturation pressure by tuning its exponent. As a result, 

more accurate prediction for saturation pressure is achieved by treating heavy oil as six 

pseudocomponents. Finally, the swelling factors can be predicted with a desirable 

accuracy by applying the volume shift technique in the PR EOS. 
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5.2 Experimental 

5.2.1 Materials 

Lloydminster area in Canada contains vast heavy oil resources, from which the heavy oil 

sample used in this work is collected. The molecular weight of heavy oil is measured to 

be 482.0 g/mol with a freezing point depression method, while specific gravity is 

measured to be 0.9997. Table 5-1 lists the compositional analysis of the Lloydminster oil 

sample. CO2 (Praxair, Canada) used in this study has purity of 99.998 mol%. A 

previously proposed two-parameter double-logarithm relation is used to accurately 

reproduce the measured viscosity of the Lloydminster heavy oil at the atmospheric 

pressure and various temperatures (Li et al., 2013a),  

    10 10 10log log 3.7042 log 9.7600T       [5-1] 

where T is temperature in K and   is viscosity in cP. The viscosity of Lloydminster oil 

sample at ambient temperature (i.e., 298.15 K) and pressure (i.e., 101.325 kPa) is 

calculated to be 8477.1 cP. The measured density (  in kg/m3) of the heavy oil at a 

given temperature (T in K) and pressure (p in kPa) is well matched by the following Tait 

equation with R2=0.9999 (Goncalves et al., 2010; Li et al., 2013a),  

 
 

 

3 2784.0044 1.7217 3.3752 10
,

0.001
1 0.0213 6.1774 ln

0.1

T T
T p

B p
T

B


  


     

 [5-2] 

 4 7 1 9 23.7614 10 1.8009 10 2.0605 10B T T        [5-3] 
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Table 5-1 Compositional analysis of the Lloydminster heavy oil 

Carbon No. wt% mol% Carbon No. wt% mol% 

C1 0.000 0.000 C32 1.329 1.310 
C2 0.000 0.000 C33 0.981 0.940 
C3 0.000 0.000 C34 1.083 1.010 
C4 0.000 0.000 C35 1.307 1.180 
C5 0.000 0.000 C36 1.343 1.180 
C6 0.000 0.000 C37 0.917 0.780 
C7 0.000 0.000 C38 0.900 0.750 
C8 0.000 0.000 C39 1.583 1.290 
C9 0.786 2.730 C40 1.600 1.270 

C10 0.844 2.640 C41 0.750 0.580 
C11 1.037 2.960 C42 0.830 0.630 
C12 1.267 3.320 C43 1.380 1.020 
C13 1.817 4.390 C44 0.929 0.670 
C14 1.950 4.380 C45 0.929 0.650 
C15 2.300 4.830 C46 0.700 0.480 
C16 2.143 4.220 C47 0.833 0.560 
C17 2.286 4.240 C48 0.792 0.530 
C18 2.238 3.920 C49 0.792 0.510 
C19 2.048 3.400 C50 0.733 0.460 
C20 1.857 2.930 C51 0.750 0.470 
C21 2.071 3.110 C52 0.717 0.440 
C22 1.329 1.910 C53 0.717 0.430 
C23 1.743 2.390 C54 0.683 0.400 
C24 1.571 2.070 C55 0.650 0.370 
C25 1.714 2.170 C56 0.650 0.370 
C26 1.600 1.950 C57 0.667 0.370 
C27 1.583 1.850 C58 0.667 0.360 
C28 1.650 1.860 C59 0.667 0.360 
C29 1.452 1.580 C60 0.767 0.410 
C30 1.281 1.350 C61+ 35.397 14.600 
C31 1.390 1.420 Total 100.000 100.000 
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5.2.2 Experimental setup 

A mercury-free DBR PVT system (PVT-0150-100-200-316-155, DBR, Canada) is 

employed to perform the experiments. A schematic diagram of the setup can be found in 

Figure 5-1. A pressure–volume–temperature (PVT) cell which is the core component of 

the PVT system equipped in the air-bath has an inner diameter of 3.177 cm and a total 

length of 20.320 cm, while it can sustain pressure up to 69.0 MPa over the temperature 

range of 238.15 to 473.15 K. The air-bath temperature is controlled by using a 

microprocessor-based controller in conjunction with a resistance temperature device 

(RTD) sensor.  

A floating piston in the PVT cell isolates the test fluid from the hydraulic oil, while a 

magnetic mixer is equipped at the bottom of the PVT cell, which is highly favourable to 

sufficiently stir the CO2 and heavy oil mixture by appropriately setting its rotation speed. 

The mixture can be pressurized by moving the isolation piston downward in the PVT cell 

through a high-pressure automatic positive-displacement pump (PMP-0500-1-10-MB-

316-M4-C0, DBR, Canada), and vice versa. Meanwhile, a video-based digital 

cathetometer with a resolution of 0.002 cm allows direct and accurate measurements of 

the injection volume. A vacuum pump is used to remove gas molecules from fluid 

handling tubings and valves. The syringe pumps (500 HP, Teledyne ISCO Inc., USA) 

are employed to provide the driving force. Heavy oil and gaseous CO2 are respectively 

prepared in the transfer cylinders. 

A capillary viscometer is customized to measure the viscosity of the fluid sample. 

The tubing used in capillary viscometer has an inner diameter of 0.069 in (1.753 mm), 

while its length is 3 m (Swagelok, Canada). During each test, the outlet pressure 
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Figure 5-1 Schematic diagram of the experimental setup for conducting PVT 

measurements for the CO2–heavy oil systems  
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of the viscometer needs to be controlled by using a back-pressure regulator (BPR) 

(EB1HP1, Equilibar, USA). The standard viscosity fluid of S20 as well as S60 (Cannon 

Instrument Company, USA) are used to calibrate the customized viscometer. 

Consequently, the Poiseuille equation can be simplified as follows (Li et al., 2013a), 

  14.3671 0.0324
p

T
Q

 
   [5-4] 

where   is viscosity in cP, p  is the pressure difference in kPa, and Q  is flow rate in 

cm3/min. 

 

5.2.3 Experimental procedure 

(1) Saturation pressures and swelling factors 

Various feeds of CO2–heavy oil mixture together with the experimental temperatures 

used in this study are tabulated in Table 5-2. The measurements of saturation pressure, 

volume, and temperature have uncertainties of ±7 kPa, ±1.59×10-2 cm3, and ±0.10 K, 

respectively. 

Firstly, the PVT system including cell and tubing is soaked and flushed by kerosene 

and ethanol, followed by air flushing. Any air trace needs to be removed by using a 

vacuum pump. To minimize the residual air trace, pure gaseous CO2 which is a 

participant component in the following experiment is introduced to thoroughly flush the 

PVT cell and tubings twice. Subsequently, gaseous CO2 is released into the cell until the 

desired cell pressure and piston height are achieved. The mass of CO2 in the PVT cell 

can be determined with the measured volume and the density at the specific pressure and 

temperature. The heavy oil is then displaced into PVT cell in terms of the designed molar 
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Table 5-2 Compositions of CO2–Lloydminster heavy oil systems at experimental 

temperatures 

 

  

Feed 
No. 

CO2  Heavy oil Temperature, K 
wt% mol% wt% mol% 

1 9.86 54.50 

 

90.14 45.50 

323.15 
 343.45 
 362.55 

2 3.43 28.03 
 

96.57 71.97 
323.95 

 348.35 
362.75 
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ratio of Feed #1 (i.e., 54.50 mol% CO2 and 45.50 mol% heavy oil). The actual injected 

oil volume at the specific pressure and temperature needs to be recorded to calculate the 

actual mass of heavy oil in PTV cell. The volume change during the process of fluid 

sample injection is neglected. Subsequently, the air-bath is used to maintain the 

temperature while keeping the mixer rotated at least 12 hours. 

The continuous depressurization method (Badamchi–Zadeh et al., 2009a; Li et al., 

2013a) is applied to measure the saturation pressures of CO2–heavy oil systems with a 

given feed at various temperatures. The mixture is depressurized starting from a liquid 

state at a withdrawal rate of 3 cm3/h. Accordingly, the pressure in PVT cell and the 

mixture volume are simultaneously recorded. Finally, the saturation pressure can be 

found from the p–V relation by locating the inflection point, and the swelling factor can 

be determined by the measured volume at the saturation pressure. To determine another 

saturation pressure and swelling factor for Feed #1 at a different temperature, the air-bath 

is set to the required temperature at least 12 hour prior to a new test. Similar procedure is 

also applied to Feed #2 (i.e., 28.03 mol% CO2 and 71.97 mol% heavy oil). 

 

(2) Viscosity 

The viscosity of CO2-saturated heavy oil is measured at the temperature of 319.15 K 

when the saturation pressure tests for Feed #1 are completed. The procedure can be 

briefly described as follows: cleaning the viscometer by injecting kerosene, ethanol, and 

air in sequence; removing air trace by using the vacuum pump; setting the BPR pressure 

and ensuring it is higher than the saturation pressure of the tested fluids; displacing the 

CO2-saturated heavy oil into the viscometer with a constant flow rate of 200 cm3/h by 
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using the DBR pump; and recording the pressure difference of the viscometer. Finally, 

viscosity can be determined by using Equation [5-4].  

 

5.3 Mathematical Formulation 

5.3.1 Heavy oil characterization 

The naturally occurring crude oil is composed of thousands of different chemical 

compounds (McCain, 1993), which is usually separated into various fractions in terms of 

the range of boiling points of the compounds in the laboratory (Whitson and Brule, 

2000). As listed in Table 5-1, each carbon number in C1 to C60 is determined from the 

compositional analysis. The remaining heavier compounds are assumed to be a plus 

fraction, i.e., C61+. Since it is previously found that the component as heavy as C200 may 

also affect the phase behaviour of heavy oil involved systems (Pedersen et al., 2004), it 

is necessary to further split the plus fraction into SCNs. However, such numerous 

components would be a great challenge to perform phase equilibrium calculation with 

the equation of state. Hence, the SCNs must be appropriately lumped and represented as 

pseudocomponent(s).  

 

(1) Splitting the plus fraction 

The exponential distribution function proposed by Pedersen et al. (1989) is used in this 

study. It was found that, for heavy oil, the carbon number starting at C11 or higher 

exhibits an approximate linear relationship between carbon number and the logarithm of 

its corresponding mole fraction, i.e.,  

 ln i iz A B CN    [5-5] 
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where iz  and iCN  are mole fraction and carbon number of the component i, respectively. 

A and B are constants determined by fitting the experimental data. The molecular weight 

(M) of each extended SCN can be calculated from the following equation (Pedersen and 

Christensen, 2006), 

 14 4i iM CN   [5-6] 

It should be noted that Equation [5-5] needs to satisfy the following mass balance 

equations: 

 
maxCN

i
i CN

z z





   [5-7] 
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 [5-8] 

where z and M  are mole fraction and molecular weight of the plus fraction.  

 

(2) Determination of SCN properties 

The properties of critical temperature (Tc), critical pressure (pc), critical volume (vc), 

acentric factor (w), and Rackett parameter (ZRA) of any individual component need to be 

determined prior to performing the associated EOS calculations, though they are not 

usually available from compositional analysis reports. The most commonly used 

correlations are applied in Lloydminster heavy oil via the following procedure.  

Specific gravity of each SCN is calculated by assuming a constant Watson factor (Kw) 

(Watson and Nelson, 1933; Whitson and Brule, 2000),  

 0.17947 1.18241
w6.0108M K   [5-9] 
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where iz  and iM  are the mole fraction and molecular weight of the ith SCN;  , z+, and 

M+ are specific gravity, mole fraction, and molecular weight of the plus fraction, 

respectively. Boiling point temperature (Søreide, 1989) can be estimated from molecular 

weight and specific gravity as 

  
5 0.03522 3.266

bR

3 3

1928.3 (1.695 10 )

exp 4.922 10 4.7685 (3.462 10 )

T M

M M



 



 

  

       
 [5-11] 

where TbR is normal boiling point at 1 atm in °R. Subsequently, critical properties are 

determined with specific gravity and boiling point temperature by Kesler–Lee 

correlations, which are expressed as (Kesler and Lee, 1976), 

 5 1
cR bR bR341.7 811 (0.4244 0.1174 ) (0.4669 3.2623 ) 10T T T           [5-12] 
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where TcR is critical temperature in °R and pcpsi is critical pressure in psia. Acentric factor 

is assigned to SCN by (Lee and Kesler, 1975; Kesler and Lee, 1976),  
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where A1 = -5.92714, A2 = 6.09648, A3 = 1.28862, A4 = -0.169347, A5 = 15.2518, A6 = 

15.6875, A7 = -13.4721, and A8 = 0.43577. Furthermore, the critical volume is calculated 

from Twu correlations, which needs the critical properties of normal-paraffin 

hydrocarbon (i.e., cPv  and P ) as the precondition (Twu, 1984), 

 
2

v
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1 2

1 2
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 [5-16] 
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 [5-17] 

  2 2
v Pexp 4 1         [5-18] 

where cv  is critical molar volume in ft3/lbm·mol. Finally, Rackett parameter (ZRA) used 

in the volume-translated PR EOS takes the following form (Spencer and Danner, 1972), 

 

2/7
r1/ 1 (1 )

c
RA

c

T
Mp

Z
RT 

    
  
 

 [5-19] 

where Tc is in K, pc is in kPa, and R is universal gas constant. 

 

(3) Lumping SCNs 

It is necessary to group SCNs into appropriate numbers of pseudocomponents while 

preserving the prediction accuracy of the PR EOS model. In addition to treating heavy 

oil as a single pseudocomponent, the SCNs are also lumped into six pseudocomponents 

by using a lumping method based on concentration and molecular weight of SCN. Such 

lumping method requires that summation of the mole fractions times the logarithm of the 

molecular weight ( lni iz M ) should be the same for each pseudo-fraction (Danesh et 
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al., 1992). The following mixing rule (Hong, 1982) is applied to assign properties to the 

lumped pseudocomponent based on properties of each SCN,  

 =

=

u

i i i
i l

j u

i i
i l

z M

z M


 




 [5-20] 

where j  can be any property (e.g., Tb, Tc, Pc, vc, ZRA, M,   or  ) for the jth lumped 

pseudocomponent containing SCNs from l to u; iz  and iM  are the mole fraction and 

molecular weight of the ith SCN. 

The aforementioned splitting and lumping processes for heavy oil characterization 

are skipped if oil sample is characterized as a single pseudocomponent in this study. The 

properties of the heavy oil are directly calculated with Equations [5-11]–[5-19] with the 

measured molecular weight and specific gravity. 

 

5.3.2 PR EOS model 

The PR EOS is selected to describe the phase behaviour of CO2–heavy oil systems due 

to its high prediction accuracy for liquid phase. The detailed formulations of the PR EOS 

together with van der Waals’ mixing rule can be found in CHAPTER 3. The recently 

modified alpha function which can more accurately predict the vapour pressure of both 

non-hydrocarbon and light-heavy hydrocarbon pure substance is applied in this study 

(see Equation [3-8]). 

A BIP correlation which is dependent on critical molar volume has been found to be 

able to provide an accurate prediction of saturation pressures for alkane solvent(s)–CO2–

heavy oil systems (Li et al., 2013c), which is expressed as (Chueh and Prausnitz, 1967) 
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where Vc is critical molar volume in m3/kmol, and   is an adjustable parameter. In this 

study, Equation [5-21] is applied in each of the characterization schemes, i.e., treating 

the oil sample as both a single pseudocomponent and six pseudocomponents by applying 

the aforementioned splitting and lumping methods. The exponent   is tuned to best 

match the measured saturation pressures.  

To calculate the phase boundary of a CO2–heavy oil system at a given temperature, a 

one-dimensional (1D) search in incremental pressure steps at a specific temperature is 

performed to locate the saturation pressure where the calculated phase stability is 

changed from unstable to stable status. The volumetric prediction can be improved by 

introducing the volume translation technique into the PR EOS without affecting the 

calculation of saturation pressures. More specifically, a simple correction term needs to 

be applied to the calculated molar volume from the PR EOS via the following equation 

(Peneloux et al., 1982), 

 *
M M

1

n

i i
i

V V x C


   [5-22] 

where *
MV  is the corrected molar volume, MV  is the original molar volume calculated by 

the PR EOS, Ci is the correction factor for the ith component, and xi is the composition 

of the ith component. A dimensionless parameter of volume shift, is commonly used to 

evaluate the shift of the molar volume, 

 
C

s
b

  [5-23] 
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where s is volume shift, C is volume correction factor, b is van der Waals volume as 

defined in Equation [3-4]. The following correlation is used to determine the correction 

factor (Peneloux et al., 1982), 

  c
RA

c

0.40768 0.29441
RT

C Z
p

 
  

 
 [5-24] 

Consequently, swelling factor can be computed by (Teja and Sandler, 1980)  

 M2

M1(1 )

V
SF

V S


  [5-25] 

where SF is the swelling factor, M1V  is the molar volume of the heavy oil at saturation 

temperature and atmospheric pressure (i.e., 101.325 kPa), M2V  is the molar volume of 

CO2-saturated heavy oil at saturation temperature and saturation pressure, and S is the 

solvent solubility in mole fraction.  

As formulated in Equation [3-16], the AARD is used as the objective function to 

evaluate the prediction accuracy for saturation pressure as well as swelling factor. In this 

case, cal
iX  is the calculated saturation pressure or swelling factor, and exp

iX  is the 

measured saturation pressure or swelling factor.  

 

5.4 Results and Discussion 

5.4.1 Heavy oil properties 

As can be seen in Table 5-3, the heavy oil properties can be easily calculated when the 

heavy oil is treated as a single pseudocomponent where carbon number range and the 

corresponding mole fraction are not required. As for the second characterization scheme,
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Table 5-3 Physical and critical properties of heavy oil pseudocomponent(s) in two 

characterization schemes 

Scheme CN range 
z 

M 
pc, Tc,     Vc, 

m3/kmol 
ZRA 

mol% kPa K 
Single PCa - - 482.0 1265.00 933.66 1.0288 0.9997 1.2460 0.2621 

Six PCs 

C9-C14 20.42 171.2 2048.14 669.16 0.5572 0.7965 0.6789 0.2521 
C15-C18 17.21 233.0 1633.05 744.08 0.7239 0.8427 0.8813 0.2461 
C19-C25 17.98 307.9 1364.95 811.45 0.8811 0.8857 1.0657 0.2433 
C26-C37 16.41 436.4 1136.15 894.83 1.0512 0.9427 1.2507 0.2462 
C38-C66 14.75 694.5 995.86 997.24 1.1889 1.0236 1.3714 0.2670 
C67-C105+ 13.23 1396.5 1066.48 1129.64 1.1983 1.1625 1.3934 0.3537 

Note: 
a PC is the abbreviation of pseudocomponent. 
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i.e., treating the heavy oil as six pseudocomponents (PCs), splitting and lumping are 

conducted as follows. 

Once the molecular weight of the heaviest SCN becomes smaller than its previous 

one, the splitting procedure of plus fraction can be terminated (Ali, 2004). In this study, 

the plus fraction of heavy oil can be extended to the heaviest component C105+. The 

calculated molecular weight of C104 and C105+ are 1452.00 g/mol and 1457.76 g/mol, 

respectively. As shown in Figure 5-2, the linear relationship between natural logarithm 

of SCN’s mole fraction and carbon number starts at C14. The two constants A and B in 

Equation [5-5] regressed from the measured mole fractions of SCNs with carbon number 

between 14 and 60, are calculated to be -2.3985 and -0.0580 with R2 of 0.9501. As such, 

the mole fractions of C61–C104 can be easily determined by extrapolation. It is noted that 

the mole fraction and molecular weight of the heaviest component C105+ are determined 

by applying the mass balance equations (i.e., Equations [5-7] and [5-8]), respectively. 

Figure 5-3 shows variation of the calculated critical temperature, boiling point 

temperature, acentric factor and critical pressure with carbon number, respectively. The 

constant Watson factor Kw is calculated to be 12.04707. 

A lumping method requires that the summation of the mole fractions times the 

logarithm of the molecular weight should be the same for each pseudocomponent 

(Danesh et al., 1992). This lumping method is applied to group the SCNs into six 

pseudocomponents as indicated in Figure 5-2. It can be seen that the carbon number 

from C9 to C105+ are consecutively grouped into six fractions, which are respectively 

assigned as PC #1 to PC #6. The carbon number ranges of PCs #5 and #6 are much 

wider than those of PCs #1, #2, and #3. This is mainly attributed to the fact that the mole 
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Figure 5-2 Splitting and lumping the Lloydminster heavy oil  
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Figure 5-3 Variation of Tc, Pc,  , and Tb of SCN fraction with carbon number for the 

Lloydminster heavy oil  
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fraction shows the logarithm descending with the increasing carbon number. According 

to Equation [5-20], the physical and critical properties of PCs #1–6 are respectively 

calculated based on each SCN and listed in Table 5-3.  

 

5.4.2 Saturation pressures and swelling factors  

The recorded cell pressures and fluid volumes at a specific temperature can be plotted in 

the p–V diagram to locate the bubble point for each PVT test. Taking Feed #2 at 348.35 

K as an example (see Figure 5-4), the bubble point of 3.78 MPa is found at the inflection 

point of the p–V curve. The saturation pressure ( STp ) as well as the volume of CO2-

saturated heavy oil (V2) can be determined. Above the bubble point, the mixture is in one 

liquid phase, where the pressure imposes a weak influence on the liquid volume. Below 

the bubble point, another gaseous phase is generated and coexisted with the liquid phase, 

where the mixture volume is highly sensitive to pressure. It is worthwhile noting that 

effect of non-equilibrium phase behaviour cannot be completely eliminated, though the 

depressurization rate is controlled at 3 cc/h during experimental measurements. Hence, a 

minor increase can be found after the bubble-point appears (see Figure 5-4). This is 

mainly resulted from the non-equilibrium supersaturation of fluids. 

 

(1) Treating heavy oil as a single pseudocomponent 

There are two components involved in the PR EOS calculation when a single 

pseudocomponent represents the heavy oil. The exponent in Equation [5-21] is tuned to 

minimize the AARD for five data points of saturation pressure. It should be pointed out 

that the saturation pressure for Feed #2 at 323.95 K is not included in such tuning 
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Figure 5-4 Measured p–V diagram for Feed #2 (28.03 mol% CO2 and 71.97 mol% heavy 

oil) at 348.35 K  
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process. The variation of AARD with the exponent value is plotted in Figure 5-5. It is 

found that the exponent value of 0.73 yields the minimum AARD, which is applied in 

the PR EOS to compute each data point for Feeds #1 and #2. Figure 5-6 implies that the 

saturation pressure increases with the increased solubility of CO2 in heavy oil and it  

shows an increase trend with the temperature as well when the CO2 solubility in heavy 

oil is a constant. In general, the predicted saturation pressures have a good match with 

the experimental data, including the data point which is not involved in the tuning 

process. The poorest prediction occurs for Feed #1 at 323.15 K, but it satisfies the overall 

minimum AARD for six data points. With the optimized BIP for CO2–heavy oil pair, the 

AARD for Feed #1, Feed #2, and the overall data are 6.82%, 3.73%, and 5.27%, 

respectively (see Table 5-4). 

The heavy oil can be swollen by the dissolution of CO2. Experimentally, it can be 

seen from Figure 5-7 that the measured swelling factors of Feed #1 are larger than those 

of Feed #2 at an arbitrary temperature. This is because that more CO2 is dissolved in 

heavy oil for Feed #1, resulting in a more obvious swelling effect. For a given 

composition, the swelling factor increases slightly with the temperature. Theoretically, 

volumetric behaviour of the CO2–heavy oil system is predicted by the PR EOS with and 

without the volume translation technique, respectively. Table 5-5 provides the volume 

shift for each pseudocomponent used in two characterization schemes. The volume shift 

of CO2 is calculated to be 0.109051. As indicated in Figure 5-7, the swelling factors 

predicted by the PR EOS without volume shift are underestimated for the two feeds. 

Nonetheless, the prediction accuracy can be improved by using the volume shift to the 

PR EOS, though the accuracy is compromised at high temperatures. In general, as shown 
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Table 5-4 Optimal BIP and the corresponding AARD for the predicted saturation 

pressure in two characterization schemes 

Characterization 
scheme 

PC 
No. 

Optimal BIP for 
CO2–PC pair 

AARD, % 
Feed #1 Feed #2 Overall

Single PC - 0.063610 6.82 3.73 5.27 

Six PCs 

1 
2 
3 
4 
5 
6 

0.048902 
0.061932 
0.072215 
0.081368 
0.086825 
0.087780 

5.76 3.37 4.56 
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Table 5-5 AARD for the predicted swelling factor with and without volume shift in two 

characterization schemes 

Characterization scheme PC No. Volume shift, s
AARD, % 

without s with s
Single PC - 0.169314 2.71 1.88 

Six PCs 

1 0.221958 

1.79 1.39 

2 0.253259 
3 0.267820 
4 0.252893 
5 0.143573 
6 -0.310680 
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Figure 5-5 AARD for the predicted saturation pressure versus the exponent in two 

characterization schemes (dotted line is only used for identification)  
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Figure 5-6 Comparison of the measured and predicted saturation pressures when the 

heavy oil is characterized as a single pseudocomponent  
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Figure 5-7 Comparison of the measured and predicted swelling factors when the heavy 

oil is characterized as a single pseudocomponent  
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in Table 5-5, the predicted swelling factors agree well with the measured data with the 

AARDs of 2.71% (without volume shift) and 1.88% (with volume shift), respectively. 

 

(2) Treating heavy oil as six pseudocomponents 

There are seven (pseudo)components in the PR EOS since the heavy oil is characterized 

as six pseudocomponents. An advantage of using Equation [5-21] is that the 7×7 BIP 

matrix can be simultaneously adjusted by tuning one exponent. The performance of each 

exponent in BIP correlation to predict five data points of saturation pressure can be 

found in Figure 5-5. The minimum AARD is obtained when the exponent  equals to 

0.94. The BIPs between CO2 and each pseudocomponent are listed in Table 5-4, while 

the BIPs between pseudocomponents of heavy oil are set to zero due to their similar 

properties (Li et al., 2013c). Figure 5-8 compares the measured and predicted saturation 

pressures when the heavy oil is treated as six pseudocomponents. Compared with the 

characterization scheme of a single pseudocomponent, the AARDs for Feed #1, Feed #2, 

and the overall data are respectively improved to be 5.76%, 3.37%, and 4.56% (see 

Table 5-4). 

The volume shifts for six pseudocomponents are tabulated in Table 5-5, while the 

swelling factors predicted by the equation of sate with and without volume shift are 

plotted in Figure 5-9, respectively. The superiority of applying volume shift can be easily 

observed for Feed #1 which contains a higher CO2 mole fraction in the mixture. As for 

Feed #2, both the results obtained from the PR EOS with and without volume shift are 

qualified to reproduce the measured data. In general, as listed in Table 5-5, the AARD 

for the predicted swelling factor is slightly improved from 1.79% (without volume shift)
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Figure 5-8 Comparison of the measured and predicted saturation pressures when the 

heavy oil is characterized as six pseudocomponents  
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Figure 5-9 Comparison of the measured and predicted swelling factors when the heavy 

oil is characterized as six pseudocomponents  
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to 1.39% (with volume shift). Compared with the characterization scheme of a single 

pseudocomponent, the AARD obviously decreases from 2.71% to 1.79% (without 

volume shift), while it slightly decreases from 1.88% to 1.39% (with volume shift). 

It implies that the characterization scheme of six pseudocomponents is able to provide 

more accurate prediction for not only saturation pressure, but also swelling factor of the 

CO2–heavy oil systems. 

 

(3) Viscosity reduction 

One of the key recovery mechanisms of CO2 EOR is viscosity reduction. The measured 

viscosity of CO2-saturated heavy oil for Feed #1 (54.50 mol% CO2 and 45.50 mol%) at 

319.15 K is depicted in Figure 5-10. A genetic algorithm-based model (Emera and 

Sarma, 2006) is employed to predict the viscosity of CO2-saturated oil at a given 

temperature, where the mole fraction of CO2 is fixed to 54.50 mol% at all temperatures 

(see the dash line in Figure 5-10). It can be seen that the measured viscosity is 

underestimated at 319.15 K. Nonetheless, the curve of the predicted viscosity for CO2-

saturated heavy oil could provide a variation trend of viscosity in a wide temperature 

range. The viscosity of Lloydminster heavy oil at an increasing temperature is also 

predicted and presented in Figure 5-10 (see the solid line). The viscosity of heavy oil is 

found to be significantly reduced by introducing 54.50 mol% CO2 at all temperatures. In 

addition, the oil viscosity reduction due to the dissolution of CO2 is found to be more 

obvious at a lower temperature. 
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Figure 5-10 Viscosity of heavy oil and the CO2-saturated heavy oil of Feed #1 
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5.5 Summary 

The phase behaviour and viscosity reduction of CO2–heavy oil systems are determined at 

high pressures and elevated temperatures. The saturation pressure is found to increase 

with the temperature for a given feed, and increase with the mole fraction of CO2 in the  

system for a given temperature. The modified alpha function is incorporated in the PR 

EOS to provide a good prediction performance. By tuning the exponent of BIP 

correlation, the characterization scheme of treating heavy oil as six pseudocomponents 

yields more accurate prediction for saturation pressure with the overall AARD of 4.56%, 

compared to 5.27% obtained by characterizing heavy oil to be a single pseudocomponent. 

As for the swelling factor, it is found to be insensitive to temperature, whereas it is 

mainly influenced by the content of CO2 in the system. The PR EOS with and without 

volume shift is applied in each characterization scheme. For the scheme of treating heavy 

oil as a single pseudocomponent, the AARD for the predicted swelling factor can be 

improved from 2.71% (without volume shift) to 1.88% (with volume shift). For the 

scheme of treating heavy oil as six pseudocomponents, both scenarios can accurately 

predict the swelling factor with the AARDs of 1.79% (without volume shift) and 1.39% 

(with volume shift), respectively. In summary, the volume translated PR EOS coupled 

with the six pseudocomponents of heavy oil is the most reliable model to reproduce the 

phase and volumetric behaviour of CO2–heavy oil systems. Finally, the viscosity of CO2-

saturated heavy oil is measured to be dramatically reduced compared to heavy oil 

without dissolving CO2.  
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CHAPTER 6    DETERMINATION OF MULTIPHASE 

BOUNDARIES AND SWELLING FACTORS OF 

ALKANE SOLVENT(S)–CO2–HEAVY OIL 

SYSTEMS AT HIGH PRESSURES AND 

ELEVATED TEMPERATURES 

 

6.1 Introduction 

In this chapter, a generalized methodology has been proposed and successfully applied to 

determine multiple phase boundaries (i.e., liquid–vapour (L1V) and liquid–liquid–vapour 

(L1L2V) phase boundaries) and swelling factors of alkane solvent(s)–CO2–heavy oil 

systems at high pressures and elevated temperatures (Li et al., 2013c). More specifically, 

the experimentally measured L1V phase boundaries, L1L2V phase boundaries and 

swelling factors of alkane solvent(s)–CO2–heavy oil systems with 15 feeds in the 

temperature range of 280.45 K to 396.15 K, are used to evaluate the prediction accuracy 

of the PR EOS model with the modified alpha function by treating a heavy oil sample as 

multi-pseudocomponents. The exponents in the two BIP correlations for the alkane 

solvent–pseudocomponent pair and CO2–pseudocomponent pair are respectively tuned to 

fit the experimental saturation pressure data. As a result, six pseudocomponents together 

with BIP expressed as a function of critical volume is selected to be applied in PR EOS 

model to predict L1L2V three-phase boundaries and the swelling factors of alkane 

solvent(s)–CO2–heavy oil systems. In addition, three volume shift strategies, i.e., 

Peneloux et al. (1982) method, Jhaveri and Youngren (1988) method, and Twu and Chan 

(2009) method are examined to compare their efficacy in predicting the swelling factors. 
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6.2 Experimental 

6.2.1 Materials 

The heavy oil sample is collected from the Lloydminster area in Saskatchewan, Canada, 

with the molecular weight and specific gravity of 482 g/mol and 0.9997 g/cm3, 

respectively. The compositional analysis result of the heavy oil is provided in Table 5-1. 

The solvents of CO2, C3H8, and n-C4H10 have purities of 99.998 mol%, 99.99 wt% and 

99.5 wt% (Praxair, Canada), respectively. 

 

6.2.2 Experimental setup 

A mercury-free DBR PVT system (PVT-0150-100-200-316-155, DBR, Canada) is 

employed to perform all the experiments of alkane solvent(s)–CO2–heavy oil systems. A 

schematic diagram of the setup can be found in Figure 6-1. The detailed description of 

the DBR PVT system can be found in CHAPTER 5.  

 

6.2.3 Experimental procedure 

In this study, the alkane solvent(s)–CO2–heavy oil systems with fifteen feeds have been 

measured, each of which is listed in Table 6-1 in terms of both weight percentage and 

mole percentage at various temperatures (Li et al., 2013c). The saturation pressures and 

swelling factors for Feeds #3–14 are measured, while the L1L2V three-phase boundaries 

for Feeds #15–17 are visually determined. The measurements of saturation pressure, 

volume, temperature, and the determination of the mixture’s composition have 

uncertainties of ±7 kPa, ±1.59×10-2 cm3, ±0.10 K, and ±3.0 wt%, respectively, while the 
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Table 6-1 Compositions of alkane solvent(s)–CO2–Lloydminster heavy oil systems with 

fifteen feeds at experimental temperatures 

Feed 

 No. 

Composition, wt% Composition, mol% 

Temperature, K 
C3H8 n-C4H10 CO2 

Heavy 
oil 

C3H8 n-C4H10 CO2 
Heavy 

oil 

3 11.4 0.0 0.0 88.6 58.5 0.0 0.0 41.5 323.85 

4 19.8 0.0 0.0 80.2 73.0 0.0 0.0 27.0 323.85 

5 29.3 0.0 0.0 70.7 81.9 0.0 0.0 18.1 323.85 

6 11.5 0.0 0.0 88.5 58.8 0.0 0.0 41.2 298.85 

7 14.8 0.0 0.0 85.2 65.6 0.0 0.0 34.4 298.85 

8 20.9 0.0 0.0 79.1 74.4 0.0 0.0 25.6 298.85 

9 15.8 0.0 0.0 84.2 67.3 0.0 0.0 32.7 
298.85, 323.15, 348.15, 

396.15 

10 0.0 16.4 0.0 83.6 0.0 62.0 0.0 38.0 
298.85, 323.15, 348.15, 

396.15 

11 0.0 36.2 0.0 63.8 0.0 82.5 0.0 17.5 
298.85, 323.15, 348.15, 

396.15 

12 14.2 5.3 0.0 80.5 55.4 15.8 0.0 28.8 298.85, 348.15, 396.15 

13 10.3 0.0 11.0 78.7 36.2 0.0 38.6 25.2 280.45, 298.85, 318.75 

14 0.0 10.1 7.0 82.9 0.0 34.3 31.7 34.0 
298.85, 318.75, 347.65, 

391.55 

15 0.0 0.0 60.4 39.6 0.0 0.0 94.4 5.6 288.65, 298.65, 304.95 

16 12.3 0.0 35.1 52.6 23.6 0.0 67.2 9.2 288.95, 298.55 

17 0.0 10.1 54.2 35.7 0.0 11.8 83.2 5.0 288.65, 298.65, 308.55 
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Figure 6-1 Schematic diagram of the PVT system used for the alkane solvent(s)–CO2–

heavy oil systems 
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measurement of three-phase boundary has an uncertainty of ±4 kPa. 

The procedure of determining saturation pressure and swelling factor is briefly 

described as follows. As for preparation work, the solvents are compressed to liquid 

phase in the transfer cylinder. The PVT cell and the tubing are cleaned with kerosene, 

flushed with the pure solvent, and finally evacuated. The temperature of the air bath is 

set to the pre-specified value at least for 12 h prior to the experimental measurement. 

Subsequently, the solvent is firstly injected into the PVT cell at a pressure higher than its 

vapour pressure by using the syringe pump (500HP, Teledyne ISCO Inc., USA). If two 

solvents are involved, the solvent with a lower vapour pressure is firstly introduced, 

while its injected volume can be obtained from the digital cathetometer. After turning on 

the magnetic mixer, the heavy oil is then injected to the PVT cell. The volume of the 

heavy oil introduced can be determined by subtracting the solvent volume from the total 

volume. In order to achieve sufficient dissolution, the mixer is kept rotating for 6 h prior 

to further measurement. The mixture is then depressurized starting from a liquid state at 

a withdrawal rate of 3 cm3/h. Finally, saturation pressure can be read from the measured 

diagram of the p–V relation by finding the inflection point, and the swelling factor can be 

determined by measuring the height of the fluid. 

As for determining three phase boundaries, it is found that the excessive CO2 is the 

essential condition to maintain a system at the three-phase equilibrium. Accordingly, a 

CO2–heavy oil mixture (i.e., Feed #15), an n-C4H10–CO2–heavy oil mixture (i.e., Feed 

#16), and a C3H8–CO2–heavy oil mixture (i.e., Feed #17) are experimentally studied by 

performing the following procedure. After completing all the preparation of cleaning, 

evacuating and preheating temperature, a large amount of liquefied CO2 is introduced to 
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the PVT cell followed by turning on the magnetic mixer. Then, the heavy oil sample is 

injected to form Feed #15. Once the mixture has been rocked for 6 h, depressurization in 

PVT cell starts at a relative high pressure at which L1L2 phase equilibrium can be 

observed. As for each minor withdrawn of fluids, it is necessary to take 12 h to obtain a 

stable cell pressure prior to turning off the mixer. Subsequently, the phase equilibrium 

state could be visually observed to be L1L2, L1L2V or L1V equilibrium. As for Feeds 

#16–17, an amount of liquefied C3H8 or n-C4H10 has to be added into the PVT cell 

before heavy oil is injected. The determination procedure of three-phase boundary is 

similar to that of Feed #15. More details can be found elsewhere (Li et al., 2013b). 

 

6.3 Mathematical Formulation 

6.3.1 Heavy oil characterization 

In this study, two to eight pseudocomponents are performed to examine effect of the 

number of pseudocomponents on EOS prediction accuracy with respect to two BIP 

correlations. The detailed description of splitting, assigning properties, and lumping can 

refer to Section 5.3.1 of CHAPTER 5.  

 

6.3.2 PR EOS model 

The phase behaviour of alkane solvent(s)–CO2–Lloydminster heavy oil systems is 

mathematically predicted by using the PR EOS. The detailed formulation of the PR EOS 

can be found in CHAPTER 3, while the modified alpha function is expressed in 

Equation [3-8]. 
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(1) BIP correlations 

In the literature, numerous efforts have been made to develop BIP correlations for 

mixtures (Graboski and Daubert, 1978; Gao, 1992; Kordas et al., 1994). Two BIP 

correlations are widely used when an oil sample is treated as multi-pseudocomponents. 

This is attributed to the fact that the BIP matrix can be regenerated by adjusting only one 

parameter. In this chapter, BIP Correlation #1 is dependent on critical volumes, which 

can be found in Equation [5-21]. The exponent   in such BIP correlation equals to 1.2 

for paraffin–paraffin interaction coefficients as recommended by Oellrich et al. (1981). 

BIP Correlation #2 is expressed as a function of critical temperature in the following 

form (Gao, 1992),  
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  [6-2] 

where cZ  is the critical compressibility factor of a component. The exponent   can be 

adjusted to fit experimental data.  

BIP Correlations #1 and #2 are applied to predict the saturation pressures of alkane 

solvent(s)–CO2–heavy oil systems with 12 feeds (see Feeds #3–14 in Table 6-1), 

respectively. The BIPs between pseudocomponents of heavy oil are set to zero due to 

their similar properties, while the BIPs for CO2–C3H8 pair and CO2–n-C4H10 pair are set 

as 0.135 and 0.130, respectively (CMG, 2011). Moreover, the BIPs for C3H8–n-C4H10 

pair can also be calculated by Equations [5-21] and [6-1], respectively.  
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As for alkane solvent–heavy oil systems (i.e., Feeds #3–12 in Table 6-1), the 

exponent   or   for pairs of alkane solvent and pseudocomponent is tuned to fit the 

measured saturation pressures. Once the exponent   or   is optimized based on the 

measured saturation pressures for Feeds #3–12, they are then directly used to calculate 

the BIPs for alkane solvent–pseudocomponent pairs (i.e., Feeds #13–14 in Table 6-1). 

Meanwhile, the exponents in the two BIP correlations for CO2–pseudocomponent pair 

are to be still tuned to match the experimental saturation pressure data. 

 

(2) Swelling factor calculation 

It is well recognized that a larger swelling factor is favourable to achieve a higher oil 

recovery during the solvent flooding process. The detailed expression of swelling factor 

together with the volume translation technique can be found in Section 5.3.2 of 

CHAPTER 5. In this chapter, the following three volume translation methods are 

evaluated in terms of their accuracy for predicting the swelling factor: Peneloux et al. 

(1982) method, Jhaveri and Youngren (1988) method, and Twu and Chan (2009) method. 

The correlation proposed by Peneloux et al. (1982) is given by Equation [5-24]. Jhaveri 

and Youngren (1988) proposed the following equation to estimate s from molecular 

weight for heavy hydrocarbons, 

 1
e

d
s

M
   [6-3] 

where d and e are 2.258 and 0.1823 for n-alkanes. In addition, the Rackett’s 

compressibility factor ZRA is involved in the Twu and Chan (2009) method to estimate 

the correction factor C as follows, 
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  c
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0.406501 0.260484
RT

C Z
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 [6-4] 

The AARD is also used as the objective function to evaluate the prediction accuracy 

for saturation pressure as well as swelling factor, as expressed in Equation [3-16]. As 

shown in Figure 6-2, a flowchart has been developed to illustrate the methodology 

adopted in this study to accurately model the phase behaviour of alkane solvent(s)–CO2–

heavy oil mixtures by using the PR EOS model. The modeling procedure can be briefly 

described as follows:  

1) Split the plus fraction of heavy oil and lump SCNs to a given number of 

pseudocomponents;  

2) Assign physical and critical properties to each pseudocomponent based on the 

widely-used characterization correlations; 

3) Optimize the two exponents in Equations [5-21] and [6-1] for alkane solvent–

pseudocomponent pair to match the measured saturation pressures of Feeds 

#3–12, respectively; 

4) Optimize the two exponents in Equations [5-21] and [6-1] for CO2–

pseudocomponent pair to match the measured saturation pressures of Feeds 

#13–14, respectively. It should be noted that the optimized exponents in Step 

#3 are applied to calculate the BIPs for alkane solvent–pseudocomponent pair; 

5) Steps #3 and 4 are performed for each number of pseudocomponents with 

consideration of the two BIP correlations, respectively; 

6) Calculate the L1L2V three-phase boundaries for Feeds #15–17 with the 

optimized number of pseudocomponents and the optimized BIP correlation; 
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Figure 6-2 Flowchart for determining two- and three-phase boundaries as well as 

swelling factors of alkane solvent(s)–CO2–heavy oil systems with 15 feeds 
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7) Evaluate three volume translation strategies in terms of the swelling factor 

prediction for Feeds #3–14 with the selected number of pseudocomponents and 

the optimized BIP correlation. 

 

6.4 Results and Discussion 

6.4.1 Heavy oil characterization 

The detailed results of splitting heavy oil and assigning properties to each SCN can be 

found in Section 5.4.1 of CHAPTER 5. In this chapter, two to eight pseudocomponents 

are grouped with the Hong’s mixing rule (see Equation [5-20]). The calculated physical 

and critical properties of each pseudocomponent in different lumping schemes (i.e., two 

to eight pseudocomponents) are tabulated in Table 6-2. It should be noted that the value 

of lni iz M  for each lumped group cannot be equal to one another perfectly due to the 

discontinuity of carbon numbers. 

 

6.4.2 Performance of BIP correlations  

As for each lumping scheme, the exponent in either Equations [5-21] or [6-1] is tuned 

twice, i.e., one for alkane solvent–pseudocomponent pair based on the saturation 

pressure data of Feeds #3–12, and the other for CO2–pseudocomponet pair based on the 

saturation pressure data of Feeds #13–14. As a result, the optimal exponents in each 

lumping scheme are listed in Table 6-3. To account for the large physical and chemical 

difference between CO2 and hydrocarbon pseudocomponent, it can be seen that the 
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Table 6-2 Physical and critical properties of each pseudocomponent in different lumping 

schemes 

No. 
of PCsa 

z 
M 

pc, Tc, 
      Tb, 

K 
Vc, 

m3/kmol 
ZRA 

mol% kPa K 

2 
55.61 248.4 1629.22 752.84 0.747 0.8487 579.66 0.9060 0.2465 

44.39 1005.5 1060.48 1045.12 1.166 1.0791 865.64 1.3586 0.3076 

3 

37.63 204.4 1824.77 709.48 0.647 0.8213 533.68 0.7878 0.2489 

33.61 375.6 1242.19 855.78 0.972 0.9159 688.69 1.1649 0.2447 

28.76 1139.3 1041.68 1080.74 1.194 1.1114 897.89 1.3847 0.3220 

4 

29.47 188.6 1921.40 691.15 0.606 0.8100 514.44 0.7376 0.2502 

26.14 291.5 1418.76 797.28 0.848 0.8766 626.64 1.0272 0.2438 

23.75 492.4 1092.30 920.58 1.091 0.9621 756.13 1.2877 0.2499 

20.64 1248.9 1045.38 1104.20 1.202 1.1346 917.59 1.3922 0.3350 

5 

20.42 171.2 2048.14 669.16 0.557 0.7965 491.56 0.6789 0.2521 

23.54 245.6 1580.16 756.37 0.753 0.8504 582.96 0.9158 0.2454 

20.24 356.0 1258.00 846.16 0.957 0.9088 678.75 1.1501 0.2435 

18.95 577.7 1035.01 957.25 1.145 0.9903 792.99 1.3363 0.2562 

16.85 1317.0 1053.21 1116.75 1.202 1.1480 927.49 1.3936 0.3435 

6 

20.42 171.2 2048.14 669.16 0.557 0.7965 491.56 0.6789 0.2521 

17.21 233.0 1633.05 744.08 0.724 0.8427 569.84 0.8813 0.2461 

17.98 307.9 1364.95 811.45 0.881 0.8857 641.79 1.0657 0.2433 

16.41 436.4 1136.15 894.83 1.051 0.9427 729.94 1.2507 0.2462 

14.75 694.5 995.86 997.24 1.189 1.0236 831.43 1.3714 0.2670 

13.23 1396.5 1066.48 1129.64 1.198 1.1625 937.02 1.3934 0.3537 

7 

16.04 162.1 2123.91 656.87 0.531 0.7889 478.89 0.6470 0.2531 

13.43 212.4 1739.30 721.99 0.673 0.8290 546.41 0.8191 0.2476 

14.49 259.8 1515.98 770.67 0.786 0.8594 598.19 0.9560 0.2445 

15.45 336.9 1292.90 833.51 0.931 0.9002 665.33 1.1215 0.2432 

14.65 467.1 1103.37 910.88 1.079 0.9543 746.55 1.2783 0.2478 

13.81 741.5 989.31 1010.49 1.199 1.0354 843.56 1.3789 0.2720 

12.13 1422.9 1071.89 1133.49 1.196 1.1670 939.70 1.3929 0.3572 

8 

16.04 162.1 2123.91 656.87 0.531 0.7889 478.89 0.6470 0.2531 

13.43 212.4 1739.30 721.99 0.673 0.8290 546.41 0.8191 0.2476 

11.56 253.5 1539.29 764.89 0.772 0.8557 592.01 0.9400 0.2448 

12.41 308.5 1359.07 812.54 0.884 0.8863 642.97 1.0694 0.2432 

12.18 391.7 1190.43 870.13 1.006 0.9250 704.18 1.2050 0.2441 

11.94 526.6 1054.22 938.90 1.124 0.9752 775.16 1.3198 0.2516 

11.59 833.9 984.56 1033.57 1.212 1.0570 863.95 1.3887 0.2823 

10.85 1450.6 1078.27 1137.18 1.194 1.1716 942.12 1.3923 0.3609 
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Table 6-3 Optimal exponents in two BIP correlations for each lumping scheme 

No. of PCs 2 3 4 5 6 7 8 

  

Alkane solvent–PC pair 
in Feeds #3–12 0.918 0.973 0.980 0.985 0.992 0.990 0.991 

CO2–PC pair 
in Feeds #13–14 

1.407 1.468 1.500 1.514 1.521 1.524 1.529 

  

Alkane solvent–PC pair 
in Feeds #3–12 0.374 0.362 0.365 0.368 0.372 0.372 0.372 

CO2–PC pair 
in Feeds #13–14 

0.811 0.873 0.901 0.912 0.919 0.921 0.923 
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exponents for CO2–pseudocomponent pair are far larger than that for the alkane solvent–

pseudocomponent pair in all lumping schemes. 

The AARD in predicting saturation pressure by applying the previously optimized 

exponents can be plotted as a function of the number of pseudocomponents (see Figure 

6-3). Figure 6-3a plots the calculation accuracy for alkane solvent(s)–heavy oil systems 

(i.e., Feeds #3–12), alkane solvent(s)–CO2–heavy oil systems (i.e., Feeds #13–14), and 

all systems (i.e., Feeds #3–14) by using BIP Correlation #1, respectively. In general, the 

AARD decreases with the increased number of pseudocomponents. The minimum 

AARD of 5.06% is obtained with eight pseudocomponents for all the systems. As for 

BIP Correlation #2 (see Figure 6-3b), the prediction accuracy for both Feeds #3–12 and 

overall Feeds #3–14 is found not to be improved by increasing the number of 

pseudocomponents with an unexpectedly minimum AARD of 5.52% obtained from two 

pseudocomponents, though monotone decreasing trend is observed for Feeds #13–14. 

Overall, BIP Correlation #1 yields more accurate results in any lumping scheme than 

BIP Correlation #2 for predicting the saturation pressure of all feeds. 

As indicated in the flowchart, the optimum scheme will be further used to calculate 

the swelling factors and three-phase boundaries. Although eight pseudocomponents with 

BIP Correlation #1 produces the most accurate results, AARD is improved only slightly 

when more than five pseudocomponents are applied as seen in Figure 6-3a. With 

consideration of saving computing time without compromising the prediction accuracy, 

six pseudocomponents with BIP Correlation #1, which generates the total AARD of 

5.07%, is selected to perform further calculations hereafter.  
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(a) 

 

(b) 
 
 
 
 
 

Figure 6-3 Variation of AARD% versus the number of pseudocomponents with the 

optimal exponents in (a) BIP Correlation #1 and (b) BIP Correlation #2  
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6.4.3 Evaluation of volume translation methods  

The molar volume ( M1V ) of the heavy oil at saturation temperature and atmospheric 

pressure (i.e., 101.3 kPa) can be obtained by conducting single phase calculation, while 

the molar volume ( M2V ) of solvent(s)-saturated heavy oil at saturation temperature and 

saturation pressure can be obtained when conducting the saturation pressure calculation. 

It should be noted that the involvement of correction factor imposes no impacts on phase 

equilibrium calculation results. As previously mentioned, the volume shifts used in EOS 

calculation are calculated by three strategies, i.e., Peneloux et al. (1982), Jhaveri and 

Youngren (1988), and Twu and Chan (2009) methods. The calculated volume shifts as 

well as AARDs of the calculated swelling factor can be found in Table 6-4. Overall, the 

Peneloux et al. correlation is found to be the most accurate one for predicting swelling 

factors with an overall AARD of 2.09% in comparison to the other two methods. It is 

worthwhile noting that the Twu and Chan method also has a strong prediction capacity 

with overall AARD of 2.41%. 

 

6.4.4 Saturation pressures and swelling factors 

(1) C3H8–heavy oil system with Feeds #3–9 

The exponent   in BIP Correlation #1 is found to be 0.992 for alkane solvent–

pseudocomponent pair as shown in Table 6-3 when the heavy oil is characterized with 

six pseudocomponents. Figure 6-4 presents the measured and predicted saturation 

pressures and swelling factors as a function of mole fraction of C3H8 at the temperature 

of 323.85 K and 298.85 K, respectively. As can be seen, the saturation pressure increases 
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Table 6-4 AARD of the predicted swelling factors and the calculated volume shifts with 

three volume shift strategies 

Volume shift, s 

  

Peneloux 
et al. 

(1982) 

Jhaveri and 
Youngren 

(1988) 

Twu and 
Chan 

(2009) 

PC 

#1 0.22196 0.11575 0.04405 

#2 0.25326 0.16407 0.07526 

#3 0.26782 0.13002 0.08978 

#4 0.25289 0.09814 0.07489 

#5 0.14357 0.07719 -0.03411 

#6 -0.31068 0.07298 -0.48705 

Solvent 

CO2 0.10905 -0.09435 -0.06853 

C3H8 0.09490 -0.07330 -0.08264 

n-C4H10 0.11324 -0.05706 -0.06435 

Feeds #3–12 2.00 4.96 1.95 

AARD, % Feeds #13–14 2.38 1.14 3.79 

Overall 2.09 4.00 2.41 
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Figure 6-4 Comparison of the measured and predicted saturation pressures and swelling 

factors for binary C3H8–heavy oil system with Feeds #3–5 at 323.85 K and with Feeds 

#6–8 at 298.85 K, respectively  
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with an increase in the mole percentage of C3H8 at the same temperature, while it 

increases with temperature for a C3H8–heavy oil mixture. Similar findings can be 

observed for Feed #9 (see Figure 6-5). Overall, the PR EOS model with the modified 

alpha function is able to accurately predict saturation pressure with an AARD of 2.82% 

for the ten experimental data points in Figure 6-4 and Figure 6-5. The prediction 

accuracy is slightly lower at a higher temperature close to the critical temperature of 

C3H8. In addition, it is found that the dissolution of C3H8 in heavy oil can lead to a large 

swelling factor, indicating that the increment of in situ oil saturation is favourable to 

enhance oil recovery. In general, the PR EOS model in conjunction with the Peneloux et 

al. (1982) volume translation provides accurate prediction of the swelling factors, 

yielding an AARD of 1.38% for the ten measured data points.  

 

(2) n-C4H10–heavy oil system with Feeds #10–11 

Figure 6-6 depicts the measured saturation pressures and swelling factors for the n-

C4H10–heavy oil system. Obviously, a higher saturation pressure and a larger swelling 

factor are measured for Feed #11 compared to Feed #10. This is because more n-C4H10 is 

dissolved into heavy oil for Feed #11. It can also be seen that the saturation pressure 

increases with temperature for a given feed, implying that solubility of n-C4H10 in heavy 

oil at the same pressure is lower at the higher temperature. As for the eight saturation 

pressures measured for Feeds #10–11, its corresponding prediction accuracy by using the 

PR EOS model has an AARD of 6.80%. Furthermore, the swelling factors for n-C4H10–

heavy oil systems are accurately predicted with an AARD of 2.78%. One exception with 

an AARD of 14.57% is found at 396.15 K for Feed #11, which might be caused by 
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Figure 6-5 Comparison of the measured and predicted saturation pressures and swelling 

factors for binary C3H8–heavy oil system with Feed #9 (67.3 mol% C3H8 and 32.7 mol% 

heavy oil)  
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Figure 6-6 Comparison of the measured and predicted saturation pressures and swelling 

factors for binary n-C4H10–heavy oil system with Feed #10 (62.0 mol% n-C4H10 and 38.0 

mol% heavy oil) and Feed #11 (82.5 mol% n-C4H10 and 17.5 mol% heavy oil) 
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experimental uncertainty. In addition, the dissolution of n-C4H10 in heavy oil can lead to 

a large swelling factor. 

 

(3) C3H8–n-C4H10–heavy oil system with Feed #12 

Figure 6-7 shows the measured saturation pressures and swelling factors for the ternary 

C3H8–n-C4H10–heavy oil system. As can be seen, the results calculated from the model 

generally lies above the measured data in a high temperature range, implying the 

solubility of solvents in heavy oil is slightly underestimated at a given pressure. 

Although saturation pressure prediction for the ternary system is not as good as that for 

the aforementioned binary systems, it still yields a reasonable AARD of 8.70% for three 

data points. Furthermore, there exists a good agreement between the measured and 

predicted swelling factors with an AARD of only 1.98% by applying the Peneloux et al. 

volume translation strategy. It should be noting that the BIP between C3H8 and n-C4H10 

is calculated to be 0.00087 by setting 1.2   for paraffin–paraffin interaction 

coefficients in BIP Correlation #1.  

 

(4) C3H8/n-C4H10–CO2–heavy oil systems with Feeds #13–14 

Ternary systems in the presence of CO2 are then studied. The BIPs between C3H8 and 

CO2, n-C4H10 and CO2 are set to 0.135 and 0.130, respectively. The optimized exponent 

=0.992 in BIP Correlation #1 is directly used for calculating BIP between alkane 

solvent–pseudocomponent pair, while the exponent   is tuned for the CO2 and each 

pseudocomponent pair. As shown in Table 6-3, the optimum   for CO2–

pesudocomponent pair is found to be 1.521 when heavy oil is split into six 
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Figure 6-7 Comparison of the measured and predicted saturation pressures and swelling 

factors for ternary C3H8–n-C4H10–heavy oil system with Feed #12 (55.4 mol% C3H8, 

15.8 mol% n-C4H10, and 28.8 mol% heavy oil)  
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pseudocomponents. As shown in Figure 6-8, the saturation pressure increases with an 

increase in temperature for both ternary systems. The predicted saturation pressures 

agree well with the measured values with an AARD of 4.67%. A larger deviation occurs 

in predicting the saturation pressure at the highest temperature for Feed #14 due to the 

fact that the system lies in the supercritical region. In addition, the swelling factor is 

found to be weakly dependent on temperature for a given mixture. Taking Feed #14 as 

an example, the swelling factor increases slightly from 1.315 to 1.364 when temperature 

is increased from 298.85 K to 391.55 K. As a result, the swelling factor can be matched 

accurately by using the PR EOS model together with Peneloux et al. volume translation 

method with an AARD of 2.38% for seven data points. 

 

6.4.5 L1L2V three-phase boundaries 

Experiments are also conducted to determine the three-phase boundaries for Feeds #15–

17. In this chapter, the L1 phase denotes the high-density liquid phase which consists of 

solvent(s) and heavy oil; the L2 phase denotes the low-density liquid phase that mainly 

contains liquid solvents; and the V phase denotes the vapour phase composed of gaseous 

solvents. It is worthwhile noting that the optimized BIPs from Feeds #3–14 are employed 

directly to calculate L1L2V three-phase boundary. It is possible to have a relatively high 

AARD between the measured and calculated phase boundaries, compared with the 

previously predicted saturation pressure. 

Experimentally, the three-phase boundaries of a binary CO2–heavy oil system with 

Feed #15 are observed at 288.65 K and 298.65 K, while there is no three-phase 

equilibrium visually and qualitatively observed at 304.95 K. Theoretically, the model
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Figure 6-8 Comparison of the measured and predicted saturation pressures and swelling 

factors for ternary C3H8–CO2–heavy oil system with Feed #13 (36.2 mol% C3H8, 38.6 

mol% CO2, and 25.2 mol% heavy oil) and ternary n-C4H10–CO2–heavy oil system with 

Feed #14 (34.3 mol% n-C4H10, 31.7 mol% CO2, and 34.0 mol% heavy oil) 
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fails to locate three-phase boundary for Feed #15 in this study. As such, Figure 6-9 

depict the measured L1L2V boundaries and the calculated pressure–composition (p–x) 

phase diagram for Feed #15 at 288.65 K and 298.65 K, respectively. It can be seen that 

at the given temperature, the measured upper and lower three-phase boundaries are very 

close to each other, indicating an extremely narrow three phase zone. Besides, the 

measured boundaries are also close to the predicted transition pressure between L1–L1V 

phase boundary and L1L2–L1V phase boundary. Furthermore, Figure 6-9 can also be 

taken as a reference to design the CO2-assisted EOR processes. For instance, a reservoir 

with high initial pressure is suggested to be depleted at the beginning, and then followed 

by CO2 injection. As such, the phase behaviour of reservoir fluids is more likely to locate 

in the L1V two-phase region as indicated in Figure 6-9. 

As shown in Figure 6-10, although the predicted three-phase boundaries are 

narrower than the measured data for C3H8–CO2–heavy oil systems with Feed #16, there 

exists an excellent prediction for the lower boundary with an overall AARD of 2.34% for 

the four data points. Figure 6-11 compares the measured and predicted three-phase 

boundaries for n-C4H10–CO2–heavy oil systems with Feed #17. The lower boundary 

calculated from the model is overestimated, while the upper prediction is accurate with 

an overall AARD of 6.08% for six data points. In addition, it is found that the predicted 

three-phase region is also smaller than the experimental measurements elsewhere 

(Trebble et al., 1993). 
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(a) 

 

(b) 

 

Figure 6-9 The predicted p–x phase diagram for CO2–heavy oil system and the 

measured L1L2V phase boundaries for CO2–heavy oil system with Feed #15 (94.4 mol% 

CO2, 5.6 mol% heavy oil) at (a) 288.65 K and (b) 298.65 K  
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Figure 6-10 Comparison of the measured and predicted L1L2V three-phase boundaries 

for the ternary C3H8–CO2–heavy oil system with Feed #16 (23.6 mol% C3H8, 67.2 mol% 

CO2, and 9.2 mol% heavy oil)  
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Figure 6-11 Comparison of the measured and predicted L1L2V three-phase boundaries 

for the ternary n-C4H10–CO2–heavy oil system with Feed #17 (11.8 mol% n-C4H10, 83.2 

mol% CO2, and 5.0 mol% heavy oil)  



154 
 

6.5 Summary 

A generalized methodology has been proposed to determine liquid–vapour (L1V) and 

liquid–liquid–vapour (L1L2V) phase boundaries as well as swelling factors of alkane 

solvent(s)–CO2–heavy oil systems at high pressures and elevated temperatures. The 

modified alpha function is successfully incorporated in PR EOS when the heavy oil is 

characterized as multi-pseudocomponents, since the modified alpha function is widely  

suitable for both light and heavy hydrocarbon compounds. By separately tuning the BIPs 

for mixtures with and without non-hydrocarbon (i.e., CO2), a good performance of 

predicting saturation pressures and three phase boundaries has been obtained with 

AARDs of 5.07% and 4.58%, respectively. It is also found that the prediction accuracy 

increases with the increased number of pseudocomponents by employing the BIP 

correlation which is a function of critical volume. However, six pseudocomponents are 

demonstrated to be sufficient to characterize the heavy oil, which is attributed to the fact 

that the heavier fractions of the heavy oil are scarcely involved in mass transfer process. 

Finally, the Peneloux et al. method (1982) for calculating volume shift is found to be the 

optimal method to predict swelling factors with an AARD of 2.09%, compared with the 

Jhaveri and Youngren method (1988) and Twu and Chan method (2009).   
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CHAPTER 7    DETERMINATION OF SATURATION 

PRESSURES AND SWELLING FACTORS OF 

QUATERNARY C3H8–n-C4H10–CO2–HEAVY OIL 

SYSTEMS 

 

7.1 Introduction 

In this chapter, saturation pressures and swelling factors of quaternary C3H8–n-C4H10–

CO2–heavy oil systems in the temperature range of 296.45 to 373.35 K have been 

determined (Li and Yang, 2014). Experimentally, a solvent mixture with the composition 

of 27.7 mol% C3H8, 23.9 mol% n-C4H10, and 48.4 mol% CO2 is made to dilute the 

highly viscous heavy oil. Four various concentrations of solvent mixture–heavy oil 

systems are introduced to perform the phase behaviour tests at the elevated temperatures. 

Theoretically, six pseudocomponents of heavy oil is applied in the PR EOS to reproduce 

the measured saturation pressures, while the Peneloux et al. (1982) method is used to 

correct the volume calculated by the PR EOS. With the initial value optimized in 

CHAPTER 6, the exponent in BIP correlation for CO2–pseudocomponent pair and 

C3H8/n-C4H10–pseudocomponent pair is respectively tuned to enhance the saturation 

pressure prediction accuracy. In comparison, commercial software CMG WinProp 

(version 2011) is also applied to conduct the tuning process to match the experimentally 

measured data. 
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7.2 Experimental 

7.2.1 Materials 

The heavy oil sample, collected from the Lloydminster area in Saskatchewan, Canada, 

has the molecular weight of 482 g/mol and specific gravity of 0.9997 g/cm3. The 

compositional analysis result of the heavy oil can be found in Table 5-1. The solvents of 

CO2, C3H8, and n-C4H10 have purities of 99.998 mol%, 99.99 wt% and 99.5 wt% 

(Praxair, Canada), respectively. 

 

7.2.2 Experimental setup 

A mercury-free DBR PVT system (PVT-0150-100-200-316-155, DBR, Canada) is 

employed to perform all the experiments of quaternary C3H8–n-C4H10–CO2–heavy oil 

systems. A schematic diagram of the setup can be found in Figure 7-1. The detailed 

description of the DBR PVT system can be found in CHAPTER 5. The gaseous solvent 

mixture prepared in the transfer cylinder consists of 27.7 mol% C3H8, 23.9 mol% n-

C4H10, and 48.4 mol% CO2.  

 

7.2.3 Experimental procedure 

The phase behaviour of four feeds of quaternary C3H8–n-C4H10–CO2–heavy oil systems 

has been measured. The compositions in terms of both weight and mole percentage 

together with the experimental temperatures are respectively tabulated in Table 7-1. The 

measurements of saturation pressure, volume, and temperature have uncertainties of ±7 

kPa, ±1.59×10-2 cm3, and ±0.10 K, respectively.   
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Table 7-1 Compositions of quaternary C3H8–n-C4H10–CO2–heavy oil systems with four 

feeds at experimental temperatures 

Feed 

No. 

Composition, wt%  Composition, mol% 
Temperature, 

K C3H8 n-C4H10 CO2 
Heavy 

oil 
 C3H8 n-C4H10 CO2 

Heavy  
oil 

18 4.9 5.6 8.6 80.9 
 

19.6 16.9 34.1 29.4 
296.45 
317.65 
327.85 

19 3.2 3.7 5.7 87.4 
 

16.5 14.2 28.8 40.5 
302.55 
323.85 
343.05 

20 2.6 2.9 4.5 90.0 
 

14.7 12.6 25.6 47.1 
322.05 
342.95 
362.85 

21 1.8 2.1 3.2 92.9 
 

12.1 10.4 21.2 56.3 
333.75 
353.75 
373.35 
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Figure 7-1 Schematic diagram of the experimental setup for conducting PVT 

measurements for the quaternary C3H8–n-C4H10–CO2–heavy oil systems  
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Firstly, the PVT system including cell and tubing is soaked and flushed by kerosene 

and ethanol, followed by air flushing. Any air trace needs to be removed by using a 

vacuum pump. Subsequently, the PVT cell is filled with gaseous solvent mixture until 

both the desired cell pressure and piston height are achieved. The heavy oil is then 

displaced into the PVT cell to form Feed #18 (see Table 7-1). Similar to previous tests, 

the continuous depressurization method (Li et al., 2013a) is then applied. The detailed 

operation procedure can be found in CHAPTER 5. Once the measurements for Feed #18 

are completed, extra heavy oil is displaced into PVT cell with a desired volume to form 

Feed #19. Similar procedure is also applied to Feeds #20 and #21, respectively. 

 

7.3 Mathematical Formulation 

7.3.1 Heavy oil characterization  

Six pseudocomponents have been found to be sufficient to characterize Lloydminster 

heavy oil as concluded from CHAPTER 5 and CHAPTER 6, which are also applied in 

this chapter. The detailed description of splitting, assigning properties, and lumping can 

refer to Section 5.3.1. The physical and critical properties of each of six 

pseudocomponents are provided in Table 6-2. 

 

7.3.2 PR EOS model 

The PR EOS is chosen as the theoretical foundation to describe phase behaviour of 

quaternary C3H8–n-C4H10–CO2–heavy oil systems. The detailed formulations of the PR 
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EOS together with van der Waals’ mixing rule and the modified alpha function are 

introduced in CHAPTER 3.  

The BIP correlation dependent on critical volume, i.e., Equation [5-21], is applied in 

the PR EOS as discussed in CHAPTER 6. A 9×9 BIP matrix can be generated since the 

system contains three solvents (i.e., C3H8, n-C4H10, and CO2) and six pseudocomponents 

of heavy oil. The BIPs between pseudocomponents of heavy oil are set to zero due to 

their similar physical and chemical properties. The BIPs for C3H8–CO2 pair, n-C4H10–

CO2 pair, and C3H8–n-C4H10 pair are set as 0.13500, 0.13000, and 0.00087, respectively 

(CMG, version 2011).  

Based on the optimization results as outlined in CHAPTER 6, the initial value of the 

exponent AK  for pairs of alkane solvents and pseudocomponent as well as 
2CO  for pairs 

of CO2 and pseudocomponent are respectively set to be 0.992 and 1.521. Since such 

initial BIPs are optimized for binary as well as ternary systems, it is possible to further 

tune the exponent to better match the experimental measurements for the quaternary 

system. In this work, exponent 
2CO  for CO2–pseudocomponent pairs is firstly tuned to 

match the measured saturation pressures, followed by tuning the exponent AK  for 

alkane solvent–pseudocomponent pairs. This is attributed to the fact that the highly 

asymmetric CO2 and hydrocarbon reservoir fluid pair imposes a large impact on the PR 

EOS performance. Hence, it is expected that a good matching result would be obtained 

when the first tuning process is completed. In comparison with the aforementioned 

tuning method, commercial software CMG (version 2011) is also applied to tune the 

BIPs to best match the measured saturation pressures by using the WinProp module. As 
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such, the following four scenarios regarding the tuning process are compared in terms of 

AARD (see Equation [3-16]) for predicting the saturation pressures.  

Scenario #1: The initial value of BIP matrix is obtained by setting 
2CO 1.521   and 

AK 0.992  , which have been optimized for binary and ternary alkane solvent(s)–CO2–

heavy oil mixtures as described in CHAPTER 6. The exponent 
2CO  is tuned to minimize 

the overall AARD for predicting twelve measured saturation pressure data points, while 

AK  is set to be a constant of 0.992.  

Scenario #2: The initial value of BIP matrix is obtained by setting 
2CO 1.521   and 

AK 0.992  . The exponent 
2CO  is tuned to minimize the overall AARD for predicting 

the twelve measured saturation pressure data points, followed by tuning AK  to further 

enhance the prediction accuracy. 

Scenario #3: WinProp module (CMG, version 2011) is used to conduct the tuning 

process. Nine (pseudo)components are input in the module, where the solvents of C3H8, 

n-C4H10, and CO2 are inserted as library components and the pseudocomponents of 

heavy oil are inserted as user component defined by known properties (see Table 6-2). 

The default BIP matrix in WinProp is used as the initial value. The regression parameters 

are selected to be the exponent in BIP correlation for hydrocarbon–hydrocarbon pairs 

(i.e., AK ) which is equal to 1.2 by default and six cells between CO2 and each heavy oil 

pseudocomponent in BIP matrix.  

Scenario #4: WinProp module (CMG, version 2011) is used to conduct the tuning 

process. Instead of the default BIP matrix in software, the BIP matrix optimized in 

CHAPTER 6 is assigned to be the initial value (i.e., 
2CO 1.521   and AK 0.992  ). The 
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regression parameters are selected to be the exponent in BIP correlation for 

hydrocarbon–hydrocarbon pairs (i.e., AK ), six cells between C3H8 and each heavy oil 

pseudocomponent, six cells between n-C4H10 and each heavy oil pseudocomponent, and 

six cells between CO2 and each heavy oil pseudocomponent in the BIP matrix. 

It is worthwhile noting that Scenarios #1 and #2 are conducted by using the 

technique developed in this work where the modified alpha function is incorporated. 

Meanwhile, the alpha function developed by Robinson and Peng (1978) is applied for 

Scenarios #3 and 4 by using the WinProp module (CMG, version 2011). 

 

7.4 Results and Discussion 

7.4.1 BIP performance 

The BIP matrix calculated by assigning 
2CO 1.521   and AK 0.992   is provided in 

Table 7-2. The AARD for predicting twelve measured saturation pressures of quaternary 

systems by using such BIP matrix is computed to be 27.3%, implying that the prediction 

accuracy could be further enhanced by performing the tuning work. Thus, each of four 

scenarios is implemented to best match the twelve measured saturation pressures.  

The performances of four scenarios are compared in Figure 7-2 in terms of overall 

AARD for predicting the twelve measured saturation pressures. It is found that both 

Scenarios #1 and 2 are able to yield the satisfactory prediction with AARDs of 7.2% and 

6.7%, respectively. The poorest prediction accuracy is obtained for Scenarios #3 with 

AARD of 35.6%, while Scenario #4 provides AARD of 8.9%.  
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Table 7-2 BIP matrix for quaternary C3H8–n-C4H10–CO2–heavy oil systems obtained by 

assigning 
2CO 1.521   and 

AK 0.992   

C3H8 n-C4H10 CO2 PC #1 PC #2 PC #3 PC #4 PC #5 PC #6 

C3H8 0 0.00087 0.13500 0.01975 0.02898 0.03672 0.04388 0.04825 0.04903 
n-C4H10 0.00087 0 0.13000 0.01307 0.02082 0.02753 0.03385 0.03776 0.03846 

CO2 0.13500 0.13000 0 0.07792 0.09828 0.11422 0.12831 0.13668 0.13814 
PC #1 0.01975 0.01307 0.07792 0 0 0 0 0 0 
PC #2 0.02898 0.02082 0.09828 0 0 0 0 0 0 
PC #3 0.03672 0.02753 0.11422 0 0 0 0 0 0 
PC #4 0.04388 0.03385 0.12831 0 0 0 0 0 0 
PC #5 0.04825 0.03776 0.13668 0 0 0 0 0 0 
PC #6 0.04903 0.03846 0.13814 0 0 0 0 0 0 

 

  



164 
 

 

 

 

 

 

 

 

 

 

 

 

 

Figure 7-2 AARDs for predicting saturation pressures obtained from Scenarios #1-4
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The optimized BIP matrix resulting from Scenario #1 is presented in Table 7-3. The  

exponent 
2CO  is finally tuned to be 2.266 from the initial value of 1.521, while AK  of 

0.992 remains unchanged. Hence, the BIPs between CO2 and pseudocomponents are 

correspondingly increased compared with that in Table 7-2. Although a good prediction 

accuracy of 7.2% can be obtained by adjusting one exponent of 
2CO , it is expected that a 

more accurate matching results could be achieved by further tuning another exponent of 

AK . As can be seen in Table 7-4, the BIPs for C3H8–pseudocomponents pair as well as 

for n-C4H10–pseudocomponents pair are decreased with the tuned AK  of 0.817 resulting 

from Scenario #2. As can be seen in Figure 7-2, the AARD can be slightly reduced by 

adjusting two exponents 
2CO  and AK (i.e., Scenario #2), compared with Scenario #1. 

The BIP matrix resulting from Scenario #3 can be found in Table 7-5. In this case, 

the default BIP matrix generated by WinProp is used as the initial input, where all BIPs 

for hydrocarbon–hydrocarbon pairs are calculated via Equation [5-21] with the exponent 

value of 1.200, including the BIPs between oil pseudocomponents and the BIP for C3H8–

n-C4H10 pair. Subsequently, the regression parameters are internally tuned by WinProp 

module on the basis of such initial BIP matrix. As a result, the exponent is increased 

from 1.200 to 1.800 for hydrocarbon–hydrocarbon pairs. Meanwhile, six BIP values for 

CO2–each pseudocomponent pair are respectively tuned without utilizing the BIP 

correlation. Hence, a disproportionate change can be found for the BIPs between CO2 

and pseudocomponents (see Table 7-5). Although the BIPs for all pairs of C3H8/n-

C4H10/CO2–pseudocomponents are internally tuned to best fit the measured data, the 

largest AARD of 35.6% is obtained by Scenario #3 (see Figure 7-2).  
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Table 7-3 BIP matrix for quaternary C3H8–n-C4H10–CO2–heavy oil systems resulting 

from Scenario #1 

C3H8 n-C4H10 CO2 PC #1 PC #2 PC #3 PC #4 PC #5 PC #6 

C3H8 0 0.00087 0.13500 0.01975 0.02898 0.03672 0.04388 0.04825 0.04903 

n-C4H10 0.00087 0 0.13000 0.01307 0.02082 0.02753 0.03385 0.03776 0.03846 

CO2 0.13500 0.13000 0 0.11385 0.14283 0.16531 0.18502 0.19664 0.19866 

PC #1 0.01975 0.01307 0.11385 0 0 0 0 0 0 

PC #2 0.02898 0.02082 0.14283 0 0 0 0 0 0 

PC #3 0.03672 0.02753 0.16531 0 0 0 0 0 0 

PC #4 0.04388 0.03385 0.18502 0 0 0 0 0 0 

PC #5 0.04825 0.03776 0.19664 0 0 0 0 0 0 

PC #6 0.04903 0.03846 0.19866 0 0 0 0 0 0 
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Table 7-4 BIP matrix for quaternary C3H8–n-C4H10–CO2–heavy oil systems resulting 

from Scenario #2 

C3H8 n-C4H10 CO2 PC #1 PC #2 PC #3 PC #4 PC #5 PC #6 

C3H8 0 0.00087 0.13500 0.01629 0.02393 0.03034 0.03628 0.03991 0.04055 
n-C4H10 0.00087 0 0.13000 0.01077 0.01718 0.02273 0.02797 0.03121 0.03178 

CO2 0.13500 0.13000 0 0.11385 0.14283 0.16531 0.18502 0.19664 0.19866 
PC #1 0.01629 0.01077 0.11385 0 0 0 0 0 0 
PC #2 0.02393 0.01718 0.14283 0 0 0 0 0 0 
PC #3 0.03034 0.02273 0.16531 0 0 0 0 0 0 
PC #4 0.03628 0.02797 0.18502 0 0 0 0 0 0 
PC #5 0.03991 0.03121 0.19664 0 0 0 0 0 0 
PC #6 0.04055 0.03178 0.19866 0 0 0 0 0 0 
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Table 7-5 BIP matrix for quaternary C3H8–n-C4H10–CO2–heavy oil systems resulting 

from Scenario #3 

C3H8 n-C4H10 CO2 PC #1 PC #2 PC #3 PC #4 PC #5 PC #6 

C3H8 0 0.00130 0.13500 0.03447 0.05100 0.06581 0.08258 0.09797 0.10269 
n-C4H10 0.00130 0 0.13000 0.02270 0.03663 0.04955 0.06453 0.07851 0.08284 

CO2 0.13500 0.13000 0 0.03299 0.06932 0.16811 0.20000 0.16151 0.10537 
PC #1 0.03447 0.02270 0.03299 0 0.00176 0.00555 0.01158 0.01833 0.02060 
PC #2 0.05100 0.03663 0.06932 0.00176 0 0.00106 0.00435 0.00883 0.01044 
PC #3 0.06581 0.04955 0.16811 0.00555 0.00106 0 0.00111 0.00379 0.00487 
PC #4 0.08258 0.06453 0.20000 0.01158 0.00435 0.00111 0 0.00080 0.00133 
PC #5 0.09797 0.07851 0.16151 0.01833 0.00883 0.00379 0.00080 0 0.00007 
PC #6 0.10269 0.08284 0.10537 0.02060 0.01044 0.00487 0.00133 0.00007 0 

 

  



169 
 

Scenario #4 applies WinProp module to perform the tuning process. In this case, the 

initial value is assigned to be the BIP matrix optimized from CHAPTER 6 (see Table 

7-2), which is the same as the initial value of Scenario #1 and #2. Consequently, the BIP 

matrix is internally tuned to be values as tabulated in Table 7-6. Even though the BIPs 

for pairs of C3H8–pseudocomponents and n-C4H10–pseudocomponents are selected to be 

the regression parameters, they are found to remain unchanged after the regression. The 

changed BIP values are only found for CO2–pseudocomponents pairs. As a result, an 

overall AARD of 8.9% for predicting saturation pressures is obtained. Comparing 

Scenarios #4 with #3, it can be concluded that a good initial value for the WinProp 

module is able to significantly enhance the regression results. 

The BIP matrix resulting from Scenario #2 is able to provide the optimum value for 

saturation pressure calculation of quaternary C3H8–n-C4H10–CO2–heavy oil systems. It 

might be ascribed to the following reasons: a good initial BIP matrix for C3H8/n-

C4H10/CO2–pseudocomponents pairs, an efficient tuning strategy, and a reliable modified 

alpha function combined in the PR EOS. Furthermore, the superiority of using the initial 

BIP value optimized in CHAPTER 6 can be demonstrated by comparing Scenarios #3 

and #4. 

 

7.4.2 Saturation pressures and swelling factors 

The BIP matrix resulting from Scenario #2 (see Table 7-4) is selected to perform the PR 

EOS calculation of quaternary C3H8–n-C4H10–CO2–heavy oil systems due to its good 

prediction accuracy. The Peneloux et al. (1982) method is selected to compute the 

volume shift of each (pseudo)component, and then calculate the swelling factors.
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Table 7-6 BIP matrix for quaternary C3H8–n-C4H10–CO2–heavy oil systems resulting 

from Scenario #4 

C3H8 n-C4H10 CO2 PC #1 PC #2 PC #3 PC #4 PC #5 PC #6 

C3H8 0 0.00087 0.13500 0.01975 0.02898 0.03672 0.04388 0.04825 0.04903 
n-C4H10 0.00087 0 0.13000 0.01307 0.02082 0.02753 0.03385 0.03776 0.03846 

CO2 0.13500 0.13000 0 0.08293 0.14084 0.20000 0.20000 0.16989 0.20000 
PC #1 0.01975 0.01307 0.08293 0 0 0 0 0 0 
PC #2 0.02898 0.02082 0.14084 0 0 0 0 0 0 
PC #3 0.03672 0.02753 0.20000 0 0 0 0 0 0 
PC #4 0.04388 0.03385 0.20000 0 0 0 0 0 0 
PC #5 0.04825 0.03776 0.16989 0 0 0 0 0 0 
PC #6 0.04903 0.03846 0.20000 0 0 0 0 0 0 
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The measured and predicted saturation pressures and swelling factors of Feed #18 at 

three temperatures of 296.45, 317.65, and 327.85 K are plotted in Figure 7-3. As can be 

seen, the saturation pressure increases with temperature, indicating that the solubility of 

ternary C3H8–n-C4H10–CO2 solvent mixture in heavy oil can be decreased by increasing 

the temperature at a given pressure. The model yields an AARD of 3.8% for predicting 

the three measured saturation pressures for Feed #18. The swelling factor for Feed #18 

can also be accurately predicted with an AARD of 3.3% by using the volume-translated 

PR EOS. Feed #19 is formed by adding more heavy oil into Feed #18, while the 

experimental temperatures are correspondingly increased to be 302.55, 323.85, and 

343.05 K. Compared with Feed #18, the saturation pressures as well as the swelling 

factors are decreased. It is ascribed to the fact that less solvent mixture in mole/weight 

percentage is included in Feed #19. The predicted saturation pressures agree well with 

the measured data with the AARD of 7.6%, while the predicted swelling factors yield the 

AARD of 4.1%. 

Figure 7-4 depicts the measured and predicted saturation pressures and swelling 

factors for Feed #20 and #21, respectively. The AARDs for predicting saturation 

pressures are 7.5% (Feed #20) and 7.7% (Feed #21), and for predicting swelling factors 

are 5.4% (Feed #20) and 5.2% (Feed #21), respectively. Compared with Feeds #18 and 

#19, more heavy oil is charged in the systems, leading to a decrease in saturation 

pressures at a given temperature. In general, it is found that temperature imposes a larger 

effect on saturation pressure than swelling factor. For instance, the swelling factor for 

Feed #20 can be slightly increased from 1.11 to 1.13 when temperature increases from 

322.05 to 362.85 K, whereas the saturation pressure correspondingly increases from 5.2 
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Figure 7-3 Comparison of the measured and predicted saturation pressures and swelling 

factors for Feed #18 (19.6 mol% C3H8, 16.9 mol% n-C4H10, 34.1 mol% CO2, and 29.4 

mol% heavy oil) and Feed #19 (16.5 mol% C3H8, 14.2 mol% n-C4H10, 28.8 mol% CO2, 

and 40.5 mol% heavy oil)  
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Figure 7-4 Comparison of the measured and predicted saturation pressures and swelling 

factors for Feed #20 (14.7 mol% C3H8, 12.6 mol% n-C4H10, 25.6 mol% CO2, and 47.1 

mol% heavy oil) and Feed #21 (12.1 mol% C3H8, 10.4 mol% n-C4H10, 21.2 mol% CO2, 

and 56.3 mol% heavy oil)  
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to 8.0 MPa. Finally, the swelling effect resulting from the dissolution of solvent mixture 

in heavy oil is found to be limited when the system consists of substantial heavy oil as 

indicated in Figure 7-3 and Figure 7-4. 

 

7.5 Summary 

The saturation pressures and swelling factors of quaternary C3H8–n-C4H10–CO2–heavy 

oil systems have been determined at high pressures and elevated temperatures. The PR 

EOS incorporated with modified alpha function is able to successfully quantify the phase 

behaviour of the quaternary systems by characterizing heavy oil as six 

pseudocomponents. Four scenarios of tuning process have been compared in terms of 

predictive ability for saturation pressures. Compared to Scenarios #3 and #4 by using the 

WinProp module, Scenarios #1 and #2 developed in this work are found to have better 

performance with AARDs of 7.2% and 6.7%, respectively. A good initial value of BIP 

matrix input in the WinProp module can significantly improve the regression results as 

demonstrated by Scenario #3 and Scenario #4, yielding the AARDs of 35.6% and 8.9%, 

respectively. Finally, the swelling factor can be predicted by using Peneloux et al. 

method (1982) with a satisfying accuracy. The swelling factor is found to be less 

sensitive to temperature compared with saturation pressure, while it mainly depends on 

the concentration of solvents dissolved in heavy oil. 

  



175 
 

CHAPTER 8    DETERMINATION OF PHASE BOUNDARIES, 

VOLUMES, AND COMPOSITIONS OF C3H8-CO2-

WATER-HEAVY OIL SYSTEMS AT HIGH 

PRESSURES AND ELEVATED TEMPERATURE 

 

8.1 Introduction 

In this chapter, the component of water, which is inevitably existed in a reservoir, is 

added into C3H8-CO2-heavy oil systems, forming AL two-phase or ALV three-phase 

behaviour, where phases A, L, and V denotes the water-rich aqueous phase, oil-rich 

liquid phase, and solvents-rich vapour phase, respectively. Two heavy oil samples are 

utilized to validate the water-free and water-associated theoretical models previously 

developed in this work. More specifically, the upper three-phase boundaries between AL 

and ALV phases (i.e., three-phase bubble point pressure), volumes of V and A+L phases, 

and compositions of L and V phases of C3H8-CO2-water-heavy oil systems in a 

temperature range of 298.15 to 383.15 K have been experimentally measured. 

Theoretically, the previously developed techniques are directly applied to compute the 

measured phase behaviour properties for the aforementioned systems without tuning any 

parameters. Such techniques include the heavy oil characterization approach (see 

CHAPTER 5), the modified alpha functions for non-water components (see CHAPTERs 

5-7), the modified alpha function for water component (see CHAPTER 3), the developed 

BIP correlation for CO2-water pair (see CHAPTER 3), and the optimized BIPs for 

hydrocarbon solvents-pseudocomponents and CO2-pseudocomponent pairs (see 

CHAPTER 6 and 7).  
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8.2 Experimental 

8.2.1 Materials 

Two heavy oil samples are utilized to validate the previously developed theoretical 

models in this chapter. Lloydminster heavy oil with the molecular weight and specific 

gravity of 482 g/mol and 0.9997 g/cm3, while the compositional analysis can be found in 

Table 5-1. Meanwhile, a new heavy oil sample is collected from the Huabei oilfield, 

China, with an ultra-high viscosity of 24,396 cP at room temperature of 293.15 K. Such 

highly viscous heavy oil makes a great challenge to operate the PVT system since the 

mixer equipped at the bottom of PVT cell may not work and thus the equilibrium state 

cannot be achieved in a timely manner. Hence, the Huabei heavy oil diluted by adding a 

certain amount of kerosene is used in this work to ensure experiments can be 

successfully conducted. The compositional analyses of both original and diluted Huabei 

heavy oil are listed in Table 8-1. The molecular weights of original and diluted heavy oil 

are measured to be 462.6 g/mol and 422.7 g/mol, respectively. Viscosities of original and 

diluted heavy oil with temperature are respectively plotted in Figure 8-1. It can be found 

that the viscosity of Huabei heavy oil is significantly reduced from 24,396 cP to 9,522 cP 

at 293.15 K by adding kerosene. Also, densities of both original and diluted Huabei 

heavy oil are measured as a function of temperature as shown in Figure 8-2. The solvents 

of CO2 and C3H8 have purities of 99.998 mol% and 99.99 wt% (Praxair, Canada), 

respectively, while the dissolved mineral salts in the distilled water is 2 ppm. 
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Table 8-1 Compositional analyses of original and diluted Huabei heavy oil  

 

  

Original heavy oil Diluted heavy oil 

Carbon No. wt% mol% Carbon No. wt% mol% 

C1 0.00 0.00 C1 0.00 0.00 

C2 0.00 0.00 C2 0.00 0.00 

C3 0.00 0.00 C3 0.00 0.00 

C4 0.00 0.00 C4 0.00 0.00 

C5 0.00 0.00 C5 0.00 0.00 

C6 0.00 0.00 C6 0.00 0.00 

C7 0.00 0.00 C7 0.00 0.00 

C8 0.00 0.00 C8 0.00 0.00 
C9 0.00 0.00 C9 2.15 7.51 

C10 0.00 0.00 C10 1.74 5.49 
C11 0.68 2.14 C11 0.46 1.32 
C12 0.67 1.93 C12 0.67 1.76 
C13 1.14 3.01 C13 1.10 2.66 
C14 1.55 3.78 C14 1.46 3.25 
C15 1.91 4.29 C15 1.81 3.71 
C16 2.22 4.63 C16 2.04 3.88 
C17 2.44 4.76 C17 2.27 4.05 
C18 2.36 4.35 C18 2.23 3.76 
C19 2.49 4.38 C19 2.38 3.83 
C20 2.05 3.45 C20 1.93 2.97 
C21 2.02 3.21 C21 1.92 2.79 
C22 2.08 3.15 C22 1.96 2.72 
C23 2.02 2.94 C23 1.94 2.58 
C24 1.86 2.60 C24 1.78 2.27 
C25 1.97 2.64 C25 1.89 2.32 
C26 2.12 2.73 C26 2.03 2.39 
C27 2.51 3.10 C27 2.41 2.72 
C28 2.46 2.93 C28 2.37 2.58 
C29 2.37 2.73 C29 2.28 2.40 
C30 2.00 2.22 C30 1.94 1.97 
C31 1.71 1.84 C31 1.67 1.64 
C32 1.41 1.47 C32 1.38 1.31 
C33 1.36 1.37 C33 1.33 1.23 
C34 1.38 1.35 C34 1.36 1.22 
C35 1.40 1.33 C35 1.36 1.18 
C36+ 53.82 27.67 C36+ 52.14 24.49 
Total 100.00 100.00 Total 100.00 100.00 
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Figure 8-1 Viscosities of original and diluted Huabei heavy oil with temperature
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Figure 8-2 Densities of original and diluted Huabei heavy oil with temperature 
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8.2.2 Experimental setup 

The schematic diagram of the PVT setup is depicted in Figure 5-1, while the detailed 

description of the PVT system can also be found in CHAPTER 5. It should be noted that  

an additional transfer cylinder for pure water is needed in this work when water is 

included in the system. 

 

8.2.3 Experimental procedure 

Four feeds of C3H8-CO2-water-heavy oil systems have been generated to measure the 

phase boundaries, swelling factors, phase volumes, and phase compositions. The feed 

compositions in terms of both weight and mole percentage together with the 

experimental temperatures are respectively listed in Table 8-2, where the Lloydminster 

heavy oil is used for Feeds #22-23 and kerosene-diluted Huabei heavy oil is used for 

Feeds #24-25. It is worthwhile noting that, due to restrictions on transporting oil samples, 

experiments for Feeds #24-25 are conducted by the Research Institute of Petroleum 

Exploration and Development (RIPED), PetroChina, with the provided experimental 

design and detailed operation instructions (Han et al., 2014). The purpose of designing 

zero water content in Feed #24 is to set it as the baseline for examining water effect on 

phase behaviour. 

The gaseous CO2, liquefied C3H8, water, and heavy oil are displaced into the cell in 

sequence, followed by turning on the mixer. As for water-contained systems of Feeds 

#22, 23, and 25, an aqueous phase (A), an oil-rich liquid phase (L), and a solvents-rich 

vapour phase (V) may be coexisted in the PVT cell. Starting at a higher pressure where 
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Table 8-2 Compositions of C3H8-CO2-water-heavy oil systems with four feeds at 

experimental temperatures 

Feed 

No. 

Heavy oil  

sample 

Composition, wt%  Composition, mol% 
Temperature, 

K C3H8 CO2 Water 
Heavy 

oil 
 C3H8 CO2 Water 

Heavy 
oil 

22 Lloydminster 4.2 9.1 11.8 74.9  8.6 18.5 58.9 14.0 

321.55 
334.35 
344.95 
357.95 
373.15 

23 Lloydminster 8.1 8.7 11.3 71.9  15.8 17.1 54.3 12.9 

298.95 
309.95 
318.25 
329.85 

24 Huabei 4.7 4.7 0.0 90.6  25.0 25.0 0.0 50.0 

298.15 
323.15 
343.15 
363.15 
383.15 

25 Huabei 4.9 4.9 26.9 63.2  6.0 6.0 80.0 8.0 

298.15 
323.15 
343.15 
363.15 
383.15 
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A and L phases coexist, the cell pressure is then decreased by withdrawing the hydraulic 

oil at flow rate of 3 cc/hr. As a result, the turning point at the recorded p-V diagram is the 

measured upper three-phase boundary. As for the water-free Feed #24, the detailed 

operation procedure to measure saturation pressures and swelling factors can be found in 

CHAPTER 5. 

The procedure for measuring phase volume at a specific pressure and a given 

temperature is introduced as follows. Once the phase boundary measurement is 

completed, the cell pressure is reduced to a desired value while turning off the mixer. 

Prior to the volume measurement, at least 12 h is required to ensure the fluid system is 

completely separated into phases A, L, and V. It has been experimentally found that the 

interface between phases L and V can be clearly observed. However, the interface 

between phases L and A is too fuzzy to identify due to the oil-water emulsification. 

Hence, the volume of phase V and the total volume of phases A+L are measured 

separately. To measure another phase volume, the cell pressure is further reduced to a 

desired pressure while keeping the temperature constant for at least 12 h.  

To analyze the phase composition of Feed #24 (i.e., water-free system), both phases 

L and V are sampled by connecting a sampler to the PVT cell. The sampling procedure 

is briefly described as follows. Once the saturation pressure at a given temperature is 

measured, the cell pressure is reduced to a desired value, where vapour phase volume 

accounts for approximate 50% of total system volume. A precleaned and preheated 

sampler is then connected to the PVT cell with the valve closed. Prior to sampling, the 

sampler and tubing need to be thoroughly vacuumed while setting the DBR pump at the 

constant pressure mode. Then, the valve connecting the sampler and PVT cell can be 
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gently opened. Once pressure is stabilized, the valve can be closed and the sampler can 

be detached. To collect the sample from another phase, the PVT cell is rotated by 180 

degree. The same sampling procedure is then applied.  

As for the water-contained system of Feed #25, an additional aqueous phase is 

existed in the PVT cell. As such, the oil-rich liquid phase L can be located between 

phase A and phase V. To sample phase L, aqueous phase needs to be isobarically 

evacuated firstly. Then, similar procedure can be used to collect the sample from both 

phases L and V. Since the water content cannot be identified by using gas 

chromatograph (GC) method, phase A is not sampled in this work.  

 

8.3 Mathematical Formulation 

8.3.1 Heavy oil characterization  

The Lloydminster heavy oil has been well characterized as six pseudocomponents as 

described in CHAPTER 5. To validate the developed techniques for determining phase 

behaviour of reservoir fluids, the previously proposed heavy oil characterization 

approach together with the suggested number of pseudocomponent is directly applied for 

the Huabei heavy oil. The detailed procedure of splitting, assigning properties, and 

lumping can be found in Section 5.3.1, while the detailed procedure introduced in 

CHAPTER 6 has been used to optimize the number of pseudocomponents.  
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8.3.2 PR EOS model 

The detailed formulations of the PR EOS together with van der Waals’ mixing rule are 

introduced in CHAPTER 3. Two modified alpha functions are incorporated in the PR 

EOS in this work, i.e., the modified alpha function used for non-water components (see 

Equation [3-8]), and the proposed alpha function exclusively used for water component 

(see Equation [3-10]). Furthermore, the developed BIP correlation for CO2-water pair 

(see Equation [3-13]) is combined with the van der Waals’ mixing rule to improve the 

phase behaviour prediction for water-contained systems. In addition, the suggested BIP 

value (see Table 6-3) for C3H8-pseudocomponent pair as well as CO2-pseudocomponent 

pair is directly applied in this work. It is worthwhile noting that none of parameters in 

the theoretical model is tuned during the validation process.  

 

8.4 Results and Discussion 

8.4.1 Heavy oil properties 

The physical and critical properties of six pseudocomponents for the Lloydminster heavy 

oil are provided in Table 6-2. As for the diluted Huabei heavy oil, the plus fraction of 

C36+ accounting for 24.49 mol% is split. The splitting and lumping results are presented 

in Figure 8-3. It can be seen that the plus fraction is extended to the heaviest component 

of C113+. The molecular weight of C112 is calculated to be 1564.00 g/mol by using 

Equation [5-6], while the molecular weight of C113+ is obtained by using mass balance 

Equations [5-7] and [5-8] to be 1574.26 g/mol. The linear regression by applying 

Equation [5-5] starts from C17 with constant A of -2.1172 and B of -0.0643, respectively. 

Subsequently, the split carbon number is lumped into six pseudocomponents as 
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Figure 8-3 Splitting and lumping the diluted Huabei heavy oil  
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suggested in CHAPTER 6. Figure 8-3 also shows such lumped fractions assigned as PCs 

#1-6, respectively. The physical and critical properties of each pseudocomponent are 

tabulated in Table 8-3.  

 

8.4.2 Phase boundaries 

Without tuning any parameters in the PR EOS, the previously developed theoretical 

models are directly utilized to quantify phase behaviour of C3H8-CO2-water-heavy oil 

systems at high pressures and elevated temperatures. Figure 8-4 plots the measured and 

predicted three-phase boundaries for Feeds #22-23. Compared to nonaqueous L1L2V 

three-phase equilibrium (see Section 6.4.5), only the upper ALV three-phase boundary 

can be measured for water-contained systems. This is attributed to the fact that phase L 

mainly containing heavy oil cannot be completely vaporized. Phase boundary of Feed 

#22 is measured at the temperature range of 321.55 to 373.15 K as seen in Figure 8-4. 

The measured boundary pressures between AL and ALV phases are found to increase 

with temperature. Meanwhile, the measured boundary pressures can be predicted by 

applying the newly developed theoretical models with a desirable overall AARD of 4.5%, 

though the accuracy is slightly compromised at higher temperatures beyond the critical 

point of solvents. In comparison, an excellent agreement between the predicted and 

measured boundary pressures can be achieved for Feed #23 with an AARD of 2.8% 

without tuning any parameters. In general, a lower phase boundary is measured for Feed 

#23 than Feed #22 mainly due to its lower experimental temperatures and higher 

composition of C3H8.   
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Table 8-3 Physical and critical properties of Huabei heavy oil pseudocomponents  

Scheme CN range 
z 

M 
pc, Tc,     Vc, 

m3/kmol 
ZRA 

mol% kPa K 

Six PCs 

C9-C13 18.74 140.7 1994.99 614.99 0.4998 0.7281 0.6075 0.2425 
C14-C18 18.65 224.3 1410.08 719.85 0.7550 0.7923 0.9405 0.2331 
C19-C24 17.15 295.5 1150.90 785.66 0.9311 0.8326 1.1885 0.2278 
C25-C31 16.02 386.8 963.64 850.55 1.0909 0.8739 1.4195 0.2256 
C32-C48 15.76 546.1 816.19 929.86 1.2464 0.9291 1.6119 0.2304 
C49-C113+ 13.68 1277.8 784.12 1090.76 1.3581 1.0763 1.6309 0.3004 
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Figure 8-4 Comparison of the measured and predicted three-phase boundaries for C3H8-

CO2-water-heavy oil systems with Feed #22 (8.6 mol% C3H8, 18.5 mol% CO2, 58.9 mol% 

water, and 14.0 mol% Lloydminster heavy oil) and Feed #23 (15.8 mol% C3H8, 17.1 mol% 

CO2, 54.3 mol% water, and 12.9 mol% Lloydminster heavy oil)  
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Figure 8-5 presents the measured and predicted saturation pressures and swelling 

factors for water-free system of Feed #24 at a temperature range of 298.15 to 383.15 K. 

Although the Huabei heavy oil sample is quite different from the Lloydminster heavy oil 

used throughout this thesis studies, a generally accurate prediction can be resulted from 

the developed models without tuning any parameters, yielding the AARDs of 7.1% and  

1.5% for the saturation pressures and swelling factors, respectively. Even though the 

aqueous phase effect on phase behaviour of reservoir fluids is often neglected in 

laboratory and field studies, the results from theoretically modeling indicated that the 

three-phase bubble point pressure can be reduced in the presence of water (Shinta and 

Firoozabadi, 1997). To examine the effect of water on phase behaviour, Figure 8-6 

presents the measured three-phase boundary for Feed #25 as well as the predicted 

boundaries by using both water-free theoretical model and water-associated model, 

respectively. It can be seen that the measured three-phase bubble points can be 

accurately represented by using the water-associated model with an AARD of 5.8%. 

Meanwhile, a larger AARD of 11.1% is obtained by using the water-free theoretical 

model, implying that the water effect cannot be completely neglected.  

 

8.4.3 Phase volumes 

Volumes of the coexisted phases for Feed #22 at various pressures and a constant 

temperature of 321.55 K are measured. As aforementioned, the volume of vapour phase 

(V) can be accurately measured by recording the interface height, though the interface 

between oil-rich liquid phase (L) and aqueous phase (A) cannot be precisely observed 
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Figure 8-5 Comparison of the measured and predicted saturation pressures and swelling 

factors for C3H8-CO2-heavy oil system with Feed #24 (25.0 mol% C3H8, 25.0 mol% CO2, 

and 50.0 mol% Huabei heavy oil)  
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Figure 8-6 Comparison of the measured and predicted phase boundaries for C3H8-CO2-

water-heavy oil system with Feed #25 (6.0 mol% C3H8, 6.0 mol% CO2, 80.0 mol%, and 

8.0 mol% Huabei heavy oil)  
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due to the emulsification between oil and water. As such, the total volume of phases A 

plus L is recorded in this work.  

The measured and predicted volume fractions of phase V and phases A+L for Feed 

#22 at 321.55 K are respectively plotted in Figure 8-7. Since the phase volume 

measurement is a depressurization process, Figure 8-7 can be discussed in a descending-

pressure manner. At pressures higher than its phase boundary value, the measured  

volume fraction of phase V is 0% while the volume fraction of phases A+L is 100%, 

where only aqueous and liquid two-phase coexist at such conditions. Once pressure is 

lower than its phase boundary value, another vapour phase arises, forming an ALV 

three-phase equilibrium state. Meanwhile, the measured volume fraction of phase V 

increases with a decrease in pressure. Correspondingly, the measured volume fraction of 

phases A+L decreases with the decreased pressure. Such phase volume fractions are then 

predicted by applying the developed water-associated theoretical model, where the 

Peneloux et al. method (1982) is incorporated to correct the calculated volume. In 

general, reasonable prediction results can be found (see Figure 8-7). The predicted 

boundary pressure between ALV and AL phases is slightly higher than the measured one, 

which is also consistent to the results shown in Figure 8-4. 

Furthermore, phase volumes are also determined for Feed #22 at a higher 

temperature of 344.95 K, while the measured and predicted results can be found in 

Figure 8-8. The theoretical model is found to be able to predict the phase volume 

fractions for both phase V and phases A+L. Compared to the lower temperature of 

321.55 K (see Figure 8-7), a larger deviation for calculating the phase boundary is 
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Figure 8-7 Comparison of measured and predicted volume fractions of vapour phase (V) 

and aqueous + liquid phases (A+L) for Feed #22 at 321.55 K  
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Figure 8-8 Comparison of measured and predicted volume fractions of vapour phase (V) 

and aqueous + liquid phases (A+L) for Feed #22 at 344.95 K  
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indicated as can be seen in Figure 8-8 since the system at such condition is approaching 

to its critical point.  

 

8.4.4 Phase compositions 

The compositions of solvents-rich vapour phase V and oil-rich liquid phase L for Feeds 

#24-25 at specific conditions are experimentally and theoretically determined, 

respectively. As can be seen in Figure 8-5, the saturation pressure for Feed #24 at 323.15 

K is measured to be 3.84 MPa. Hence, the coexistence of phases L and V can be 

observed in the PVT cell at 1.02 MPa which is much lower than its saturation pressure. 

Accordingly, the vapour and liquid phases are respectively sampled to perform the 

compositional analysis by using the GC method, of which the results are tabulated in 

Table 8-4. Meanwhile, the measured and predicted phase compositions for Feed #24 are 

plotted in Figure 8-9. It should be noted that the heavy hydrocarbon component from C9 

to C36+ are grouped into six pseudocomponents according to the carbon number range 

listed in Table 8-3. It can be seen that the initial composition of Feed #24 contains equal 

mole fraction of C3H8 and CO2. Consequently, more CO2 than C3H8 can be measured in 

vapour phase when Feed #24 is split into two phases. Also, no heavy components are 

available in the vapour phase, resulting in a solvents-rich vapour phase. As for the liquid 

phase, both solvents and heavy oil components can be determined. However, more C3H8 

than CO2 is retained in the liquid phase, indicating C3H8 is more soluble than CO2 in 

heavy oil. In addition, the newly developed theoretical model is found to able to 

accurately predict the phase composition of Feed #24 at 1.02 MPa and 323.15 K. 
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Table 8-4 Compositional analyses of vapour and liquid phases for Feed #24 at 1.02 MPa 

and 323.15 K, respectively 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

  

Component
Vapour phase Liquid phase

mol% mol% 

CO2 71.11 6.95 
C1 0.00 0.00 
C2 0.00 0.00 
C3 28.88 13.68 
C4 0.00 0.00 
C5 0.01 0.00 
C6 0.00 0.00 
C7 0.00 0.00 
C8 0.00 0.00 
C9 0.00 5.02 

C10 0.00 4.58 
C11 0.00 1.19 
C12 0.00 1.52 
C13 0.00 2.28 
C14 0.00 2.76 
C15 0.00 3.15 
C16 0.00 3.31 
C17 0.00 3.44 
C18 0.00 3.25 
C19 0.00 3.31 
C20 0.00 2.56 
C21 0.00 2.40 
C22 0.00 2.34 
C23 0.00 2.21 
C24 0.00 1.95 
C25 0.00 1.99 
C26 0.00 2.07 
C27 0.00 2.36 
C28 0.00 2.21 
C29 0.00 2.05 
C30 0.00 1.67 
C31 0.00 1.40 
C32 0.00 1.12 
C33 0.00 1.05 
C34 0.00 1.04 
C35 0.00 1.02 
C36+ 0.00 16.12 
Total 100.00 100.00 
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Figure 8-9 Comparison of measured and predicted compositions of vapour phase (V) 

and liquid phase (L) for Feed #24 at 1.02 MPa and 323.15 K. Lines are only used for 

identification purpose  
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Feed #25 at 1.91 MPa and 323.15 K can be split into three phases, i.e., a water-rich 

aqueous phase A, an oil-rich liquid phase L, and a solvents-rich vapour phase V. Since 

water content cannot be identified by using GC analysis, the samples are only collected 

from phases L and V in this work. The results of compositional analysis are listed in 

Table 8-5, while the measured and predicted phase compositions can be found in Figure 

8-10. As can be seen, there is no water component assigned in x-axis since it cannot be 

determined by using the GC method. Accordingly, the calculated phase compositions are 

converted to a water-free system. Similar to Feed #24, the solvents of C3H8 and CO2 are 

found to be unevenly distributed in vapour and liquid phases, respectively, though the 

initial C3H8 and CO2 are included in the system with the same mole fraction. Finally, the 

measured phase compositions can be predicted by using the theoretical model developed 

in this work with a general good accuracy.  

 

8.5 Summary 

The previously developed techniques have been successfully validated by predicting the 

experimentally measured phase behaviour of C3H8-CO2-water-heavy oil systems at high 

pressures and elevated temperatures. In addition to the Lloydminster heavy oil which is 

used in developing the theoretical model, a new sample of Huabei heavy oil has been 

well characterized as six pseudocomponents by applying the proposed heavy oil 

characterization approach. Without any tuning work, the ALV three-phase boundaries 

together with LV two-phase boundaries for C3H8-CO2-water-heavy oil systems can be 

accurately predicted with the AARDs of 4.5% (Feed #22: Lloydminser oil), 2.8% (Feed 

#23: Lloydminser oil), 7.1% (Feed #24: Huabei oil), and 5.8% (Feed #25: Huabei oil), 
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Table 8-5 Compositional analyses of vapour and liquid phases for Feed #25 at 1.91 MPa 

and 323.15 K, respectively 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

  

Component
Vapour phase Liquid phase

mol% mol% 

CO2 70.49 14.52 
C1 0.00 0.00 
C2 0.00 0.00 
C3 29.47 17.20 
C4 0.00 0.00 
C5 0.01 0.00 
C6 0.03 0.00 
C7 0.00 0.00 
C8 0.00 0.00 
C9 0.00 4.48 

C10 0.00 4.19 
C11 0.00 1.10 
C12 0.00 1.30 
C13 0.00 1.94 
C14 0.00 2.37 
C15 0.00 2.70 
C16 0.00 2.82 
C17 0.00 2.92 
C18 0.00 2.74 
C19 0.00 2.80 
C20 0.00 2.16 
C21 0.00 2.03 
C22 0.00 1.98 
C23 0.00 1.87 
C24 0.00 1.68 
C25 0.00 1.69 
C26 0.00 1.76 
C27 0.00 2.02 
C28 0.00 1.87 
C29 0.00 1.74 
C30 0.00 1.42 
C31 0.00 1.19 
C32 0.00 0.95 
C33 0.00 0.89 
C34 0.00 0.88 
C35 0.00 0.86 
C36+ 0.00 13.93 
Total 100.00 100.00 
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Figure 8-10 Comparison of measured and predicted compositions of vapour phase (V) 

and oil-rich liquid phase (L) for Feed #25 at 1.91 MPa and 323.15 K. Lines are only used 

for identification purpose   
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where two modified alpha functions for both non-water and water component(s), the 

newly developed BIP correlation for CO2-water pair, and the previously suggested BIPs 

for both hydrocarbon solvents-pseudocomponents and CO2-pseudocomponents pairs are 

incorporated in the PR EOS. Furthermore, the water-associated theoretical model 

together with Peneloux et al. (1982) volume translation method is found to be able to 

predict volumes of phase V and phases A+L for Feed #22 at 321.55 and 344.95 K, 

respectively. Finally, a good agreement between the measured and predicted 

compositions of phases V and L for Feeds #24-25 can be achieved by using the newly 

developed theoretical models.   



202 
 

CHAPTER 9    CONCLUSIONS AND RECOMMENDATIONS 

 

9.1 Conclusions 

The major contributions of this research are summarized as follows. 

(1) Both water-free and water-associated theoretical models have been proposed and 

successfully applied to accurately determine phase boundaries, swelling factors, 

phase volumes, and phase compositions of the binary, ternary, and quaternary 

alkane solvent(s)–CO2–water–heavy oil systems by characterizing heavy oil as 

multiple pseudocomponents. Meanwhile, the well-designed experiments have 

been performed to quantify the phase behaviour for the aforementioned systems 

at high pressures and elevated temperatures; 

(2) An alpha function for water has been developed by using the PR EOS to improve 

the prediction for its vapour pressure. The International Association for the 

Properties of Water and Steam Formulation 1995 (IAPWS-95) together with the 

current International Temperature Scale of 1990 (ITS-90) is utilized to provide 

the extensive database in the full temperature range; 

(3) A new polynomial temperature-dependent binary interaction parameter (BIP) 

correlation for the CO2–water pair in the aqueous phase has been proposed. The 

developed BIP correlation together with the newly developed alpha function for 

water is able to more accurately determine the mutual solubility between CO2 and 

water in the presence and absence of hydrocarbons; 
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(4) A new generalized BIP correlation in the PR EOS has been developed for CO2–

heavy-n-alkanes binary systems. A series of heavy-n-alkanes from n-decane (n-

C10H22) to n-tetratetracontane (n-C44H90) are included in the VLE database. This 

newly developed BIP correlation has been validated by not only reproducing the 

saturation pressures included in the database, but also accurately predicting the 

saturation pressure data excluded in the database. This is attributed to the fact that 

pressure is an implicit function of the newly developed BIP correlation; and 

 

The major conclusions of this research can be drawn as follows. 

(1) Compared with the non-polar alkanes (e.g., CH4), the mutual solubility between 

CO2 and water cannot be neglected during many industry operations (e.g., CO2 

sequestration and CO2–water coexisting EOR processes). The CO2 solubility in 

water-rich phase has a stronger dependence on temperature, but a weaker 

dependence on pressure. The composition of aqueous phase can be accurately 

quantified by using the PR EOS with the newly proposed temperature-dependent 

BIP correlation. Meanwhile, a constant BIP coupled with the modified alpha 

function for water component is found to be sufficient to predict performance of 

the non-aqueous phase; 

(2) The non-zero BIPs are necessary to quantify the phase behaviour of highly 

asymmetric CO2 and heavy-n-alkanes systems. Three main impact factors of 

temperature, pressure, and carbon number are analyzed on the basis of the 

extensive experimental VLE data. Although the BIP correlation is developed as a 

function of the reduced temperature of CO2 and acentric factor of n-alkane, the 
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effect of pressure on BIP is considered for the BIP optimization processes, 

resulting in a more accurate description of phase behaviour of CO2–heavy-n-

alkanes binary systems in a wide range of temperatures and pressures; 

(3) The liquid–vapour (LV) two-phase boundaries and swelling factors at high 

pressures and elevated temperatures have been experimentally measured for the 

binary systems of CO2–heavy oil, C3H8–heavy oil, n-C4H10–heavy oil, ternary 

systems of C3H8–CO2–heavy oil, n-C4H10–CO2–heavy oil, and quaternary 

systems of C3H8–n-C4H10–CO2–heavy oil. It is experimentally found that the 

saturation pressure increases with temperature for a given feed of mixture, while 

it also increases with an increase in the mole percentage of solvent(s) (i.e., CO2, 

C3H8, n-C4H10, and their combinations). In addition, it is found that a lower 

saturation pressure can be measured when adding alkane solvents into CO2 

stream since alkanes have a larger solubility in heavy oil than CO2 under the 

same conditions; 

(4) Compared with saturation pressure, the swelling factor is found to be less 

sensitive to temperature with a given mixture feed, though it can be enhanced by 

increasing the solvent(s) proportion in the system at a given temperature; 

(5) The extremely narrow L1L2V three-phase envelope of CO2–heavy oil system has 

been experimentally measured. Nevertheless, such envelope can be expanded by 

adding C3H8/n-C4H10 into CO2 stream in the p–T diagram. Hence, the additional 

liquid phase mainly containing liquid solvents can be likely generated in-situ 

during the EOR processes with co-injection of alkane solvent(s)–CO2 mixtures;  



205 
 

(6) The heavy oil is respectively characterized as a single and multiple 

pseudocomponents, among which six pseudocomponents together with a BIP 

correlation which is a function of critical volume are demonstrated to be 

sufficient to perform EOS calculation with a satisfying accuracy. In terms of the 

overall performance, the exponent in BIP correlation is respectively tuned for the 

alkane solvent–pseudocomponent pair and CO2–pseudocomponent pair. It is 

found that such tuning process is able to more efficiently and accurately match 

the measured saturation pressures;  

(7) As for the swelling factor, the parameter of volume shift can be applied to 

compute the phase volume and thus enhance the prediction accuracy. Peneloux et 

al. method (1982) for calculating volume shift is found to be the optimal one in 

comparison with the Jhaveri and Youngren method (1988) as well as the Twu and 

Chan method (2009); and 

(8) The water effect on phase behaviour of reservoir fluids cannot be completely 

neglected, particularly in the presence of CO2. The bubble-point pressure is found 

to be reduced by adding water into a C3H8–CO2–heavy oil system in wide 

temperature range of 298.15 to 383.15 K. The developed water-associated 

theoretical model is able to respectively predict the three-phase boundaries, phase 

volumes, and phase compositions with a good accuracy. 
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9.2 Recommendations 

The beneficial effects obtained by solvent injection (e.g., enhanced heavy oil mobility 

and swelling factor) are closely associated with the phase behaviour of alkane 

solvent(s)–CO2–water–heavy oil systems under in situ reservoir conditions. The phase 

behaviour of alkane solvent(s)–CO2–water–heavy oil systems has been comprehensively 

studied in the current research, leading to a better understanding of the solvent-assisted 

recovery processes. The recommendations of future work are summarized as follows.  

(1) CO2 and heavy oil are the most common reservoir fluids during solvent-assisted 

EOR processes. It is expected that a BIP correlation for CO2–heavy oil pair, 

where heavy oil is characterized as multi-pseudocomponent, can be developed to 

provide the BIP value more efficiently. Since the BIPs between CO2 and well-

defined heavy-n-alkanes have been correlated in the present study, it is possible 

to further extend this work to enable the BIP correlation to be applicable for 

CO2–heavy oil systems; 

(2) Asphaltene may precipitate from reservoir fluids when alkane solvents and CO2 

are introduced since it is almost insoluble in paraffins (e.g., n-pentane). The 

injection of gas solvents mainly consisting of paraffins is likely to induce the 

asphaltene precipitation (Srivastava et al., 1999b). The existence of the separated 

asphaltene phase would significantly affect the phase behaviour as well as 

volumetric behaviour of alkane solvent(s)–CO2–water–heavy oil systems. 

Therefore, quantifying the amount of asphaltenes and their onset conditions 

needs to be experimentally studied, though it is necessary to develop theoretical 
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models for predicting the experimentally measured asphaltene precipitation data 

based on the cubic EOS; and 

(3) In addition to oil swelling and viscosity reduction achieved under equilibrium 

state, non-equilibrium phase behaviour is another significant contribution for 

increasing heavy oil recovery, e.g., the in-situ generation of foamy oil during 

production (Sheng et al., 1999). Therefore, a methodology is expected to be 

developed to quantify the non-equilibrium phase behaviour of heavy oil, 

including the time-dependent properties of compressibility, volume change, 

expansion rate, and pressure variation, respectively.  
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