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ABSTRACT 

During primary heavy oil recovery, a unique phenomenon has been found to be closely 

associated with an unexpected high recovery factor, a remarkably low gas-oil ratio, and a 

higher-than-expected well production rate due mainly to the foamy nature of viscous oil 

containing gas bubbles. Even for secondary and tertiary recovery techniques, it is 

possible to artificially induce foamy oil flow in heavy oil reservoirs by dissolution with 

injected gases (e.g., CO2 and alkane solvents), which is characterized by time-dependent 

(i.e., nonequilibrium) phase behaviour. The entrained gas bubbles in the heavy oil are 

considered as the main mechanism accounting for such distinct phase behaviour. 

Therefore, it is of fundamental and practical importance to quantify the nonequilibrium 

phase behaviour and mass transfer of alkane solvent(s)–CO2–heavy oil systems under 

reservoir conditions.  

      A novel and pragmatic technique has been firstly developed and validated to 

accurately quantify the preferential diffusion of each component in alkane solvent(s)-

assisted recovery processes with consideration of natural convection induced by the 

heated and diluted heavy oil. The Peng-Robinson equation of state, heat transfer equation, 

and diffusion-convection equation are coupled to describe both mass and heat transfer for 

the aforementioned systems. The individual diffusion coefficient between each 

component of a gas mixture and liquid phase is respectively determined once either the 

deviation between the experimentally measured and theoretically calculated mole fraction 

of CO2/solvents or the deviation between the experimentally measured dynamic swelling 

factors and the theoretically calculated ones has been minimized. 
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      A robust and pragmatic technique has also been developed to quantify 

nonequilibrium phase behaviour of alkane solvent(s)–CO2–heavy oil systems at a 

constant volume expansion rate and a constant pressure decline rate, respectively. 

Experimentally, constant-composition expansion (CCE) tests have been conducted for 

alkane solvent(s)–CO2–heavy oil systems with a PVT setup, during which not only 

pressure and volume are simultaneously monitored and measured, but also gas samples 

were respectively collected at the beginning and the end of experiments to perform 

compositional analysis. Theoretically, mathematical formulations have been developed to 

quantify the amount of the evolved gas as a function of time, while mathematical models 

for compressibility and density of the oleic phase mixed with the entrained gas (i.e., 

foamy oil) are respectively formulated. In addition to a mechanistic model for 

quantifying a single gas bubble growth, a novel and pragmatic technique has been 

proposed and validated to quantify dynamic volume of foamy oil for the aforementioned 

systems under nonequilibrium conditions by taking preferential mass transfer of each 

component in a gas mixture into account.  

      The individual diffusion coefficient of each gas component with consideration of 

natural convection is found to be larger than that obtained with conventional methods. An 

increase in either volume expansion rate or pressure decline rate would increase the 

critical supersaturation pressure, whereas a high temperature leads to a low critical 

supersaturation pressure. When pressure is below the pseudo-bubblepoint pressure, 

density and compressibility of foamy oil are found to sharply decrease and increase at the 

pseudo-bubblepoint pressure, respectively. Also, pseudo-bubblepoint pressure and rate of 

gas exsolution is found to be two mechanisms dominating the volume-growth rate of the 

evolved gas, which is directly proportional to supersaturation pressure, pressure decline 

rate, and concentration of each gas component under nonequilibrium conditions. 
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NOMENCLATURE 

Notations 

 a a parameter representing the bubble growth rate 

 A constant in Equation [3-7] 

cA   cross-sectional area of the PVT cell, m2 

 constant unique to the ith component of liquid mixture 

 B constant in Equation [3-7]

gB   constant in Equation [2-1] 

 constant unique to the ith component of liquid mixture 

 ,c r t   gas concentration at radius r and time t, mol/m3 

bdc   dispersed gas concentration, gmol/m3 

doc  compressibility of dead oil, kPa-1 

enc    compressibility of entrained gas, kPa-1 

foc  compressibility of foamy oil, kPa-1 

gdc    dissolved gas concentration, gmol/m3 

gdc   dissolved gas solubility, gmol/m3 

ic  the ith solvent or CO2 concentration in the liquid phase, mol/m3 

0ic   initial concentration of the ith solvent or CO2, mol/m3 

plc   heat capacity of the liquid phase, J/(kgK) 

liA

liB
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satc   solvent concentration at the gas-liquid interface, mol/m3 

sgc   compressibility of solution gas, kPa-1 

tc  compressibility of liquid under equilibrium conditions, kPa-1 

d   bubble growth rate coefficient 

pd   pressure decline rate, kPa/s 

goD   diffusion coefficients of gas solvent in heavy oil, m2/s 

iD   the ith solvent or CO2 diffusion coefficient, m2/s 

ogD   diffusion coefficient of heavy oil in gas solvent, m2/s 

f    a function of site geometry and wettability 

mf    foam quality 

,en of f    volume fraction of entrained gas and heavy oil 

vf    volume fraction of the dispersed phase 

1,2G    the gas bubble growth parameters 

 J the number of bubble per unit time and unit volume of a liquid 

0J   the number of molecules per unit of volume 

 K Boltzmann’s constant 

hK   kinetic constant 

sK   solubility constant 

0l   initial height of the liquid phase, m 

 l t   height of the liquid phase at time t, m 



xix 
 

 m mass of a molecule, g 

1m   bubble growth coefficient at pbt t   

2m   bubble growth coefficient at pbt t  

, ,a b cm    constant in Table 2-1 

fom  mass of foamy oil, g 

tm   total mass of gas-heavy oil mixture, g 

freeMW    molecular weight of free gas, g/mol 

n  mole of gas, mol 

enn  mole of entrained gas, mol 

eqn   mole of evolved gas under thermodynamic conditions, mol 

evn  mole of the evolved gas under nonequilibrium conditions, mol 

freen   mole of free gas, mol 

sn   supersaturation expressed in moles of gas, mole 

1,2N    nucleation parameters 

bN    total number of gas bubbles in oleic phase 

gN   number of gas solvent component 

mN  number of experimental data 

gp   pressure of gas bubble, kPa 

lp  pressure of liquid phase, kPa 



xx 
 

bP    bubblepoint pressure, kPa 

cP   critical pressure, kPa 

eP  pressure at the end of CCE experiment, kPa 

iP  initial pressure of the entire system, kPa 

cal
iP   calculated pressure corresponding to the ith measured pressure point, kPa 

m
iP   the ith measured pressure point, kPa 

pbP  pseudobubble point pressure, kPa 

piP   parachor of the ith component 

refP     reference pressure, 101.325 kPa 

sP   apparent critical supersaturation pressure, kPa 

 P t    pressure at time t, kPa 

P   pressure deviation from atmospheric pressure, MPa 

lgP    pressure difference between gas and liquid in critical bubble, kPa 

sP   supersaturation pressure, kPa 

 q volume increment of entire system per unit time, m3/s 

 r radial distance from the center of the liquid shell, μm 

1,2
ar   mass transfer rates per unit volume per unit time of dissolved gas into 

dispersed bubbles, kg/m3·s 

0br  radius of an initial gas bubble, μm 

br  change of br   over time, μm/s 



xxi 
 

 br t  radius of the gas bubble at time t, μm 

cr   radius of a capillary, μm 

1,2
dr   mass transfer rates of dispersed bubbles into connected bubbles, kg/m3·s  

er  outer boundary radius of the liquid shell, μm 

 R universal gas constant, kPam3/Kmol 

,s soR R   solution gas-oil ratio and gas-oil ratio, respectively, m3/m3 

 s swelling factor 

cal
is  calculated dynamic swelling factor 

m
is  measured dynamic swelling factor 

 t time, s 

ct   interaction time between two bubbles, s  

dgt   age of the dispersed gas, s 

eqt   time required to reach thermodynamic conditions, s 

it   time of the liquid film trapped between the bubbles to drain, s 

pbt    critical time corresponding to the pseudo-bubblepoint pressure, s 

t    time step size, s 

T   temperature, K 

cT   critical temperature, K 

hT    temperature of the PVT chamber, K 

lT   temperature of liquid phase, K 



xxii 
 

liT   initial temperature of liquid phase, K 

rT   reduced temperature 

u   velocity of natural convection, m/s 

ru   radial fluid velocity, μm/s  

 V t  total volume of mixture,  m3 

V   corrected molar volume, m3/kmol 

cV  critical volume of each component, m3/kmol 

foV  volume of an alkane solvent(s)–CO2–heavy oil system, m3 

freeV   volume of free gas, m3 

 gV t   volume of gas phase, m3 

cal
iV  calculated volume corresponding to the ith measured pressure point , m3 

m
iV   the ith measured volume point, m3 

p
iV   the ith component corrections 

 lV t  volume of liquid phase, m3 

liV    initial volume of liquid phase, m3 

MV   molar volume, m3/kmol 

0 , t
Mx MxV V  molar volume of oleic phase at initial stage and time t, respectively, m3/kmol 

, c m
T TV V   calculated and measured volume of experimental fluids, respectively, m3 
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CHAPTER 1 INTRODUCTION 

 

1.1 Heavy Oil Primary Recovery 

With the continuously increasing oil consumption, oil production from unconventional 

resources (e.g., heavy oil, tight oil, and shale gas) will gradually occupy more and more 

market shares around the world. Such an increasing trend can be peeped from the fact 

that the United States has been ranked as the number one oil producer of the world in 

2014 with the contribution of tight oil production (Smith, 2014). Similar to tight oil, 

heavy oil inarguably, is one of the most important unconventional oil resources, though 

its recovery cost is still high. The estimated volume about 434 billion barrels of 

technically recoverable heavy oil (100 cP < viscosity < 10000 cP and API < 22°) in the 

known accumulations accounts for 45.8% of the remaining conventional oil reserves 

(viscosity < 100 cP and API > 22°) in the world (Meyer and Attanasi, 2003). 

 

In addition to minimizing greenhouse gas emissions (mainly CO2) and thus reducing the 

carbon footprint, heavy oil recovery has to face more challenges than that of conventional 

oils due mainly to its remarkably high viscosity under reservoir conditions. Numerous 

efforts have been made to facilitate mobilizing the residual heavy oil by using heat, CO2, 

water, solvent(s), and polymer during the so-called secondary and tertiary recovery stages 

(Butler, 1991; Bulter and Mokrys, 1992; Farouq Ali, 2003; Santos et al., 2014). Although 

those techniques can effectively boost the heavy oil production, the relatively high 

recovery cost is still an inevitable disadvantage. For example, the ratio of the energy used 

to the energy produced can even reach 30% for extracting the extra heavy oil compared 
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to 6% of conventional oil and gas because of the required significant amount of heat 

(Seljom, 2010). Also, thermal recovery methods normally require huge amount of water 

while emitting a large amount of greenhouse gases (e.g., CO2). Therefore, it is of 

fundamental and practical importance to enhance the primary recovery factor for heavy 

oil reservoirs while mitigating the negative environmental impact in a cost-effective and 

sustainable manner. 

 

In fact, primary recovery or solution-gas drive plays an important role for heavy oil 

production with a recovery factor of 5–15% of the original-oil-in-place (OOIP) (Maini, 

1996; 2001; Firoozabadi, 2001; Arora and Kovscek, 2003). The oil production driven by 

solution gas drive usually shows much better performance than that of a conventional oil 

reservoir. Such a unique phenomenon is always accompanied with an unexpected high 

recovery factor, remarkably low gas-oil ratio (GOR), and a larger-than-expected well 

production rate (Sarma and Maini, 1992; Sheng, 1997; Kamp et al., 2001). Numerous 

efforts have been made to identify the underlying mechanisms of primary recovery of 

heavy oil, among which the so-called foamy oil has been, eventually, accepted to be the 

main mechanism (Maini et al., 1993; Sheng et al., 1996; Mastmann et al., 2001; Bennion 

et al., 2003). Even for the secondary and tertiary recovery techniques, it is possible to 

artificially induce foamy oil flow in heavy oil reservoirs with non-hydrocarbon gases, 

such as CO2 (Or et al., 2014). As CO2 solubility in heavy oil is limited, addition of alkane 

solvent(s) to the CO2 stream is able to accelerate the mass transfer between gas phase and 

heavy oil (Li, 2013; Li et al., 2013a; b; Zheng et al., 2016b). Nonequilibrium phase 

behaviour is essentially associated with in-situ generation of foamy oil, delivering a 
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greater recovery potential with less reservoir pressure decline as well as lower GOR than 

those predicted by using the existing reservoir simulators that are based on 

thermodynamic equilibrium. Therefore, both pragmatic and fundamental works need to 

be conducted in terms of nonequilibrium phase behaviour and mass transfer in order to 

effectively utilize the energy originated from the solution gas and maximize the 

corresponding recovery factor.      

 

1.2 Objectives of the Study 

Nonequilibrium phase behaviour of foamy oil is physically stemmed from the fact that 

the gas evolved from the saturated heavy oil with a decrease of pressure is partially or 

entirely entrained in the liquid phase rather than directly released to be free gas. The 

distinct phase behaviour of foamy oil, evidently, is strongly associated with the amount 

of the entrained gas in the liquid (Kraus et al., 1993; Sheng et al., 1995; Wang et al., 

2009). Consequently, an experimental and theoretical work to examine effects of gas 

bubbles on the foamy oil shall serve as the necessary foundation for addressing the issue 

of nonequilibrium phase behaviour of foamy oil. 

 

The major objective of this research is aiming to develop experimental and theoretical 

techniques to quantify the nonequilibrium behaviour and the corresponding physical 

properties of foamy oil used for numerical simulation and mass transfer processes 

occurring between gas phase (including free gas and gas bubble) and liquid phase for 

alkane solvent(s)–CO2–heavy oil systems under reservoir conditions. The detailed 

objectives are listed as follows: 
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1). To perform PVT experiments for quantifying equilibrium and nonequilibrium 

phase behaviour for the alkane solvent(s)–CO2–heavy oil systems under reservoir 

conditions while examining the effects of addition of alkane solvent(s) to the 

CO2 stream on heavy oil properties; 

2). To formulate theoretical models to determine the individual diffusion coefficient 

of each component in a alkane solvent(s)–CO2–heavy oil mixture with 

consideration of natural convection induced by swelling effect and heat; 

3). To theoretically quantify the nonequilibrium phase behaviour and mass transfer 

of the aforementioned systems under reservoir conditions and thus predict the 

physical properties of foamy oil;  

4). To develop a mechanistic model for formulating gas bubble growth processes by 

taking into account the contribution of each individual component of a gas 

mixture under reservoir conditions; and  

5). To apply the newly developed mechanistic model to quantify the actual 

nonequilibrium phase behaviour with consideration of preferential diffusion. 

 

1.3 Outline of the Study 

In total, eight chapters are included in this dissertation. Chapter 1 briefly introduces 

background of the research topic together with the detailed research objectives. Chapter 2 

summarizes the updated literature review associated with nonequilibrium phase 

behaviour and related mechanisms of gas bubble formation. Chapter 3 proposes a novel 

mathematical model to determine the individual diffusion coefficient of each component 

in alkane solvent(s)–CO2–heavy oil systems with consideration of natural convection 
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induced by the diluted and heated heavy oil. Chapters 4 and 5 respectively present a 

pragmatic and robust technique to experimentally and theoretically quantify the 

nonequilibrium phase behaviour together with foamy oil properties of alkane solvent(s)–

CO2–heavy oil systems under a constant volume expansion rate and a constant pressure 

decline rate. A mechanistic model has been developed and validated to describe a single 

gas bubble growth process by taking into account the contribution of each individual 

component of a gas mixture under reservoir conditions in Chapter 6. Furthermore, 

Chapter 7 extends the newly proposed single gas bubble model to formulate the dynamic 

volume growth of foamy oil with consideration of preferential diffusion of the 

aforementioned systems. Finally, Chapter 8 summarizes the major contributions together 

with the main scientific findings on this research, while recommendations for future work 

are accordingly introduced.   
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CHAPTER 2 LITERATURE REVIEW 

 

2.1 Introduction 

A number of heavy oil reservoirs under solution gas drive show anomalously good 

primary performance featured by high oil production rates, low producing gas-oil ratio 

(GOR) and high oil recovery compared with that of conventional oil reservoirs (Sarma 

and Maini, 1992; Sheng, 1997; Kamp et al., 2001). Nonequilibrium phase behaviour has 

been considered as an important aspect (e.g., in-situ generation of foamy oil during 

production) for increasing primary heavy oil recovery, while it can be found in 

solvent(s)-assisted heavy oil recovery processes. Physically, nonequilibrium phase 

behaviour is closely associated with the in-situ generation of foamy oil in heavy oil 

reservoirs where dispersed gas remains in the viscous liquid phase at pressures below the 

thermodynamic bubblepoint pressure (Thomas et al., 2014). As for the mechanisms of 

gas bubble formation in heavy oil, time evidently plays a key role on the understanding of 

foamy oil generation and quantification of the amount of the entrained gas (Sheng et al., 

1999b). In addition, as a nonequilibrium thermodynamic system, the phase behaviour of 

foamy oil is characterized by some specific properties, such as supersaturation (Maini, 

2001) and the so-called “pseudo-bubblepoint pressure” (Kraus, 1993). Such 

characteristics make foamy oil obviously be distinguished from equilibrium 

thermodynamic systems under the same conditions. Essentially, the nonequilibrium phase 

behaviour is resulted from the capture of the evolved gas in the liquid phase and 

eventually induces the aforementioned oil production performance during primary 

recovery of heavy oil. 
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2.2 Mechanisms of Gas Bubble Formation 

The solution gas drive of heavy oil includes a large number of mechanisms as similar as 

those found in conventional oil reservoirs (Sheng et al., 1999c). In general, gas bubble 

formation in heavy oil involves three stages, i.e., bubble nucleation, bubble growth, and 

bubble coalescence, which are same as those in conventional oils (Firoozabadi et al., 

1992; Kashchiev and Firoozabadi, 1993; Sheng et al., 1999c). The notable difference is 

that all of the three stages are supposed to instantly occur in conventional light oils; 

however, as for heavy oil, the entire gas bubble formation processes would only take 

place during a certain period. 

 

2.2.1 Gas bubble nucleation 

The physical implication of gas bubble nucleation can be understood as a volatile fluid in 

contact only with other condensed phases (Blander, 1979). The occurrence of gas 

nucleation is mainly resulted from either a pressure decline below the bubblepoint 

pressure or a temperature increase above the boiling point, i.e., the so-called cavitation 

and boiling, respectively (Kumar, 1999). Accordingly, for heavy oil recovery, the 

cavitation shall be the main mechanism of gas bubble nucleation taking place in 

reservoirs. 

 

As for the experimental quantification of gas bubble nucleation in the oil industry, 

Chatenever et al. (1959) initiated research early in this regard with 116 laboratory 

experiments performed in glass-bead packing and thin sections of natural sandstone and 

limestone. It has been found that supersaturation is necessary for the nucleation of gas 
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bubbles, though the supersaturation behaviour is not stable and thus difficult to be 

reproduced even for the same systems. Li and Yortsos (1991) observed that nucleation of 

gas bubbles is originated from different locations in the glass micromodels utilized in 

their experiments. To identify the mechanisms accounting for the anomalous heavy oil 

production, Sarma and Maini (1992) experimentally examined effects of gas nucleation 

on heavy oil recovery and found that nucleation cannot improve the mobility of the liquid 

phase. After examining the effect of interfacial tension (IFT) on the gas nucleation, 

Mackay et al. (1998) concluded that high values of gas/oil IFT lead to increasing levels 

of supersaturation with relatively fewer bubbles nucleating on the water-solid surface 

under waterflooding conditions. It is interesting to note that two types of contrary 

experimental results are obtained for gas nucleation processes. By utilizing transparent 

micromodels to understand the mechanisms of gas bubble nucleation with pressure 

decline in a CO2–water system, Yousfi et al. (1997) observed that gas bubble nucleation 

is basically instantaneous except for those captured by capillary force in porous media. 

Also, the total number of gas bubbles can be expressed as a function of supersaturation. 

A similar phenomenon of gas nucleation has also been found in a Berea sandstone sample 

held with a visualized coreholder by Firoozabadi and Aronson (1999). On the contrary, 

Bora et al. (1997) experimentally found that the bubble nucleation is not an instantaneous 

process, i.e., the nucleation of new bubbles continues to appear late in the pressure 

depletion processes from a series of flow visualization experiments. 

 

For the theoretical study of nucleation, development of classical nucleation theory (CNT) 

can be traced back to almost a century ago (Volmer and Weber, 1925; Reguera and 



9 
 

Miguel, 2015). Since then, numerous efforts have been made to quantify the nucleation 

due to its frequent occurrence and extensive applications in different industries (Farkas, 

1927; Zeldovich, 1943; Deryagin, 1994; Frank et al., 2007). Traditional nucleation theory 

generally classifies gas nucleation as two types of nucleation processes, namely, 

homogeneous nucleation and heterogeneous nucleation, based on characteristics of the 

interface between gas phase and the enclosing phase (Blander, 1979; Avedisian, 1985; Li 

and Yortsos, 1995; Delale et al., 2003). More specifically, theoretical rate for 

homogeneous nucleation is able to be expressed as follows (Wilt, 1986; Oxtoby, 1998), 

3
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                                         [2-1] 

where J is the number of bubble per unit time and unit volume of a liquid; 0J  is the 

number of molecules per unit of volume; K is Boltzmann’s constant; T is absolute 

temperature; σ is IFT between gas and liquid; ΔPlg is the pressure difference between gas 

phase and liquid phase in critical bubble; m is mass of a molecule; and 1gB   or 
2

3gB    

for chemical equilibrium and mechanical equilibrium, respectively.  

 

Yortsos and Parlar (1989) postulated that heterogeneous nucleation is the most plausible 

mechanism pertaining to the nucleation of porous media owing mainly to a relatively low 

supersaturation (i.e., possible several thousand psi less than that of the homogeneous 

nucleation) and rough interface between liquid and solid. Then, a heterogeneous 

nucleation rate model is proposed as follows (Moulu, 1989; Yortsos and Parlar, 1989), 
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where Kh is a kinetic constant; f is a function of site geometry and wettability, ranging 

from 0 to 1 to represent from the homogeneous nucleation to completely heterogeneous 

nucleation. Kashchiev and Firoozabadi (1993) further indicated that, if the radius of 

grains in porous media is much larger than 10 nm, f can be formulated as follows, 

 
32 3cos cos

4
f

   
                                         [2-3] 

where θ is the wetting angle between liquid and grain.  

 

An alternative model, which is expressed as follows, presented that nucleation activation 

is only dependent on the local variables (Li and Yortsos, 1995), 

s lK c P
W


                                                     [2-4] 

where Ks is solubility constant; c is concentration of solute (i.e., dissolved gas); lP  is 

liquid pressure, and W is crevice mouth size. Although such nucleation condition does 

not involve any intrinsic kinetic mechanisms of classical nucleation theory (i.e., whether 

homogeneous or heterogeneous), it is still of the nature of heterogeneous nucleation 

(Sheng et al., 1999c).    

 

Although the nucleation rate has been effectively quantified with the aforementioned 

models rooted in classical nucleation theory, an argument associated with the nucleation 

processes still exists between the two contradictory theories, i.e., instantaneous nucleation 

(IN) model and progressive nucleation (PN) model (Kashchiev and Firoozabadi, 1993; Li 

and Yortsos, 1995; Firoozabadi and Kashchiev, 1996). In terms of the former, all nucleus 

bubbles are assumed to form at once and then gradually grow (Kashchiev and 
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Firoozabadi, 1993; Firoozabadi and Kashchiev, 1996). In contrast, as for the latter, new 

bubbles are assumed to continuously nucleate among the growing ones with 

consideration of the density of bubbles as a function of time (Kashchiev and Firoozabadi, 

1993; Li and Yortsos, 1995).  

 

Firoozabadi and Kashchiev (1996) employed the gas volume expression, which is derived 

from the incorporation of a nucleation rate model and a bubble growth model, to examine 

the reliability of the IN and PN models, respectively. It is found that the calculated results 

with PN model are not supported by the experimental data because the pronounced effect 

of IFT on supersaturation is not observed in the laboratory experiments. However, 

Yortsos (1997) concluded that the nucleation process is essentially progressive due to the 

heterogeneous nucleation occurring in porous media. In detail, the activation of 

nucleation in porous media is dependent on the condition of Equation [2-4]. Nucleation, 

therefore, would take place at the different time by taking different characteristics of 

nucleation sites into account (Li and Yortsos, 1995). Sheng et al. (1999c) also asserted 

that the IN process actually is a special case of the PN process when supersaturation is 

instantly achieved by a rapid one-step pressure drop. This is because the initial 

supersaturation, evidently, is the maximum one when a rapid one-step pressure drop is 

utilized to induce the supersaturation. Consequently, no more sites can be activated after 

the pressure drop since all sites that can be activated have been triggered to nucleate by 

the supersaturation based on Equation [2-4]. In spite of the inconsistent understanding 

about the nucleation process, the mechanistic model developed by Arora and Kovscek 
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(2003) theoretically found that both the IN model and the PN model can be successfully 

used to match the experimental measurements for light oil and viscous oil, respectively.    

 

2.2.2 Gas bubble growth 

When gas bubble has nucleated in the enclosing liquid phase, the gas bubble volume will 

continuously increase if the radius of gas bubble is larger than a critical value. Scriven 

(1959) proposed a generalized model to mathematically describe the growth process of a 

single gas bubble based on the equation of continuity, equation of motion, equation of 

energy flow, and equation of mass flow. Such a complicated equation matrix makes the 

solving of the proposed mathematical model extremely difficult. Accordingly, numerous 

efforts have been made to analytically or numerically solve the aforementioned model for 

accurately quantifying the growth of a single gas bubble involved in chemical 

engineering, petroleum engineering, geology science, and food engineering. In particular, 

as for the heavy oil recovery, the bubble growth can be postulated as a process induced 

by pressure depletion (rather than heat) in a Newtonian liquid. Therefore, numerous 

attempts have been focused on examining effects of liquid inertia, surface tension, 

viscous forces, and natural convection on the bubble growth (Szekely and Martins, 1971; 

Patel, 1980; Kumar, 1999; Sheng et al., 1999c; Wong and Maini, 2007).  

 

Szekely and Martins (1971; 1973) numerically solved the model to address the growth of 

a stationary spherical gas bubble in a quiescent liquid with the assumption of a constant 

liquid pressure and infinite liquid volume. With the comparison between experimental 

measurements and theoretical calculation of C5–C14 systems, they concluded that the 
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liquid inertia plays an important role in determining the growth rate at the very initial 

stage; however, hydrodynamic and surface kinetic effects tend to dramatically diminish 

in their importance with an increase of gas bubble volume. Such results are consistent 

with those reported in previous work (Birkhoff et al., 1958). After the very beginning 

stage of bubble growth, mass transfer becomes an important factor controlling the gas 

bubble growth (Kashchiev and Firoozabadi, 1993; Sheng et al., 1999c).  

 

Obviously, the simplification of infinite liquid volume in Szekely and Martins (1971)’ 

works cannot be used to effectively represent the actual physical processes of the gas 

bubble growth in the liquid phase due to the indeed limited amount of the dissolved gas. 

Rosner and Epstein (1972) theoretically quantified the bubble growth process with taking 

into account of interface motion and self-induced radial fluid motion. Arefmanesh et al. 

(1992), eventually, provided accurately numerical solutions of a single gas bubble growth 

with a limited dissolved gas concentration in a Newtonian fluid. The gas bubble radius is 

found to be a function of time before time reaches its threshold value. After that, the 

radius of gas bubble stops increasing owing to the limited amount of the dissolved gas. 

Combining with the heterogeneous bubble nucleation model, Moulu (1989) extended the 

aforementioned single bubble growth model to a theoretical equation matrix accounting 

for the relationship between gas saturation and pressure. Similar theoretical efforts have 

also been made with the boundary conditions of gradual volume expansion and pressure 

depletion (Kumar and Pooladi-Darvish, 2001). Wong and Maini (2007) further applied 

the single bubble growth model to interpret the nonequilibrium phase behaviour of pore 

pressure and volume changes by taking the liquid compressibility into account.  
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Physically, a gas bubble evolved from the heavy oil usually is a multicomponent vapour 

system comprising the dissolved gas and/or the injected solvent(s)/CO2. So far, few 

attempts have been made to determine the mass transfer rate of different components as a 

function of gas concentration, diffusion coefficient, temperature, and pressure, not to 

mention the bubble growth rate and the nonequilibrium behaviour of foamy oil under 

such complicated conditions. Cable and Frade (1987) presented both analytical and 

numerical solutions for a single gas bubble growth in an infinite volume liquid phase with 

several independently diffusing gases, while Gor and Kuchma (2009) developed and 

analytically solved the model describing the growth process of a two-component gas 

bubble based on the assumption of a steady-state composition in the gas bubble. 

 

Although the aforementioned theoretical descriptions can be employed to effectively 

quantify the characteristics of gas bubble growth and be generally accepted, it is a time-

consuming process to numerically solve the equation matrix due to the complicated 

procedure where many parameters are involved. After summarizing a number of 

experimental and theoretical works on bubble growth, Jones et al. (1999) concluded that 

a power function associated with time, which can be used to simply describe the 

relationship between the bubble radius and time, i.e., 

    ~ ar t                                                          [2-5] 

where r is the radius of a gas bubble, t is time, and a is a parameter representing the 

bubble growth rate. The range of such parameter, a, has been found to be large due to the 

possible effects of different factors (Scriven, 1959; Moulu, 1989; Jones et al., 1999). 

Kashchiev and Firoozabadi (1993) also indicated that three regimes of gas bubble growth 
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respectively dominated by inertia of the liquid, evaporation and condensation, and 

diffusion result in three different  br t  dependencies. Since the radius of a gas bubble is 

evidently proportional to its volume, Sheng et al. (1995; 1997; 1999c) further quantified 

the amount of the evolved gas, nev, as a power function of time, i.e., 
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                                            [2-6] 

where nev is the amount of gas evolved at thermodynamic equilibrium; teq is the time 

required to reach the thermodynamic equilibrium; and d is the gas-bubble growth rate 

coefficient. 

 

2.2.3 Gas bubble coalescence 

Bubble coalescence is a process occurring when two bubbles come close to each other in 

a gas-liquid dispersion (Kumar, 1999). It is one of important processes that not only 

govern the distribution of gas bubble size, but also affect the interfacial mass transfer rate 

owing to the renewal of bubble surfaces (Chen et al., 1998; Laari and Turunen, 2005). It 

is desired to accurately quantify bubble coalescence because the physical laws that 

dominate the bubble coalescence have not yet been completely understood, especially in 

porous media (Kumar, 1999; Sheng et al., 1999c; Laari and Turunen, 2005; Slettebø, 

2009). Basically, three regimes are recognized to be involved during the entire bubble 

coalescence process (see Figure 2-1): (1) bubble collision, trapping a small amount of 

liquid; (2) liquid film drainage, draining liquid film between two bubbles; and (3) rupture 

of the film, forming a larger bubble  (Slettebø, 2009).  
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Figure 2-1 The three regimes occurring in bubble coalescence: Collision, liquid film 
drainage, and rupture (Slettebø, 2009) 
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Marrucci (1969) proposed a theory in which the thinning of a liquid film between two 

contacting bubbles was divided into two stages: (1) an extremely rapid thinning of film 

down to a quasi-equilibrium thickness and (2) further thinning of quasi-equilibrium film 

down to the rupture. It is suggested that the diffusion on the border of the film determine 

the thinning rate, and then predictive equations for the coalescence time can be quantified. 

Chesters (1991) presented that the drainage time (i.e., the time of the liquid film trapped 

between the bubbles to drain) and the interaction time between two bubbles can be 

expressed as, 
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where rV  is the relative velocity of the colliding bubbles; l  is the density of liquid. 

Slettebø (2009) pointed out that drainage time must be shorter than interaction time so 

that the collisions of two bubbles can lead to coalescence. 

 

In particular, as for the study of bubble coalescence in foamy oil, Geilikman et al. (1995) 

categorized gas bubbles of heavy oil into rigid (small) bubbles and soft (large) bubbles 

based on the interrelation between fluid pressure and capillary pressure. The rigid bubble 

is not only more stable than the soft one, but also more difficult to coalesce because of 

the compression of capillary pressure. Bora et al. (2003) experimentally found that the 

coalescence of gas bubbles in foamy oil is mostly caused by two distinct mechanisms in 

porous media: (1) approaching coalescence of two adjoining gas bubbles during their  
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growth processes and (2) colliding coalescence of two gas bubbles during their flow 

processes. Based on mechanism (1), therefore, the coalescence rate of gas bubbles in 

heavy oil would be decreased to some degree because of high viscosity. Such findings, in 

fact, have also been observed in other laboratory experiments (Dusseault, 1993; Pooladi-

Darvish and Firoozabadi, 1999). Although numerous attempts have been made to develop 

theoretical models for quantifying the bubble coalescence processes since 1950s (Luo, 

1993), most of which are still only applicable for a limited range of the conditions and 

materials because of the extremely complicated physical processes and a great number of 

factors involved in the coalescence, such as IFT, liquid viscosity, and buoyancy 

(Homayouni et al., 2008).  

 

2.2.4 Mass transfer during gas bubble formation 

Mass transfer between gas and liquid phase plays a critical role on gas bubble formation 

(Li, 1996; Jones et al., 1999; Lillico et al., 2001). Especially, for gas bubble growth in a 

hydrocarbon liquid, mass transfer process is indispensable to be investigated because 

most of the amount of dissolved gas comes out of the liquid in this stage considering the 

tiny volume of the critical embryo during the nucleation process (Yortsos and Parlar, 

1989; Kashchiev and Firoozabadi, 1993). In other words, the phenomenon of either the 

gas bubble growth at micro-scale or exsolution of dissolved gas at macro-scale is 

dominated by the process of gas component transferring from liquid phase to gas phase. 

Molecular diffusion has been apparently believed to be the main mechanism accounting 

for such mass transfer process, though the factors that govern this process are not well 

understood yet (Jones et al., 1999). Accordingly, considering that the concentration of 
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gas solvent in oleic phase is relatively easily obtained, diffusion coefficient becomes a 

key parameter required for accurately quantifying the mass transfer process and thus 

describing the gas bubble growth.  

 

Until now, numerous efforts have been made to experimentally and theoretically 

determine diffusion coefficients for solvent(s)–heavy oil systems under various 

conditions (Yang and Gu, 2006a; Luo and Kantzas, 2008; Guerrero-Aconcha et al., 2008; 

Song et al., 2010; Li and Yang, 2016; Zheng and Yang, 2016). In general, diffusion 

coefficient can be obtained indirectly by minimizing the deviation between the 

experimental measurements and theoretical calculations from various mathematical 

models. As for such an indirect determination, PVT tests, X-ray method, and NMR 

approach are found to be effectively experimental approaches for quantifying mass 

transfer of a solvent in heavy oil (Wen et al., 2005; Li, 2006; Song et al., 2010). Both 

analytical and numerical solutions of mathematical models have been used to determine 

diffusion coefficients with Fick’s law, depending on the complexity of history matching 

experimental processes (Renner, 1988; Sachs, 1998; Civan and Rasmussen, 2006).  

 

During diffusion experiments, fluids flow or convection cannot be avoided due to 

experimental procedures or swelling effect induced by the heated or diluted crude oil. 

Since numerical solutions related to mass transfer models for accurately describing the 

fluid flow are complex, it is difficult to isolate the contribution of convection to the mass 

transfer, which has been vaguely combined with diffusion mechanisms as stated in most 

of the literatures (Wen et al., 2005; Civan and Rasmussen, 2006; Yang and Gu, 2006b; 
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Moghaddam et al., 2011). Such a vague combination can cause the to-be-measured 

diffusion coefficient deviated from its true value up to two orders of magnitude (Yang 

and Gu, 2006b). To examine effects of heat or natural convection, Farajzadeh et al. (2007) 

initiated a study on diffusion coefficients of the CO2–water systems by considering the 

density-driven natural convection. As for CO2–n-C16H34 systems, Li and Dong (2009) 

calculated the velocity resulted from the swelling effect in a porous medium and thus 

indirectly determined the corresponding diffusion coefficients, accounting for both effect 

of convection and diffusion mechanism. By treating heavy oil as one pseudocomponent 

(Sun et al., 2014; Li et al., 2016) and multiple pseudocomponents (Zheng and Yang, 

2016; Zheng et al., 2016a; Zheng and Yang, 2017), generalized methods have been 

developed to determine individual diffusion coefficients for alkane solvent(s)–heavy oil 

systems at high pressures and elevated temperatures without considering convection. So 

far, no attempts have been made to determine individual diffusion coefficient with 

consideration of natural convection (Li and Yang, 2016; Zheng et al., 2016a), though 

natural convection may impose a great impact on the mass transfer rate as documented 

elsewhere (Li and Dong, 2009). 

 

2.3 Nonequilibrium Phase Behaviour 

2.3.1 Supersaturation 

For saturated oil, supersaturation is defined as the pressure difference between 

bubblepoint pressure ( bP ) and actual pressure of the liquid phase (Kamath and Boyer, 

1995). It is mainly utilized to indicate the supersaturated degree of a liquid system, i.e., 

the degree that the amount of the dissolved gas at actual given pressure and temperature 

exceeds that of gas dissolved under equilibrium conditions (Kennedy and Olson, 1952). 
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Physically, gas bubble nucleation and gas bubble growth are found to have a close 

relationship with supersaturation. When pressure is lower than the bubblepoint pressure 

during a pressure depletion process, the live oil turns into a supersaturated system. Then, 

the gas bubbles begin to form once a supersaturation threshold is reached (Kamath and 

Boyer, 1995).  

 

As early as 1950s, laboratory experiments revealed that the bubble formation frequency 

is a function of supersaturation in a CH4–kerosene mixture within both silica and calcite 

systems (Kennedy and Olson, 1952; Firoozabadi et al., 1992). Wieland and Kennedy 

(1957) further indicated that the rate of gas bubble formation increases with an increase 

in supersaturation. Meanwhile, both homogeneous and heterogeneous nucleation models 

presented that there is a firmly positive correlation between supersaturation and bubble 

nucleation rate (Wilt, 1986; Yortsos and Parlar, 1989; Oxtoby, 1998). In other words, 

once a gas bubble is formed, the mass transfer of gas from the enclosing liquid to the gas 

bubble can reduce the degree of supersaturation and prevent new bubbles from forming 

in the vicinity of the existing bubble (Kortekaas and van Poelgeest, 1991).  

 

Based on supersaturation, as for bubble growth, Yortsos and Parlar (1989) asserted that 

the bubble growth process can be divided into three regimes, i.e., (1) low supersaturation 

( s lP p  ), (2) moderate supersaturation ( s lP p   ) and (3) large supersaturation 

( s lP p   ), where sP  is supersaturation and lp  is pressure of a liquid mixture, which is 

lower than the bubblepoint pressure. For the first two regimes (i.e., low supersaturation 

and moderate supersaturation), gas bubble growth processes are mainly controlled by 
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mass transfer since the inertial and viscous forces can be neglected. On the contrary, the 

inertial and viscous forces play an important role at the early stage of the bubble growth 

under the condition of large supersaturation. Kashchiev and Firoozabadi (1993) proposed 

a bubble growth model that quantified bubble growth rate as a power function of 

supersaturation, stating that the bubble growth rate increases with an increase in 

supersaturation of the liquid system. Namely, the higher the supersaturation is, the larger 

the bubble formation rate will be (Stewart et al., 1954). 

 

The magnitude of supersaturation is remarkably affected by the characteristics of the 

involved system, operating conditions, and the pressure depletion level (Sheng et al., 

1999c). Kortekaas and van Poelgeest (1991) pointed out that the degree of 

supersaturation developed under low pressure decline rate will most likely differ from 

those developed under high pressure decline rates. In particular, a low pressure decline 

rate would result in a low supersaturation (Bauget and Lenormand, 2002). Such findings 

have been previously reported and verified by a number of researchers (Stewart et al., 

1954; Handy, 1958; Moulu, 1989; Firoozabadi et al., 1994; Sheikha and Pooladi-Darvish, 

2009).  

 

The properties of porous medium also show their influences on the supersaturation. A 

porous medium composed of random packing and sharp-edged grains leads to a low 

supersaturation under the same conditions (Chatenever et al., 1959). Firoozabadi et al. 

(1992) experimentally found that a porous medium with small pore space may result in a 

relatively low supersaturation compared with those having a large pore space. Meanwhile, 
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a larger capillary force existing in porous media can result in a higher degree of 

supersaturation (Kamath and Boyer, 1995). 

 

2.3.2 Pseudo-bubblepoint pressure 

Pseudo-bubblepoint pressure ( pbP ) represents the pressure at which the entrained gas in 

heavy oil begins to form either free gas phase (Chen et al., 2015) or continuous gas phase 

(de Mirabal et al., 1996; Wang et al., 2008). It is worthwhile noting that pseudo-

bubblepoint pressure is a parameter likely associated with rheological properties of the oil 

and the producing reservoirs or sandpack models. The pseudo-bubblepoint pressure is not 

a thermodynamic property and could vary with time (Joseph and Kamp, 2002).  

 

Pseudo-bubblepoint pressure is assumed to be an adjustable parameter in the so-called 

pseudo-bubblepoint pressure model in order to match field or laboratory measurements of 

foamy oil (Kraus et al., 1993), whereas, under certain conditions, it can be accurately 

determined with experimental methods (Wang et al., 2008). Two main techniques are 

generally utilized to identify the occurrence of pseudo-bubblepoint pressure during the 

pressure depletion processes, i.e., (1) the turning point of volume-pressure curve and (2) 

the change of gas-oil ratio (GOR). As for the former, the pseudo-bubblepoint pressure is 

physically equal to the nucleation pressure documented elsewhere (Sheng et al., 1999c). 

During constant-composition expansion (CCE) experiments, nucleation pressure can be 

determined by the turning point of compressibility of the mixture (Firoozabadi et al., 

1992). Therefore, the pseudo-bubblepoint pressure under nonequilibrium conditions can 

be located with similar methods used for finding the bubblepoint pressure in the pressure-
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volume diagram under equilibrium conditions. As for the latter, Wang et al. (2008) 

pointed out that, when pressure of the mixture system drops to the pseudo-bubblepoint 

pressure, the gas entrained in  liquid phase begins to evolve out of the oil and form free 

gas. This implies that GOR of the effluent fluid should decline for a short period of time 

since the portion of the depleted oil is driven out from the porous medium. Then, an 

increase in GOR can be soon observed as the free mobile gas is expelled. Such features 

related to GOR changes, therefore, are able to be utilized for the identification of pseudo-

bubblepoint pressure.   

 

Based on the aforementioned two methods, several attempts have been made to 

determine the pseudo-bubblepoint pressures experimentally. Wang et al. (2008) 

determined the pseudo-bubblepoint pressure of the Orinoco-belt heavy oil to be 4.7 MPa 

within artificial core samples. Sun et al. (2013) found that the pseudo-bubblepoint 

pressures of a heavy oil sample decrease from 3.44 MPa to 1.89 MPa with an increase in 

pressure depletion rate. Both the above results revealed that the pseudo-bubblepoint 

pressure under nonequilibrium conditions is lower than the corresponding bubblepoint 

pressure under equilibrium conditions. Mastmann et al. (2001) attributed the difference 

between bubblepoint pressure and pseudo-bubblepoint pressure to the fact that the high 

viscosity of heavy oil hinders the gas bubbles immediately coalesce together to form 

bubbles large enough to be evolved from the liquid phase. So far, limited efforts have 

been made to theoretically and experimentally determine pseudo-bubblepoint pressure of 

heavy oil, though its concept has been proposed for more than 20 years (Kraus et al., 

1993).  
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2.4 Properties of Foamy Oil 

Properties of foamy oil are strongly related to the foamy oil flow behaviour. Similar to 

the conventional oils, numerically evaluating performance of heavy oil reservoirs 

requires accurate foamy oil properties for history matching and future prediction (Sheng, 

1997; Mastmann et al., 2001; Chen et al., 2015). Physically, the properties of foamy oil 

are greatly affected by the growth and decay of dispersed gas bubbles in the oleic phase 

(Sheng et al., 1995), implying that properties of foamy oil are time-dependent. 

Particularly, for the same mixture, the properties of foamy oil generated under different 

pressure depletion rates are different, even though those properties are measured at the 

same designated pressure and temperature. 

 

2.4.1 Compressibility 

It has been an interesting topic to determine compressibility of foamy oil for more than 

20 years in the oil and gas industry because such a parameter is closely associated with 

the primary recovery factor of heavy oil reservoirs (Smith, 1988; Kraus et al., 1993; 

Sheng et al., 1999b; Bora et al., 2003). Two methods are mainly applied for determining 

compressibility of foamy oil, i.e., (1) semi-empirical method and (2) linear mixing 

method. By assuming the components of Lloydminster heavy oil to be methane and 

heavy oil, Smith (1988) proposed the expression of compressibility of foamy oil as 

follows based on Henry’s law,  

l
foc

P


                                                            [2-8] 

where foc  is compressibility of foamy oil; P is pressure; l is a constant (for a 

Lloydminster oil, l  is 0.25, which implies that the compressibility of foamy oil is about 
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one fourth of that for ideal gas under the same conditions). Similar to the pseudo-

bubblepoint pressure, the compressibility of foamy oil is also a non-thermodynamic 

parameter depending on the time. The Smith’s model cannot be used to effectively 

capture such an essential characteristic of foamy oil compressibility.  

 

The methodology utilized in the linear mixing method is, actually, similar to that used in 

the determination of total compressibility of reservoirs; namely, the compressibility of 

foamy oil is regarded as a summation of compressibilities of the components constituting 

foamy oil. More specifically, three components, i.e., dead heavy oil, solution gas, and the 

entrained gas, are assumed to be included in foamy oil (Kraus et al., 1993). 

Correspondingly, Sheng et al. (1997; 1999b) developed a mathematical model for 

compressibility of foamy oil, which treated the compressibility as a linear combination of 

the aforementioned three components, i.e., 

 1
fo Mdo do do Msg sg sg Men en en

fo

c V x c V x c V x c
V

                                    [2-9a] 

where                                 

fo Mdo do Msg sg Men enV V c V c V c                                              [2-9b] 

where ,  Mdo MsgV V , and MenV  are the molar specific volumes of dead oil, solution gas, and 

the entrained gas, respectively; ,  do sgc c , and enc  are the compressibilities of dead oil, 

solution gas, and the entrained gas, respectively; and ,  do sgx x , and enx  are the mole 

fraction of dead oil, solution gas, and the entrained gas in the oleic phase, respectively. 

Since mole fraction of the dispersed gas varies with time, the compressibility calculated 

by Equation [2-9a] is a function of time as well. 
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An important difference between foamy oil compressibility and that of conventional oils 

is that the former is much larger than the latter under a certain range of pressure below 

the pseudo-bubblepoint pressure (Sheng, 1997; Xiao and Zhao, 2013). This can be 

explained by the fact that the evolved gas bubbles entrained in the oleic phase dominate 

the magnitude of compressibility due to the inherently high compressibility of gas phase 

(Xiao and Zhao, 2013). As such, the compressibility of foamy oil is more gas-like than 

liquid-like in nature to some extent (Mastmann et al., 2001). The pressure, therefore, is 

able to impose a great impact on the compressibility of foamy oil, which can be briefly 

evaluated with Equation [2-8]. Meanwhile, based on Equation [2-9a], Sheng et al. (1995; 

1997) pointed out that the trend of compressibility of foamy oil varying with time keeps 

its pace with that of the entrained gas mole fraction. More specifically, as for a saturated 

heavy oil sample, when the pressure suddenly drops lower than its bubblepoint pressure 

and then keeps stable, the compressibility gradually increases to its maximum and then 

declines to a certain value approaching to that of a live oil. Apart from the pressure, thus, 

the factors that can exert effects on the amount of the entrained gas, such as temperature 

and composition, are able to indirectly affect the compressibility of foamy oil owing to a 

strong relationship between compressibility and the amount of the entrained gas (Kraus et 

al., 1993; Sheng et al., 1995). It is noteworthy that the compressibility of heavy oil is 

basically same as that of live oil when the gas bubble is not nucleated (Firoozabadi et al., 

1992).  

 

2.4.2 Viscosity 

Effect of the entrained gas on the viscosity of foamy oil is still controversial, while the 

viscosity of foamy oil is one of the factors affecting the solution-gas drive performance of 
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heavy oil reservoirs (Chen et al., 2015). The key disagreement is whether viscosity of 

foamy oil (i.e., oil with the dispersed gas bubbles) is reduced or not in comparison with 

that of a live oil under the same conditions. Viscosity of foamy oil can then be 

determined with the following proposed correlations as a function of gas phase volume 

fraction (Smith, 1988), 

fo o o en enf f                                                [2-10a] 

or (Smith, 1988; Islam and Chakma, 1990),  

   o enf f
fo o en                                                    [2-10b] 

where o  and en  are the viscosities of heavy oil and the entrained gas, respectively; of  

and enf  are the volume fraction of heavy oil and the entrained gas, respectively. Based 

on the aforementioned models, the viscosity of foamy oil is expected to be reduced due to 

a minor effect of the entrained gas in the oleic phase. Subsequently, several viscosity 

models were also postulated based on the suggestion that attributes the decline of foamy 

oil viscosity to one of the mechanisms accounting for the anomalous production of heavy 

oil reservoirs (Poon and Kisman, 1992; Claridge and Prats, 1995). It should be noted that 

Islam and Chakma (1990) experimentally measured the viscosity of foamy oil and 

presented that it is decreased with an increase in the gas volume fraction. Albartamani et 

al. (1999), however, argued that such results not only contradict the theoretical prediction 

of viscosity for a suspension, but also are not reliable since the details pertaining to the 

calculation of foamy oil viscosity and comparison between the calculated and predicted 

viscosity values are not presented.  
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The classical viscosity theory of a suspension mixture described that, when tiny solid 

particles or immiscible fluid droplets exist in a continuous liquid phase, the viscosity of 

the suspension mixture is supposed to be increased owing to the additional energy 

dissipation (Shen and Batycky, 1999). A viscosity model was proposed for an extremely 

dilute mixture involving small solid particles ( 0.05vf  ) by Einstein in 1906 (Bora, 1998; 

Shen and Batycky, 1999), 

 1 2.5s l vf                                                   [2-11] 

where l  is viscosity of the continuous liquid phase; s  is the viscosity of the 

suspension mixture; vf  is the volume fraction of the dispersed phase. Following 

Einstein’s work, Taylor (1932) developed a viscosity model for the liquids containing 

small droplets of another liquid in the suspensions. 

 
0.4

1 2.5 d l
s v
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f
 
 

 
    

                                       [2-12] 

where d  is the viscosity of the dispersed liquid droplet. Since then, numerous efforts 

have been made for accurately predicting viscosity of the suspension mixture with 

different liquids or high concentration suspensions as compared to the low concentration 

constraint (< 0.05) in Einstein’s work (Pal et al., 1992). More specifically, for oil industry, 

Mitchell (1971) quantified the viscosity of foam as a piece-wise equation depending on 

the range of foam quality on the basis of traditional viscosity theory of suspension.  
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where mf  is the foam quality. Shen and Batycky (1999) proposed a specific viscosity 

model of foamy oil, which is derived from the modification of an early proposed 

viscosity of suspension by Roscoe (1952). Then, Kumar and Mahadevan (2012) 

developed a similar model based on the Einstein relationship. In addition to the 

aforementioned methods, several other types of viscosity models were also established 

(Romero et al., 2001; Chen et al., 2015). A summary for foamy oil viscosity models is 

tabulated in Table 2-1. 

 

Meanwhile, a number of laboratory experiments have been conducted for the 

measurement of foamy oil viscosity, and found that there is no viscosity decline of the 

liquid phase when gas bubbles are dispersed in heavy oil. Bora (1998) experimentally 

examined the effects of temperature, pressure, bubble size, and shear rate on the viscosity 

of foamy oil. In general, it is found that the viscosity of foamy oil is close to or slightly 

higher than that of the live oil under the same conditions. Especially, viscosity of foamy 

oil increases when the conditions are beneficial to the increase of dispersed phase volume 

fraction. Goodarzi et al. (2007) claimed that the viscosities of liquid oil measured by CT 

and NMR techniques under the equilibrium and nonequilibrium conditions are similar. 

Also, Alshmakhy and Maini (2012) systematically measured and discussed the viscosities 

of foamy oil under different conditions, including flow rate, gas volume fraction, and 

even the type of viscometers used. Although the measured viscosities of foamy oil are 

greatly affected by the measurement methods, they are still close to that of the live oil in 

a certain range of gas volume fractions (<40%). Overall, based on the existing 

experimental and theoretical work, foamy oil viscosity seems to be similar or slightly 
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Table 2-1 Summary of foamy oil viscosity models 

Model Source 

fo o o en enf f     Smith (1988) 

o enf f
fo o en    

Smith (1988) 
Islam and Chakma 

(1990) 
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  Sheng (1997) 

Note: α is the reciprocal of maximum volume fraction of the suspended phase; 0  is the 

viscosity of oil at zero flashed-gas fraction; ob  is the viscosity at bubblepoint pressure; 

oc  is the conventional oil viscosity; am , bm , and cm are constants; gmx  is mole fraction 

of gas phase in the equilibrium state; omx is mole fraction of oil phase in the equilibrium 

state; pbP  is pseudo-bubblepoint pressure; Rs and Rso are the solution gas-oil ratio and gas-

oil ratio, respectively; 0p  is initial reservoir pressure; rb is the radius of a bubble; and rc 

is radius of a capillary. 
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higher than that of live oil under the same conditions.  

 

2.4.3 Density 

Density of foamy oil is closely related to the reciprocal of formation volume factor that is 

one of the factors accounting for the anomalous primary recovery of heavy oil (Chen et 

al., 2015). Mastmann et al. (2001) experimentally measured the foamy oil density and 

found that, when pressure is higher than bubblepoint pressure, the density of foamy oil is 

exactly same as that of non-foamy oil since there, actually, is no gas bubble nucleating 

from the liquid phase, i.e., no foamy oil. Especially, it has been well-recognized that, 

when pressure declines to be lower than the bubblepoint pressure, density of conventional 

oils begins to increase owing to the gas released from liquid phase. In contrast, density of 

foamy oil decreases due to the entrapment of gas bubbles in the oleic phase as pressure 

decreases below the pseudo-bubblepoint pressure (Bennion et al., 2003).  

 

Smith (1988) developed an empirical correlation of foamy oil density, fo  as follows, 

 
l

fo sat
sat

p

p



 
 

  
 

                                               [2-14] 

where  satp  and sat  are the saturation pressure and saturation density, respectively; l   is 

in the range of 0.25 to 0.40 for a Lloydminster heavy oil. The determination of parameter 

l requires a great number of the measured data points of foamy oil density, which 

constrains the extensive application of such a correlation of foamy oil.  
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Kumar and Mahadevan (2012) proposed a general formulation that the density of foamy 

oil, fo ,  can be calculated by use of a simple mixing rule, 

 1fo o en g enf f                                               [2-15a] 

 1 1
g g

en

g g

f
 
 


 

                                               [2-15b] 

where g  is gas density; o  is density of live oil and given by Standing correlation; g  

is fraction of the flashed gas that is entrained in oleic phase; g  is the ratio of the volume 

of gas flashed to the volume of the total solution gas. Chen et al. (2015) also followed the 

aforementioned model to match the Mastmann’s experimental results but with a different 

expression of dispersed gas density. Although the density is an important parameter for 

foamy oil, there are still no many efforts made on the determination of foamy oil density 

available for pragmatic usage.   

 

2.5 Phase Behaviour Models of Foamy Oil 

Phase behaviour of foamy oil is essentially featured by nonequilibrium processes where 

time is a critical parameter to affect the heavy oil properties. A complex interplay of gas 

bubble formation comprising nucleation, growth, and coalescence is usually involved.  

 

2.5.1 Pseudo-bubblepoint model 

Kraus et al. (1993) introduced a new concept, i.e., pseudo-bubblepoint pressure, to 

quantify the physical behaviour of foamy oil. All the evolved gas is assumed to be 

entrained in the liquid phase in this model when the pressure is higher than the pseudo-

bubblepoint pressure but lower than the thermodynamic bubblepoint pressure. Once the 
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pressure is lower than the pseudo-bubblepoint pressure, a fraction of the evolved gas is 

released from the oleic phase to be free gas. Such a fraction is linearly proportional to the 

ratio of difference between system pressure and a reference pressure (lower than pbP , 

usually 101.325 kPa) to the one between pseudo-bubblepoint pressure and the reference 

pressure.  

 

Importantly, the pseudo-bubblepoint pressure is treated as an adjustable parameter for 

quantifying the fluid properties in the pseudo-bubblepoint model (Kraus et al., 1993). 

Dead oil, dissolved gas, and entrained gas are regarded as the three components 

constituting the foamy oil in their pseudo-bubblepoint model. Accordingly, a 

methodology of calculating the properties of foamy oil mainly including molar volume 

and isothermal compressibility has been developed.  

 

The pseudo-bubblepoint model, on one hand, can be used to effectively adjust 

conventional black oil fluid properties typically measured in PVT tests to account for the 

enhanced compressibility effect found during the field production of foamy oil (Kraus et 

al., 1993). On the other hand, it is convenient to be coupled into the existing simulators 

and, actually, has been successfully used in several simulation tasks pertaining to foamy 

oil production (Mastmann et al., 2001; Chen et al., 2015). However, time is not included 

in the model, resulting in that the model fails to capture the essentially time-dependent 

features of foamy oil.     
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2.5.2 Dynamic model 

Sheng (1997) proposed a dynamic model aiming to accurately predict the time-dependent 

behaviour of foamy oil. Three types of mathematical equations are employed to describe 

the varying amount of evolved gas from the liquid phase and entrained gas in heavy oil, 

respectively. 

 

Model 1: 

1,
b

i j
ev

ev
eq

t

t


 
   
 

                                                  [2-16a] 

 expdg dg dgt                                               [2-16b] 

where ev  is the ratio of cumulative amount of gas evolved to gas flashed at 

thermodynamic equilibrium; ,i j
evt  is the bubble age or the effective time which is from the 

time of this step change in pressure to the time of interest; dgt  is the age of the dispersed 

gas; dg is the ratio of amount of gas dispersed at dgt  to the amount of gas dispersed at 

0dgt  ; and dg  is the decay coefficient of dispersed gas. 

 

Model 2: 
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                                            [2-17a] 

   1 1exp exp 2n n n
en en dg sg ev dgn n t n t  

                            [2-17b] 

where 1n
sg evn 
 is the mass of gas evolved from solution from time nt  to 1nt  ; sn  is the 

supersaturation expressed in moles of supersaturated solution gas in the oil phase at time 
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nt referred to the equilibrium state at 1nt  ; t  is time step size; and 1n
enn  is the entrained 

gas at 1nt  . 

 

Model 3: 

 1 1 exp 2n
sg ev s sn n t
                                              [2-18] 

where s  is the rate coefficient for the decay of supersaturation. The other parameters are 

same as those of Model 2. 

 

It can be found that dynamic models attempt to formulate the foamy oil phase behaviour 

by quantifying the entire history of gas bubble formation, i.e., nucleation, growth, and 

coalescence. Also, once the amount of the evolved gas and entrained gas are determined, 

the dynamic model postulates that foamy oil comprises three components, which is same 

as those of pseudo-bubblepoint model, in order to calculate the properties of foamy oil. 

This model has been successfully applied for matching the laboratory gas-solution 

experiments (Sheng et al., 1999a), though the complicated adjustable parameters cannot 

be determined independently. 

 

2.5.3 Population balance model  

Arora and Kovscek (2003) developed a mechanistic modeling framework stemmed from 

the bubble population balance framework to not only address the issue of gas bubble 

microstructure, but also elucidate the mechanisms of solution-gas drive performance in 

heavy oil. Such a mechanistic model integrates the conservation equation, which is 

relevant to the volume of stationary and flowing gas bubbles, and the bubble rate 
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equations, which take pore-level dynamic bubble nucleation and growth mechanisms into 

account. It is noted that either the IN model or the PN model can be incorporated into this 

framework. Then, the gas bubble growth model developed by Firoozabadi and Kashchiev 

(1996) is applied to characterize the gas bubble growth rate in the framework, while the 

properties of foamy oil are calculated with the procedure resembling that of the pseudo-

bubblepoint model. The proposed mechanistic model has been effectively used for 

history matching the experimental measurements during pressure depletion processes. It 

is found that the mechanistic model has the capability of capturing the unique 

characteristics of foamy oil behaviour such as pseudo-bubblepoint pressure and the 

rebound in pressure occurring after the pseudo-bubblepoint pressure. However, the 

effects of gas mobility and bubble coalescence have not been examined. 

 

2.5.4 Nonequilibrium reaction model 

Coombe and Maini (1994) firstly proposed the so-called nonequilibrium reaction model 

based on the primary principle that includes two dynamic processes of gas bubble 

formation, i.e., (1) the dissolved gas changing into the gas dispersed in the form of 

microbubbles and (2) the dispersed gas changing into free gas. These two dynamic 

processes are modeled as chemical reactions with specified stoichiometry and reaction-

rate constants (Maini, 2001). Arrhenius equation, in particular, is utilized to quantify the 

related dynamic gas bubble formation (Luigi et al., 1998). 
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On the basis of such a mathematical framework, a similar kinetic model was developed 

by Uddin (2005) as well. The entire dynamic gas formation is divided into four separated 

reactions as follows (Uddin, 2005; Istchenko and Gates, 2014),  

Reaction 1: d dg b                                                                                      

Reaction 2: 2d d dg b b   

Reaction 3:  

Reaction 4: d d d cg b g b    

where  and d dg b  are the dissolved gas and entrained gas in oleic phase; and cb  is the 

connected bubble component in gas phase. Correspondingly, four novel relationships 

instead of Arrhenius equation are suggested to formulate the aforementioned four 

reactions.  

  1
1a gd gdr N c c                                                     [2-19a] 

    22
2a gd gd bdr N c c c                                               [2-19b] 

1
1d bdr G c                                                            [2-19c] 

    2
1d gd gd bdr G c c c                                                  [2-19d] 

where gdc  and bdc  are defined as concentrations of the dissolved and dispersed gas, 

respectively; gdc  is the dissolved gas concentration under equilibrium conditions; 1N  and 

2N  are the nucleation parameters, respectively; 1
ar  and 2

ar  are the mass transfer rates per 

unit volume per unit time of dissolved gas into dispersed bubbles; 1
dr  and 2

dr  are the mass 

transfer rates of dispersed bubbles into connected bubbles; and 1G  and 2G  are the gas 

bubble growth parameters, respectively. 

d cb b
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Nonequilibrium reaction models have been successfully employed for numerically 

simulating the foamy oil production performance by incorporating them into the existing 

commercial simulators (Luigi et al., 1998; Uddin, 2005). Although the distinct time-

dependent characteristics in dispersion properties can be formulated by nonequilibrium 

reaction models, it is still impossible to evaluate the impact of time and position-

dependent capillary number (Maini, 2001). 

 

2.6 Summary 

Foamy oil is a complicated nonequilibrium liquid system, characterized by the time-

dependent phase behaviour and properties. Overall, it has to admit that the theoretical and 

experimental efforts on foamy oil are still not successful enough to satisfy the 

requirements of heavy oil recovery due mainly to the extremely complicated physical 

behaviour involved during the formation and flow of foamy oil. Physically, the unique 

behaviour of foamy oil is strongly related to the existence of the dispersed gas in oleic 

phase. It can be concluded that many aspects of physical phenomena associated with gas 

bubble formation (nucleation, growth, and coalescence) are still poorly understood based 

on the aforementioned discussions in this chapter, though molecular diffusion has been 

apparently considered as the main mechanism of gas bubble growth. On the other hand, 

the inherent characteristics of heavy oil, such as high viscosity and asphaltene content, 

also impose some distinct impacts on dynamic processes of the dispersed gas formation, 

such as the slow coalescence process and multi-component gas diffusion. Even for the 

corresponding mass transfer processes, diffusion isolated from natural convection has not 

been made available, not to mention to take preferential diffusion into account. In a word, 
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intensive and extensive efforts are still needed for exploration of the phase behaviour and 

mass transfer of foamy oil under equilibrium and nonequilibrium conditions in order to 

achieve more accurate and reliable prediction for recovering heavy oil from hydrocarbon 

reservoirs.  
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CHAPTER 3 DETERMINATION OF INDIVIDUAL DIFFUSION 
COEFFICIENTS OF ALKANE SOLVENT(S)–CO2–
HEAVY OIL SYSTEMS WITH CONSIDERATION 
OF NATURAL CONVECTION INDUCED BY 
SWELLING EFFECT 

 

3.1 Introduction 

It is well-known that diffusion of the dissolved gas from liquid phase to gas phase plays a 

key role in the gas bubble growth process except for its very beginning stage (Sheng et 

al., 1999c). Also, diffusion has been found to be an important mechanism accounting for 

mass transfer rate in solvent(s)-assisted recovery techniques (Luo and Kantzas, 2008). 

Compared with either the heat-alone or solvent-alone approach, hybrid thermal-solvent 

processes can take advantages of both solvent and heat, during which energy efficiency 

has been found to be significantly increased with the injection of solvent(s), while the 

cost of heat is greatly reduced (Gupta and Gittins, 2006; Frauenfeld et al., 2009). Not 

only can the heat carried by a hot CO2/solvent remarkably decrease the viscosity of oleic 

phase (Zheng et al., 2016b), but also its mass transfer in heavy oil can be effectively 

accelerated due to the quick heat transfer with a larger swelling factor (Ivory et al., 2010; 

Li et al., 2011). As such, it is of practical and fundamental importance to accurately 

quantify the mass transfer rate for each individual component of a gas mixture during a 

CO2/solvent(s)-assisted thermal recovery process. 

 

In this chapter, by coupling heat and mass transfer as well as characterizing heavy oil as 

multiple pseudocomponents, a new and pragmatic technique has been developed to 

determine the individual diffusion coefficient of each component in alkane solvent(s)–

CO2–heavy oil systems with consideration of natural convection induced by oil swelling 
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effect (Shi et al., 2017). Peng-Robinson equation of state (PR EOS), one dimensional (1D) 

heat transfer equation, and 1D convection-diffusion equation are integrated to quantify 

both mass and heat transfer. The diffusion coefficient considering the effect of 

convection between each component of a gas mixture and liquid phase can be 

respectively obtained as a function of viscosity once either the deviation between the 

experimentally measured mole fractions of CO2 and/or solvents and the calculated ones 

or the deviation between the experimentally measured dynamic swelling factors and 

theoretically calculated ones from the newly developed mathematical model is minimized. 

Furthermore, the effects of heat and natural convection induced by swelling effect on 

mass transfer rate are evaluated and discussed.   

 

3.2 Mathematical Formulations 

The PR EOS, heat transfer equation, and convection-diffusion equation constitute the 

mathematical matrix to quantify mass and heat transfer processes during the diffusion 

tests with natural convection based on the following assumptions:  

(1)  The PVT cell is a closed system; 

(2) Dirichlet quasi-equilibrium is achieved at the gas-liquid interface (Tharanivasan et 

al., 2004; Li, 2013; Zheng and Yang, 2016; 2017); 

(3) Heat transfer only starts from the interface of gas and liquid and the bottom of PVT 

cell (Sun et al., 2014);  

(4) Convective heat transfer is neglected (Irani and Ghannadi, 2013); 

(5) Mass transfer only occurs from the gas phase to liquid phase (Sun et al., 2014; Li 

and Yang, 2016; Zheng et al., 2016a); 
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(6) Cross-term diffusion coefficient between different gas components is not taken into 

account, considering that it is much smaller than main term diffusion coefficient (Li 

and Yang, 2016); 

(7) Gas-phase temperature is constant and equal to the temperature of the PVT cell; and 

(8) Thermophoresis is neglected (Sun et al., 2014; Zheng et al., 2016b; Zheng and Yang, 

2016; 2017). 

  

3.2.1 PR EOS 

Since PR EOS has been extensively applied for quantifying phase behaviour in petroleum 

and chemical industries due to its robustness and accuracy, it is chosen in this study to 

determine solvent concentration at the solvent(s)–heavy oil interface. The PR EOS can be 

expressed as follows (Peng and Robinson, 1976), 

   M M M M

RT a
P

V b V V b b V b
 

                                     [3-1] 

 ,c ra a T                                                   [3-2a] 

2 20.457235 c
c

c

R T
a

P
                                              [3-2b] 

0.0777969 c

c

RT
b

P
                                               [3-2c] 

where  ,T   is alpha function; P is pressure; T is temperature; R is universal gas 

constant; cP  is critical pressure; Tc is critical temperature; Tr is reduced temperature; MV  

is molar volume, and ω is acentric factor.  
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A recently proposed alpha function instead of the traditional one is used in this study to 

more accurately predict the phase behaviour of both pure substances (Li and Yang, 2011) 

and alkane solvent(s)–CO2–heavy oil systems by treating heavy oil as one 

pseudocomponent (Li and Yang, 2013; Li et al. 2013a; Sun et al., 2014) and multiple 

pseudocomponents (Li et al., 2013b; 2014; Zheng and Yang, 2016; Zheng et al., 2016a). 

Such alpha function can be written as follows (Li and Yang, 2011), 

  
   

2

2
2

exp 0.13280 0.05052 0.25948 1

      0.81769 ln 1 0.31355 1.86745 0.52601 1

r

r

T

T

  

 

    

     

           [3-3] 

The heavy oil is split into four pseudocomponents in order to not only accurately 

calculate the properties of heavy oil (AARD of saturation pressure < 4.8%) (Li et al., 

2013b), but also balance the computational time. Meanwhile, it is found that the binary 

interaction parameter (BIP) correlation proposed by Chueh (1967) for treating heavy oil 

as multi-pseudocomponents performs superior than others (Li et al., 2013b; Zheng and 

Yang, 2016; Zheng et al., 2016a), which is expressed as follows,  

1 3 1 3

1 3 1 3

2
1

ci cj

ij
ci cj

V V

V V




 
  

 
 

                                                [3-4] 

where Vc is the critical volume of each component; ij  is the BIP between the ith and jth 

component. The recommended value of exponent β is 1.5 according to the previous work 

(Li et al., 2013b). The detailed physical and critical properties of each pseudocomponent 

can be found in the work of Li et al. (2013b). 
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The EOS-calculated volume is corrected with a volume-translation approach proposed by 

Péneloux (1982) because the cubic equations of state cannot be used to accurately predict 

the molar volume for liquids (Milind et al., 1993). Also, the Péneloux’s volume 

translation is found to provide the highest accuracy in terms of the swelling factor 

prediction for the alkane solvent(s)–CO2–Lloydminster heavy oil systems (Li et al., 

2013b; Zheng and Yang, 2016; Zheng et al., 2016a). 

1

n
p

i i
i

V V xV


                                                [3-5a] 

where V  is the corrected molar volume; xi is composition of the ith component in liquid 

phase; p
iV  is the corrected volume for the ith component (Péneloux et al., 1982), 

 0.40768 0.29441p c
RA

c

RT
V z

P

 
  

 
                         [3-5b] 

RAz  is Rackett parameter. 

 

3.2.2 Convection-diffusion equation 

The 1D convection-diffusion equation is expressed as, 

i i i
i

c c c
D u

t x x x

          
                                             [3-6] 

where ic  is the concentration of the ith solvent or CO2 component in liquid phase; Di is 

diffusion coefficient of the ith solvent or CO2 component; and u is velocity of natural 

convection in liquid phase.  
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In general, the following three conditions shall be satisfied so as to treat diffusion 

coefficient as a constant parameter (Guerrero-Aconcha et al., 2008): (1) diameter and 

shape of the involved molecules are similar; (2) the inter-molecular forces can be 

negligible; and (3) there exists a non-reacting environment. Since alkane solvent(s)–CO2–

heavy oil systems in this study only satisfy the third condition, diffusion coefficient is 

assumed to be viscosity-dependent as given by Hayduk and Cheng (1976),  

      BD A                                                           [3-7] 

where A and B are constants, depending on each diffusing substance, and µ is liquid 

phase viscosity.  

 

Yarranton et al. (2013) developed a Walther-type correlation with double logarithm for 

viscosity based on western Canadian oils to predict the viscosities of dead and live crude 

oil ranging from 0.5 to 500000 mPa·s with an accuracy of within 30%. Compared with 

the corresponding-states (CS) model and Lohrenz-Bray-Clark (LBC) model (Yarranton et 

al., 2013; Pedersen et al., 2014), such Walther-type correlation has been found to provide 

more accurate prediction for viscosity of the solvent(s)/CO2–diluted heavy oil in this 

study, 

   0 1 1 0.0033lT T P                                              [3-8] 

                           [3-9a] 

                                 [3-9b] 

where  is the dynamic viscosity of liquid mixture at temperature T and 

atmospheric pressure; l  and i  are the viscosibility parameters of liquid mixture and 

    0log log 1 logi li liT w A B T     

   ln ln 1 ln ln 1l i iw         

 0 T
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the ith component in the mixture, respectively; P  is the pressure deviation from 

atmospheric pressure;  is the mass fraction of the ith component; and  liA  and liB  are 

constants unique to the ith component of liquid mixture.  

 

Swelling effect of the diluted heavy oil can result in the expansion of liquid volume for 

the alkane solvent(s)–CO2–heavy oil systems in diffusion tests. Consequently, the 

increased volume of heavy oil induces the fluids flow from the bottom of liquid phase to 

the gas-liquid interface. The direction of fluids flow is evidently opposite to the direction 

of solvent(s)/CO2 transfer resulted from concentration difference. Given a finite volume 

element in liquid phase from x to x x  (see Figure 3-1), the increased volume during 

time interval ∆t can be express as, 

2 2

t t t t t t
t t x x x x x x

x c

s s s s
V A x

 
    

    
 

                         [3-10a] 

Therefore, the total incremental volume of liquid phase can be calculated by the 

following equation, 

   
0

t tl t t t
cV A s x s x dx

                                     [3-10b] 

where V  is total increased volume; Ac is cross-sectional area of the PVT cell; s is the 

dynamic swelling factor; and lt+Δt is the height of liquid phase at time t+Δt. Therefore, the 

velocity at location x can be written as,  

   
0

1 xt t t t t
x

c

V
u s x s x dx

tA t
                                   [3-11] 

As for the dynamic swelling factor of an alkane solvent(s)–CO2–heavy oil mixture, it can 

be determined by the following equation (Teja and Sandler, 1980), 

iw
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Figure 3-1 Schematic diagram of a finite volume element at (a) time t and (b) time 
t t  

Volume element at 

time t t

 

CO2/Solvent(s) 

Heavy oil 

Volume 
element 
at t time 

Incremental 

volume t tV    

 

CO2/Solvent(s) 

Heavy oil 



49 
 

0

1

1

1
g

t
t Mx
x n

Mx t
gi

j

V
s

V
x






                                               [3-12] 

where 0  and t
Mx MxV V  are molar volume of heavy oil at initial stage and solvent-diluted 

heavy oil and time t, respectively, xgi is mole fraction of the ith gas component in liquid 

phase, i.e., solvents/CO2 mole fraction in the liquid phase in this study, and gn is the 

number of gas components. 

 

Compared to the CO2-light/medium oil systems where density-driven natural convection 

may occur (Emera and Sarma, 2008), such a phenomenon may not take place for alkane 

solvent(s)–CO2–heavy oil systems. This is ascribed to the fact that the density of alkane 

solvent(s)–CO2–heavy oil systems is less than that of dead heavy oil at the same 

conditions based on the PR EOS calculations.  

 

3.2.3 Heat transfer 

Since heat transfer is assumed to only conduct from the gas-liquid interface and the 

bottom of the PVT cell to liquid phase and the convective heat transfer is neglected, the 

1D heat equation in bulk liquid is employed to describe the heat transfer (Sun et al., 

2014).     

l l
l pl l

T T
c

t x x
         

                                                   [3-13] 

where lT  , plc  , 
l

  and l  are temperature, heat capacity, density, and thermal 

conductivity of the liquid phase, respectively.   
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3.2.4 Initial and boundary conditions 

The initial conditions are expressed by, 

0

0

,           0< ,         0  

0,             0< ,         0        
l liT T x l t

c x l t

  
  

                             [3-14a] 

where liT  is initial temperature of heavy oil and 0l  is initial height of liquid phase. 

 

Based on the aforementioned assumptions and the PVT experiments, the Dirichlet quasi-

equilibrium boundary condition at the gas-liquid interface is used, i.e., 
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     [3-14b] 

where hT  is temperature of the PVT chamber, indicating a high temperature of solvent-

assisted heat process; satc  is solvent concentration at the gas-liquid interface at time t; 

and  l t  is the height of the heated and diluted heavy oil at time t. 

 

3.2.5 Numerical solution 

Due to variable properties of alkane solvent(s)–CO2–heavy oil mixture and velocity 

resulted from natural convection during the diffusion tests, this coupled equation matrix 

is non-linear. In this way, numerical methods are employed to solve the matrix of 

equations. To ensure the numerical convergence, an implicit finite difference technique, 

i.e., the Crank-Nicolson method, is used to discretize the proposed model. Diffusion 

coefficient is determined once the deviation between the experimentally measured and 
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theoretically calculated mole fractions or the deviation between the measured dynamic 

swelling factors and the calculated ones is minimized by using the particle swarm 

optimization (PSO) algorithm. Two objective functions are respectively defined as 

follows,  

   2

1

1 gN
cal m
i i

ig

O m x x
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                                            [3-15a] 

or 
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                                          [3-15b] 

where cal
ix  and m

ix  is the calculated and measured mole fraction of the ith component in 

liquid phase at the end of the diffusion test; gN  is the number of gas-phase component; 

cal
is and m

is is the calculated and measured dynamic swelling factor of ith data point; mN  

is the number measured from the experiment. Equations [3-15a] and [3-15b] are aimed to 

minimize the deviation between the calculated and measured mole fraction of CO2 and 

solvents as well as the calculated and measured dynamic swelling factors, respectively. 

Once the prespecified accuracy has been satisfied, the calculated mole fractions or 

swelling factors can be considered as an accurate match of the measured value, and thus 

the corresponding diffusion coefficient can be treated as the actual one. Otherwise, the 

iterations with the new A and B in Equation [3-7] will be conducted until the objective 

function meets the termination requirements. The corresponding flowchart is depicted in 

Figure 3-2. It shall be noted that Equation [3-15b] is used for a non-intrusive system, i.e., 

there is no need to collect gas samples at the beginning and the end of the diffusion tests 
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Figure 3-2 Flowchart of numerically solving the equation matrix 
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for Gas chromatography (GC) analysis, but accurate diffusion coefficients can still be 

obtained.  

 

3.2.6 Model validation  

Analytical solutions of both convection-diffusion and heat transfer equation are used to 

validate the numerical solutions of the equation matrix, respectively. Based on the 

literature, the analytical solution of 1D convection-diffusion equation can be expressed 

by Kumar et al. (2009),  
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The 1D heat transfer equation without convection term can be solved as follows, 
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As shown in Figure 3-3, there exists an excellent match between the analytical and 

numerical solution of the convection-diffusion equation and heat transfer equation, 

respectively. 

  

As shown in Table 3-1, there is an excellent agreement between the experimentally 

measured CH4 mole fraction in liquid phase (Riazi, 1996) and the theoretical one with 

Equation [3-15a]. As such, the diffusion coefficient of CH4 without convection is 

calculated to be 1.50×10-8 m2/s, which is basically same as the reported value (1.51×10-8 

m2/s: Riazi, 1996). Also, when the natural convection is considered, the calculated 

diffusion coefficient is increased to be 2.71×10-8 m2/s.  

 

In the pressure decay experiment of CH4 and n-C5H12 mixture, the convection induced by 

density does not occur in the liquid phase due to the negative density gradient in vertical 

direction. However, volumetric increase of the liquid phase due to the increased 

dissolution of CH4 generates a natural convection from the bottom of liquid phase to the 

gas-liquid interface. Physically, the direction of natural convection resulted from the 

swelling effect is opposite to that of mass transfer during the pressure decay tests. This 

phenomenon, therefore, slows down the rate of mass transfer caused by diffusion 

between CH4 and n-C5H12 system. As such, the diffusion coefficient calculated by using 

the conventional methods where molecular diffusion is offset by natural convection to 

some extent due to the vague combination, shall be lower than the one calculated by 

using the newly proposed technique in which the effect of natural convection on mass 

transfer is isolated from the molecular diffusion. 
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Table 3-1 The measured and calculated mole fractions of CO2/solvent(s) at the end 
of experiments 
 

Mixture system 
Concentration 

mol% 
Measured  

concentration 
source Gas Measured Calculated 

CH4–n-C5H12 system CH4 33.00 32.99 Riazi (1996) 
CO2–heavy oil system CO2 28.92 28.93 

Li and Yang (2016)  
C3H8–CO2–heavy oil system

CO2 22.92 22.92 
C3H8 13.01 13.01 

n-C4H10–CO2–heavy oil 
system 

CO2 4.72 4.72 
C4H10 4.55 4.55 

n-C4H10–CO2–heavy oil 
system 

CO2 91.76  94.88* 

Zheng and Yang 
(2016) 

C4H10 8.24 5.12* 

C3H8–n-C4H10–CO2–heavy 
oil system 

CO2 91.22 89.17* 
C3H8 7.22 8.75* 
C4H10 1.56 2.08* 

Note: * The mole fractions are obtained with the matching dynamic swelling factors 
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Figure 3-3 Comparison of concentration profiles of numerical and analytical solutions 
for the convection-diffusion equation at u=0.0001 m/s and t=49 s 
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3.3 Results and Discussion 

The individual diffusion coefficients of CO2 and solvents are firstly determined and 

discussed with the newly proposed technique on the basis of two types of diffusion tests, 

which were conducted under the conditions of (1) a decaying pressure and constant 

temperature and (2) an elevated temperature and constant pressure, respectively, in this 

study. Furthermore, three diffusion tests of CO2–heavy oil system conducted with 

different system temperatures are utilized to examine the effect of heat and natural 

convection on mass transfer processes.   

 

3.3.1 Individual diffusion coefficient 

1) Decaying pressure and constant temperature 

Individual diffusion coefficients have been determined for three sets of pressure-decay 

experiments under a constant temperature (Li, 2013; Li and Yang, 2016). The measured 

viscosities of heavy oil at atmospheric pressure are first regressed with Equation [3-8] 

(see Figure 3-4) so as to obtain the values of ,  l lA B   of the heavy oil to be 9.4669 and 

3.5861, respectively. The recommended values of ,  l lA B  for pure CO2, C3H8 and C4H10 

in Yarranton’s correlations (2013) are utilized in this study. Table 3-1 shows that there 

exists a good agreement between the measured and calculated mole fractions for the 

CO2–heavy oil, CO2–C3H8–heavy oil, and CO2–n-C4H10–heavy oil systems, respectively. 

Meanwhile, Figure 3-5a shows the matching results of dynamic swelling factors for three 

CO2/solvent(s)–heavy oil systems with objective function [3-15a]. The dynamic swelling 

factors at the end of the experiments are respectively calculated to be 1.039, 1.066, and 

1.015 for CO2–heavy oil, CO2–C3H8–heavy oil, and CO2–n-C4H10–heavy oil systems, 
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Figure 3-4 Measured and calculated viscosity of heavy oil 
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(a) 

   

(b) 

 
 
 
Figure 3-5 Measured and calculated dynamic swelling factor profiles for the CO2–
heavy oil systems, C3H8–CO2–heavy oil systems, n-C4H10–CO2–heavy oil systems 
and CO2–C3H8–n-C4H10–heavy oil systems with (a) Objective function [3-15a] and 
(b) Objective function [3-15b] 
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while their related values are measured to be 1.031, 1.058 and 1.015, respectively (Li and 

Yang, 2016). Such minor differences between the measured and calculated dynamic 

swelling factors confirm that there exists a natural convection from the bottom of liquid 

phase to the gas-liquid interface, and thus reducing the dynamic swelling factors. Figure 

3-5b presents the matching results of dynamic swelling factor with objective function [3-

15b] which provides more reliable diffusion coefficients under dynamic and equilibrium 

conditions because all the measured swelling factors are employed during the matching 

processes with comparison of the objective function [3-15a] that uses only two data 

points of mole fraction at the beginning and end of the experiments. In this way, dynamic 

and equilibrium diffusion coefficients calculated with objective functions [3-15a] and [3-

15b] for all three alkane solvent(s)–CO2–heavy oil systems are presented in Table 3-2. 

Overall, the diffusion coefficients obtained with the two objective functions, i.e., 

Equations [3-15a] and [3-15b], are similar for all three alkane solvent(s)–CO2–heavy oil 

systems, respectively. Also, it is worthwhile mentioning that, for the aforementioned 

three alkane solvent(s)–CO2–heavy oil systems, the corresponding diffusion coefficient 

correlations for CO2 are slightly different. This is mainly ascribed to the fact that each 

solvent has its preferential diffusion in the alkane solvent(s)–CO2–heavy oil systems 

(Zheng et al., 2016a; b; Li and Yang, 2016; Zheng and Yang, 2016; 2017). Such 

preferential diffusion is physically caused by the difference of mass transfer rate among 

gas components resulted from different diffusivities. More specifically, a gas component 

with a relatively fast mass transfer rate would firstly result in the changes of oleic phase 

properties (such as viscosity), and further affect the diffusivity of other gas components 

in the oleic phase.  
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Table 3-2 Coefficients in Equation [3-7] and diffusion coefficients of alkane 
solvent(s)–CO2–heavy oil systems with two types of objective functions   

Mixture system Gas 

Equation [3-15a] Equation [3-15b] 

Coefficients  
in Equation [3-7] Diffusion  

coefficient at  
equilibrium  

state  
(×10-10 m2/s) 

Coefficients  
in Equation [3-7] Diffusion  

coefficient at  
equilibrium  

state 
 (×10-10 m2/s) 

A  
(×10-8) 

B A (×10-8) B 

CO2–heavy oil  
(Li and Yang, 

2016)  
CO2 1.9107 0.3942   9.82 3.2987 0.5131 6.64 

C3H8–CO2– 
heavy oil  

(Zheng et al., 
2016b) 

CO2 7.0402 0.3780   4.79 2.3000 0.3436* 0.2775 0.1704*   3.19 18.05* 

C3H8 4.0944 0.4588 16.03 1.1890 1.5189* 0.2795 0.1163* 16.30 97.89* 

n-C4H10–CO2– 
heavy oil 

(Zheng and 
Yang, 2016) 

CO2 4.3981 0.6014   3.19 5.4810 0.3315* 0.6652 0.0001*   2.27 33.13* 

C4H10 5.2433 0.3915 16.30 5.7237 0.8563* 0.3533 0.1907* 17.03 35.13* 

C3H8–n-C4H10–
CO2– 

heavy oil 
(Zheng and 
Yang, 2016) 

CO2 – – – 0.0991* 0.0662*   7.52* 

C3H8 – – – 0.6762* 0.0294* 59.85* 

C4H10 – – – 0.7534* 0.0300* 66.51* 

*Based on the experiment data at the elevated temperatures of 329 K. 
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Li and Yang (2016) presented the diffusion coefficients of CO2/solvents in the same 

heavy oil with the conventional method, i.e., solving the diffusion equation instead of the 

diffusion-convection equation (see Table 3-3). Since the objective function [3-15a] is 

exactly same as that of Li and Yang (2016)’s work, the diffusion coefficients calculated 

with objective function [3-15a] is employed for the comparison purpose. It is evidently 

found that all of the previously reported diffusion coefficients of CO2/solvents are 

slightly lower than the calculated ones under the equilibrium conditions in this study. 

Natural convection originated from the swelling effect is supposed to be responsible for 

such a difference. The effect of the diluted heavy oil expanding from the bottom to the 

top of liquid phase hinders the molecular diffusion of CO2/solvent(s) from the top to the 

bottom of liquid phase. This is similar to the process of the aforementioned CH4–n-C5H12 

systems. Physically, a molecular diffusion process weakened by natural convection 

resulted from swelling effect is regarded as the actual molecular diffusion process and 

then utilized for solving the diffusion equation in conventional methods. Therefore, once 

the effect of natural convection is isolated from the molecular diffusion process, the 

calculated diffusion coefficients with the newly proposed model would be larger than the 

reported ones but closer to their actual values.  

 

It can be concluded that the mass transfer rate of CO2 is significantly lower than that of 

C3H8 and n-C4H10 under the same conditions. More specifically, the diffusion coefficients 

of CO2 are found to be respectively determined with three different equations on account 

of the variations of viscosities resulted from the different components and pressures in 

the three experiments. In addition, the diffusion coefficients of C3H8 and n-C4H10 in this 



63 
 

Table 3-3 Comparison of the diffusion coefficients for CO2 and/or solvent(s) in 
different heavy oils  

Gas  
system 

Sources Heavy oil 
Viscosity  

(cP) 
Pressure 

(kPa) 
Temperature 

(K) 

Diffusion  
coefficient at 
equilibrium 
conditions 

 (10-10 m2/s) 

CO2 

This study 
Lloydminster 

heavy oil 
12854  

@ 294.55 K 
3741-3371 294.55 6.64 

Li and Yang 
(2016)  

Lloydminster 
heavy oil 

12854  
@ 294.55 K 

3741-3371 294.55 8.24 

Upreti and 
Mehrotra (2000)  

Athabasca  
Bitumen 

N/A 4000 298.15-363.15 1.6-4.7l 

Zheng et al. 
(2016a)  

Lloydminster 
heavy oil 

12854  
@ 294.55 K 

3741-3371 294.55 4.3 

Zheng and Yang, 
(2016) 

Lloydminster 
heavy oil 

12854  
@ 294.55 K 

5400 317.65 14.97 

Upreti and 
Mehrotra (2002)  

Athabasca  
Bitumen 

821000  
@ 298.15 K 

4000 
8000 

298.15-363.15 
323.15-363.15 

1.3-4.3 
4.0-9.3 

Sun et al. (2014) 
Lloydminster 

heavy oil 
12854  

@ 294.55 K 
5500 331.15 21 

Zhang et al. 
(2000)  

Hamaca Oil 
5000  

@ 293.15 K 
3471 294.15 48 

Yang and Gu 
(2006a) 

Ontario  
heavy oil 

N/A 2900 298.15 11.4 

Yang and Gu 
(2006c)  

Lloydminster 
heavy oil 

23000  
@ 297.05 K 

2000-6000 297.05 2.0-5.5 

Li et al. (2016) 
Lloydminster 

heavy oil 
13924  

@ 293.85 K 
3950 293.85 10.59 

CO2: 84.38 mol% 
C3H8: 15.62 mol%  

This study 
Lloydminster 

heavy oil 
12854  

@ 294.55 K 
3741-3371 294.55 

3.19 (CO2) 
16.30 (C3H8)

 

Li and Yang 
(2016)  

Lloydminster 
heavy oil 

12854  
@ 294.55 K 

3741-3371 294.55 
4.06 (CO2) 

13.34 (C3H8) 
Zheng et al. 

(2016a) 
Lloydminster 

heavy oil 
12854  

@ 294.55 K 
3741-3371 294.55 

1.05 (CO2) 
13.70 (C3H8) 

CO2: 87.3 mol% 
C3H8: 12.7 mol% 

Li et al. (2016)  
Lloydminster 

heavy oil 
13924  

@ 293.85 K 
3945 293.85 

8.68 (CO2) 
18.19 (C3H8) 

CO2: 70 mol% 
C3H8: 30 mol%  

Yang and Gu 
( 2006c)  

Lloydminster 
heavy oil 

23000  
@ 297.05 K 

3005-1003 297.05 0.82-8.20* 

CO2: 86.64  mol% 
C3H8: 13.36 mol%  

Sun et al. (2014)  
Lloydminster 

heavy oil 
12854  

@ 294.55 K 
3741-3371 331.15 17* 

CO2: 64.9 mol% 
C3H8: 35.1 mol% 

This study 
Lloydminster 

heavy oil 
12854  

@ 294.55 K 
5500 329.15 

 18.05 (CO2) 
97.89 (C3H8) 

Zheng et 
al.(2016b) 

Lloydminster 
heavy oil 

12854  
@ 294.55 K 

5500 329.15 
9.36 (CO2) 

22.37 (C3H8) 

CO2: 88.33 mol% 
C4H10: 11.67 mol%  

This study  
Lloydminster 

heavy oil 
12854  

@ 294.55 K 
3741-3371 294.55 

 2.27 (CO2) 
17.03 (n-C4H10) 

Li and Yang 
(2016)  

Lloydminster 
heavy oil 

12854  
@ 294.55 K 

3741-3371 294.55 
1.92 (CO2) 

13.41 (n-C4H10) 
Zheng et al. 

(2016a) 
Lloydminster 

heavy oil 
12854  

@ 294.55 K 
3741-3371 294.55 

1.01 (CO2) 
15.30 (n-C4H10) 

CO2: 90.29 mol% 
C4H10: 9.71 mol%  

This study 
Lloydminster 

heavy oil 
12854  

@ 294.55 K 
5520 329.15 

33.13 (CO2) 
35.13 (n-C4H10) 

Zheng and Yang 
(2016) 

Lloydminster 
heavy oil 

12854  
@ 294.55 K 

5520 329.15 
19.5 (CO2) 

27.5 (n-C4H10) 

CO2: 80.55 mol% 
C3H8: 13.88 mol% 
C4H10: 5.57 mol% 

This study  
Lloydminster 

heavy oil 
12854  

@ 294.55 K 
5540 329.25 

7.52 (CO2) 
59.8 (C3H8) 

66.51 (n-C4H10) 

Zheng and Yang 
(2016) 

Lloydminster 
heavy oil 

12854  
@ 294.55 K 

5540 329.25 
7.02 (CO2) 

25.63 (C3H8) 
29.04 (n-C4H10) 

*Note: Apparent diffusion coefficient of a gas mixture. 
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study are evidently larger than those of C3H8–heavy oil systems (0.9–6.8×10-10 m2/s at a 

pressure range of 400-900 kPa and 297.05 K: Yang and Gu, 2006c) and n-C4H10–heavy 

oil systems (1.84×10-10 m2/s at 150 kPa and 298 K: Ganapathi, 2009). Such large 

diffusion coefficients can be likely attributed to the high pressure of gas solvents during 

the experiments in this study. Numerous experimental results indicate that diffusion 

coefficients of alkane solvents are increased with an increase in pressure when the 

pressure is lower than its dewpoint pressure at a constant temperature (Yang and Gu, 

2006c; Marufuzzaman and Henni, 2014). Since the effect of CO2 on the properties of gas 

mixture, the dewpoint pressures of CO2–C3H8 systems and CO2–n-C4H10 systems are 

much higher than those of pure C3H8 and C4H10 under the same conditions, implying 

there shall lead to large diffusion coefficients of C3H8 and C4H10 at relatively high 

pressures in this chapter.  

 

Under comparable conditions, it is found that both pressure and gas concentration 

dominate the mass transfer for the alkane solvent(s)–CO2–heavy oil systems. As for the 

same oil samples at almost same temperature (see Table 3-3), both diffusion coefficient 

for pure CO2 and individual diffusion coefficients for CO2-C3H8 mixture obtained under 

the condition of decaying pressure (Initial pressure: 3741 kPa) in this study are 

respectively smaller than those attained under a constant pressure (CO2–heavy oil 

systems: 3950 kPa and CO2–C3H8–heavy oil systems: 3945 kPa) in the literature (Li et al., 

2016). Also, a large gas concentration has been experimentally found to increase its mass 

transfer (i.e., diffusion coefficient) in a liquid (Yang et al., 2006; Yang and Gu, 2008).  
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2) Constant pressure and elevated temperatures 

The experimental results of C3H8–CO2–heavy oil system, n-C4H10–CO2–heavy oil system 

and C3H8–n-C4H10–CO2–heavy oil system documented in the literature (Zheng and Yang, 

2016; Zheng et al., 2016b) were then utilized for determining individual diffusion 

coefficients at elevated temperatures by using objective function [3-15b]. Figure 3-5b 

shows that good agreements have been achieved between the measured dynamic swelling 

factors and the calculated ones. Also, there exists good agreements between the measured 

and calculated mole fractions of n-C4H10–CO2–heavy oil system and C3H8–n-C4H10–

CO2–heavy oil system (see Table 3-1). The minor deviations are due mainly to the 

complicated and intrusive gas sampling processes. The good agreements of both dynamic 

swelling factors and mole fractions confirmed the validity of the newly proposed 

technique under the condition of elevated temperatures.  

 

The coefficients in Equation [3-7] for calculating the dynamic diffusion coefficients of 

CO2, C3H8, and n-C4H10 in three alkane solvent(s)–CO2–heavy oil systems and their 

diffusion coefficients under equilibrium conditions are presented in Tables 3-2 and 3-3, 

respectively. Since the same oil sample is used in the diffusion tests of this study and 

those in Li and Yang’s work (2016), some comparisons between the results based on 

these two sets of experiments can be carried out. One can find that, similar to the 

aforementioned results with the decaying pressure and constant temperature in previous 

section, the individual diffusion coefficients of CO2 and solvents under the elevated 

temperatures are also larger than those calculated with conventional method in the 

literature because of the natural convection. Furthermore, the increments of diffusion 
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coefficients at elevated temperatures are higher than those at a constant and relatively low 

temperature (see Table 3-3). More specifically, the individual diffusion coefficients of 

CO2 and n-C4H10 at 294.55 K in n-C4H10–CO2–heavy oil system are increased by 

1.26×10-10 m2/s and 1.73×10-10 m2/s, respectively, in comparison with the results of 

Zheng et al. (2016a) at the same temperature. At 329.15 K, the increments of individual 

diffusion coefficients of CO2 and n-C4H10 can respectively reach 13.63×10-10 m2/s and 

7.63×10-10 m2/s for n-C4H10–CO2–heavy oil systems, which is much higher than those at 

294.55 K. The similar trend is also able to be observed in C3H8–CO2–heavy oil systems 

(see Table 3-3). Such an enhanced swelling effect mainly resulted from the high 

temperature shall be the underlying mechanism accounting for the large individual 

diffusion coefficients. The swelling factors at the end of the diffusion experiments for the 

C3H8–CO2–heavy oil system (45 hours) and the n-C4H10–CO2–heavy oil system (96 

hours) at 329.15 K have been measured to be 1.14 and 1.11, respectively, which are much 

larger than the corresponding values (i.e., 1.04 and 1.01) at 294.55 K at the same time. 

Accordingly, a faster velocity of natural convection caused by the enhanced swelling 

effect is generated at 329.15 K, leading to a greater hindrance for mass transfer of CO2, 

C3H8, and n-C4H10 in heavy oil. 

 

3.3.2 Effect of temperature and natural convection on mass transfer 

Diffusion tests of three CO2–heavy oil systems under different system temperatures (Test 

#1: 298.6 K; Test #2: 316.7 K; Test #3: 336.7 K: Zheng and Yang, 2017) are employed to 

examine the effects of heat and natural convection on the mass transfer processes. Figure 

3-6 shows that the calculated dynamic swelling factors with the proposed model are 
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Figure 3-6 Measured and calculated dynamic swelling factor profiles for the CO2–
heavy oil systems at different temperatures 
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consistent with the experimental measurements for all three tests. Then, the physical 

properties associated with the mass transfer processes, such as dynamic CO2 mole 

fraction, viscosity of the diluted heavy oil and natural convection velocity, are computed 

based on the matching results. As for evaluating the natural convection effect on mass 

transfer process, three designed cases (Cases #1–3) featured by neglecting natural 

convection are simulated with completely same input parameters of Tests #1–3, 

respectively. 

 

1) Thermal effect 

Figure 3-7a depicts CO2 mole fractions as a function of time for Tests #1–3, respectively. 

It can be found that the dynamic CO2 mole fractions gradually decline with an increase in 

system temperature. It is well recognized that CO2 solubility in heavy oil is increased 

with a decrease in temperature. A higher solvent concentration gradient on the phase 

contact is generated under the condition of a lower temperature and thus improves the 

mass transfer rate. On the other hand, the entire system gradually approaches its 

equilibrium state as time proceeds, and then a larger mole fraction of CO2 in the diffusion 

test with a lower system temperature is inevitably achieved compared with those with 

higher temperatures.  

 

Meanwhile, the dynamic average viscosities of the diluted heavy oil in Tests #1–3 are 

calculated and depicted in Figure 3-7b. One can find that the viscosities not only decline 

with time proceeding in every individual diffusion test, but also decrease with an 
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(a) 

  

(b) 

 
 
Figure 3-7 (a) Calculated CO2 mole fraction profiles of Tests #1–3 and Cases #1–3 
and (b) calculated average liquid viscosity profiles of Tests #1–3  



70 
 

increase of temperature among three tests at the same time. Such a reduced viscosity 

results in a large diffusion coefficient on the basis of Equations [3-7]–[3-9]. 

  

As indicated in Figures 3-7a and b, the mole fraction profiles reveal that a high solvent 

concentration at the interface originated from the relatively low temperature and a large 

diffusion coefficient resulted from the reduced viscosity of the heated heavy oil do not 

impose a similar impact on the mass transfer rate at the same time. Accordingly, the CO2 

concentration at the bottom of the PVT cell is utilized to examine the effects of the 

aforementioned high solvent concentration and large diffusion coefficient because such 

CO2 concentration is a direct reflection of mass transfer rate in the entire liquid phase (see 

Figure 3-8). As can be seen, CO2 mole fraction increases with an increase of system 

temperature before 110 hours, showing that a negative effect of the reduced solvent 

concentration from the high temperature on the mass transfer rate can be counteracted by 

the positive effect of the high diffusion coefficient. As such, the hybrid thermal-solvent 

processes can effectively enhance mass transfer rate of a solvent in heavy oil within a 

certain range of temperature and time. When the experimental time is longer than 110 

hours in this study, the order of CO2 mole fractions of Tests #1–3 is the converse of 

previous one since CO2 solubility, physically, is declined with an increase of temperature. 

 

Figure 3-9 depicts the distribution profiles of the normalized concentration ( ) at 

126 hours from the bottom of PVT cell to the gas-liquid interface, implying that a high 

temperature can accelerate the mass transfer processes so as to reduce the time required 

to achieve the concentration equilibrium. In addition, as for Tests #1–3, the required  

satc c
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Figure 3-8 Dynamic CO2 concentrations at bottom of PVT cell in Tests #1–3 
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Figure 3-9 Calculated normalized concentrations profiles of Tests #1–3 at 126 hours 
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times for reaching temperature equilibrium state are found to be 60, 111, and 105 minutes 

(see Figure 3-10), respectively. It is noted that the required time of temperature 

equilibrium state in Test #3 is slightly shorter than that of Test #2, though system 

temperature of the former is higher than that of the latter. This may be ascribed to the fact 

that a larger CO2 mole fraction in Test #2 retards the heat transfer rate in comparison to 

that of Test #3. Also, the durations of Tests #1–3 to achieve temperature equilibrium are 

much shorter than that of CO2 mass transfer since the concentration distribution of CO2 

has not even reached the equilibrium state at the end of simulation. This evidently shows 

that the heat transfer rate is much larger than that of CO2 mass transfer in heavy oil. 

 

2) Natural convection 

Physically, natural convection induced by swelling effect stems from an increase of the 

diluted liquid volume. Such fluids flow from the bottom to the top of the liquid phase 

slows the CO2 mass transfer since the direction of fluids flow is opposite to that of mass 

transfer. Figure 3-11 shows the velocity distributions of Tests #1–3. It can be found that 

the velocity of natural convection gradually decreases with time because the swelling 

effects induced by the gradients of both temperature and CO2 concentration decline over 

time. Also, the average natural convection velocities of the gas-liquid interface during the 

experimental processes of Tests #1–3 are 1.70×10-9 m/s, 1.78×10-9 m/s, and 1.57×10-9 

m/s, respectively. The difference among average velocities in Tests #1–3 are caused by 

the differences of thermal energy and compositions of mixture. More specifically, the 

reduced viscosity resulted from the heated heavy oil and diluted heavy oil firstly 

enhances the mass transfer rate of CO2. Then, a larger CO2 mole fraction leads to a higher 
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(a) 

 
(b) 

 
(c) 

 
Figure 3-10 Temperature distributions at different time for (a) Test #1, (b) Test #2 
and (c) Test #3  
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(a) 

 
(b) 

 
(c) 

 
Figure 3-11 Velocity distributions as a function of time and liquid height for (a) Test 
#1, (b) Test #2, and (c) Test #3 
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swelling factor based on Equation [3-12], and further results in a higher velocity of 

natural convection.  

 

As for the designed Cases #1–3, since the natural convections are neglected, the mole 

fractions of CO2 are slightly higher than those of Tests #1–3 (see Figure 3-7a). This 

implies that the natural convection actually weakens the mass transfer rate from the gas-

oil interface to the liquid phase in Tests #1–3. Figure 3-12 shows the incremental mole 

fraction percentages of Cases #1–3 in comparison to those of Tests #1–3, respectively. It 

can be found that the increment of CO2 mole fraction first reaches its maximum at the 

early stage due mainly to the effect of the heat transfer and a large CO2 concentration 

gradient. In addition, the maximum increment of mole fraction gradually declines with an 

increase in system temperature mainly owing to an enlarged temperature gradient 

between liquid phase and gas phase that usually leads to an increase of natural convection 

velocity. Then, increments of CO2 mole fraction in pairs of Test #1–Case #1, Test #2–

Case #2, and Test #3–Case #3 begin to decline as time proceeds after their corresponding 

maximum values. This can be explained by the fact that the entire system gradually 

approaches its equilibrium state, and the impact from the natural convection on the mass 

transfer must inevitably be tapered off. Also, the decline rate of mole fraction is increased 

with an increase in system temperature because a high system temperature is beneficial to 

approach the equilibrium state, and then results in a low natural convection velocity (see 

Figure 3-9).  

 

The average velocities of Tests #1–3 are only in the range of 1.50–1.80×10-9 m/s. It is the  



77 
 

  
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
Figure 3-12 Increment of CO2 mole fraction between pair of Test #1–Case #1, Test 
#2–Case #2, and Test #3–Case #3 



78 
 

reason why the average increments of CO2 mole fraction in  pairs of Test #1–Case #1, 

Test #2–Case #2, and Test #3–Case #3 are only 1.32%, 1.08% and 0.88%, respectively, 

though the corresponding related maximum increments of CO2 mole fraction are 1.59%, 

3.06% and 4.22%, respectively. Such a minor difference implies that the natural 

convection effect can be neglected in the CO2–heavy oil system. However, as for the 

C3H8–CO2–heavy oil system, n-C4H10–CO2–heavy oil system and C3H8–n-C4H10–CO2–

heavy oil system in this study, the average velocities can reach 13.50 ×10-9 m/s, 4.45×10-

9 m/s, and 4.26×10-9 m/s, respectively. Such relatively large differences are mainly 

caused by the relatively large swelling factors induced by the dissolution of alkane 

solvents. More specifically, the increasing rates of the oil swelling, defined as the average 

increment of swelling height of the liquid phase per second, of the three alkane 

solvent(s)–CO2–heavy oil systems (Tests #4–6) are larger than 9.31×10-9 m/s, which is 

much higher than average one (3.83×10-9 m/s) of the CO2–heavy oil systems (Tests #1–3). 

Consequently, for the sake of simplifying the procedure of determining diffusion 

coefficients for the alkane solvent(s)–CO2–heavy oil systems, it seems that the effect of 

natural convection can be neglected when the increasing rate of oil swelling is smaller 

than 3.83×10-9 m/s.  

 

3.4 Summary 

By coupling heat and mass transfer and treating heavy oil as multiple pseudocomponents, 

a novel and pragmatic technique has been developed and validated to determine 

individual diffusion coefficient of each component for the alkane solvent(s)–CO2–heavy 

oil systems with consideration of natural convection induced by the swelling effect. The 
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PR EOS, heat transfer equation, and convection-diffusion equation are integrated to 

quantify the heat and mass transfer. The individual diffusion coefficient considering the 

effect of natural convection on the mass transfer can be quantified as a function of 

viscosity of the solvent-saturated heavy oil. The individual diffusion coefficients are 

found to be larger than those calculated ones with the conventional methods under 

equilibrium conditions. This can be attributed to the fact that the conventional methods 

allow molecular diffusion to be offset by natural convection to some extent due to the 

vague combination, while the newly proposed technique isolate natural convection from 

the molecular diffusion.  

 

Based on the measured and calculated results of three diffusion tests conducted with 

CO2–heavy oil systems, mass transfer rate of CO2 in heavy oil with heat is found to be 

increased owing to the large diffusion coefficient resulted from the reduced viscosity of 

the heated heavy oil within a certain range of temperature and time. The natural 

convection induced by swelling effect for the CO2–heavy oil systems can be neglected, 

whereas it needs to take into account for the alkane solvent(s)–CO2–heavy oil systems 

due to the preferential dissolution of alkane solvents. 
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CHAPTER 4 NONEQUILIBRIUM PHASE BEHAVIOUR OF 
ALKANE SOLVENT(S)–CO2–HEAVY OIL 
SYSTEMS UNDER CONSTANT VOLUME 
EXPANSION RATES 

 

4.1 Introduction 

This chapter developed a robust and pragmatic technique to experimentally and 

theoretically quantify the nonequilibrium phase behaviour of alkane solvent(s)–CO2–

heavy oil systems under reservoir conditions (Shi et al., 2015; 2016; Shi and Yang, 

2017c). Experimentally, a mercury-free PVT setup has been utilized to perform constant-

composition expansion (CCE) experiments with a constant volume expansion rate for 

quantifying the equilibrium and nonequilibrium phase behaviour of alkane solvent(s)–

CO2–heavy oil systems. Theoretically, real gas equation of state and a time-dependent 

power-law relation are incorporated into a newly proposed mathematical model to bridge 

the dynamic relationship between pressure and the expanded volume of the CCE 

experiments, while the PR EOS is used to calculate the equilibrium-properties by treating 

heavy oil as multiple pseudocomponents. Then, the properties of foamy oil (i.e., 

compressibility and density) are determined and analyzed accordingly. 

 

4.2 Experimental 

4.2.1 Materials 

Heavy oil sample used in the experiment is collected from Lloydminster area in 

Saskatchewan, Canada. Molecular weight is measured to be 482 g/mol, while the 

compositional analysis (see Table 4-1) of the heavy oil sample is conducted by using the 

simulated distillation method. The CO2, CH4, and C3H8 (Praxair, Canada) have purities of 
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Table 4-1 Compositional analysis of the Lloydminster heavy oil 
 

Carbon No. wt% mol% Carbon No. wt% mol% 
C1 0.000 0.000 C32 1.329  1.310 
C2 0.000 0.000 C33 0.981  0.940 
C3 0.000 0.000 C34 1.083  1.010 
C4 0.000 0.000 C35 1.307  1.180 
C5 0.000 0.000 C36 1.343  1.180 
C6 0.000 0.000 C37 0.917  0.780 
C7 0.000 0.000 C38 0.900  0.750 
C8 0.000 0.000 C39 1.583  1.290 
C9 0.786 2.730 C40 1.600  1.270 
C10 0.844 2.640 C41 0.750  0.580 
C11 1.037 2.960 C42 0.830  0.630 
C12 1.267 3.320 C43 1.380  1.020 
C13 1.817 4.390 C44 0.929  0.670 
C14 1.950 4.380 C45 0.929  0.650 
C15 2.300 4.830 C46 0.700  0.480 
C16 2.143 4.220 C47 0.833  0.560 
C17 2.286 4.240 C48 0.792  0.530 
C18 2.238 3.920 C49 0.792  0.510 
C19 2.048 3.400 C50 0.733  0.460 
C20 1.857 2.930 C51 0.750  0.470 
C21 2.071 3.110 C52 0.717  0.440 
C22 1.329 1.910 C53 0.717  0.430 
C23 1.743 2.390 C54 0.683  0.400 
C24 1.571 2.070 C55 0.650  0.370 
C25 1.714 2.170 C56 0.650  0.370 
C26 1.600 1.950 C57 0.667  0.370 
C27 1.583 1.850 C58 0.667  0.360 
C28 1.650 1.860 C59 0.667  0.360 
C29 1.452 1.580 C60 0.767  0.410 
C30 1.281 1.350 C61+    35.397     14.600 
C31 1.390 1.420 Total   100.000   100.000 

Note: The compositional analysis was conducted by the Saskatchewan Research Council 
(SRC) 
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99.998 mol%, 99.97 wt%, and 99.5 wt%, respectively. The compositions of alkane 

solvent(s)–CO2–heavy oil systems in this experiment are tabulated in Table 4-2. 

 

4.2.2 Experimental setup 

In this study, constant-composition expansion experiments are performed with a 

mercury-free DBR PVT system (PVT-0150-100-200-316-155, DBR, Canada) for the 

alkane solvent(s)–CO2–heavy oil systems. Figure 4-1 depicts the schematic diagram of 

the PVT experimental setup. The entire experimental system mainly includes four parts, 

i.e., a visual and high pressure PVT cell, a recording subsystem, an injection subsystem, 

and an air bath. As for the visual and high pressure PVT cell, the fluids are contained in 

the glass tube with an inner diameter of 3.177 cm and a length of 20.320 cm. Maximum 

operating pressure and temperature are 69000 kPa and 473.15 K, respectively. A floating 

piston, which is driven by a high-pressure automatic positive-displacement pump (PMP-

0500–1–10-MB-316-M4-C0, DBR, Canada), is positioned in the PVT cell to separate the 

hydraulic oil from experimental fluids. The volume and pressure of fluids can be 

controlled by vertically moving the floating piston upwards and downwards. The 

recording subsystem includes a high-precision pressure sensor (PM Series, 5000 psia, 

Heise, USA) with a full-scale accuracy of 0.025% and a video-based digital cathetometer 

with a resolution of 0.002 cm. The injection subsystem mainly consists of two high-

precision syringe pumps (500HP, ISCO Inc., USA) that are applied for injecting alkane 

solvent(s), CO2, and heavy oil into PVT cell. As for the air bath, the temperature of entire 

experimental system is maintained at a pre-specified temperature with an accuracy of 

0.1  K.  



83 
 

Table 4-2 Compositions of alkane solvent(s)–CO2–heavy oil systems 

Feed No. 
Composition (mol%) 

CH4 CO2 C3H8 Heavy oil 
1   0.0 27.7   0.0 72.3 
2   0.0 19.7 28.7 51.6 
3 14.4   0.0   0.0 85.6 
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Figure 4-1 Schematic diagram of the PVT experimental setup  
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4.2.3 Experimental procedures 

The experimental procedures of nonequilibrium conditions for CO2–heavy oil system can 

be briefly described as follows: 

1) Prior to constant-composition expansion experiments, leakage test for the PVT 

cell is firstly conducted with nitrogen. Then, the PVT cell is completely cleaned 

with kerosene and flushed with air;  

2) The vacuum pump is employed to evacuate the air in the PVT cell and flowlines. 

Subsequently, CO2 is introduced into the PVT cell from a gas cylinder; 

3) The heavy oil sample is slowly injected into PVT cell. After closing the inlet 

valve, the entire CO2–heavy oil system is isolated and to be vigorously agitated 

more than 16 hours with the equipped mixer at the bottom of the PVT cell to 

ensure that the entire system reaches the equilibrium state at the given temperature 

and pressure; and 

4) When the equilibrium state is established, the mixer is turned off to stop agitating. 

Floating piston in the PVT cell is started to move up for enlarging the volume by 

withdrawing hydraulic oil at a constant rate. Meanwhile, pressure of the PVT cell 

is continuously recorded, while the height of the liquid phase is simultaneously 

measured by using the cathetometer. Thus, relationship between the volume of 

CO2–heavy oil systems and pressure of nonequilibrium condition can be obtained.  

 

As for the CH4–heavy oil systems, the aforementioned procedure is followed. As for 

CO2–C3H8–heavy oil systems, in Step #2, CO2 is firstly injected into PVT cell and 

compressed into liquid CO2, then liquefied C3H8 is introduced into the PVT cell. Once 
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the equilibrium is reached with the same procedure of Step #3 for CO2–heavy oil systems, 

the pressure and concentration of each phase for CO2–C3H8–heavy oil systems will be 

respectively determined, and then followed by Step #4. 

 

Additionally, as for the procedures of equilibrium condition, Steps #1–3 are the same as 

those of nonequilibrium ones. In Step #4, except that the mixer in the liquid phase keeps 

stirring to ensure the equilibrium condition during entire experimental processes, other 

processes are kept the same as those of nonequilibrium conditions.  

 

4.3 Mathematical Formulations 

4.3.1 Volume of the evolved gas and the entrained gas 

To describe the formation of gas phase processes, the following assumptions have been 

made: 

1) The entrained gas in the oleic phase has the same properties as the free gas under 

the same pressure and temperature; 

2) Compared with the external pressure of the alkane solvent(s)–CO2–heavy oil 

systems, the Laplace pressure in the gas bubble is neglected (Gor et al., 2011); 

and 

3) Foamy oil includes two components, i.e., the entrained gas and the mixture of 

dead oil and solution gas. 

 

The typical feature of foamy oil is that the measured bubblepoint pressure is lower than 

the thermodynamic bubblepoint pressure ( bP ) under equilibrium conditions, i.e., 
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supersaturation (Chen et al., 2015). Physically, formation of gas phase in oil may be 

divided into the following three regimes, i.e., Regime #1: The first pressure decline; 

Regime #2: Rebound pressure; and Regime #3: The second pressure decline (Arora and 

Kovscek, 2003). More specifically, based on the instantaneous nucleation model 

associated with constant expansion rate experiments, all the gas bubbles are reasonably 

assumed to nucleate at the thermodynamic bubblepoint pressure of heavy oil (Kraus et al., 

1993). In practice, the size of gas bubble cannot increase until the radius of gas bubble is 

large enough to surpass the nucleus size in Regime #1 (Kashchiev and Firoozabadi, 1993). 

Therefore, pressure of the entire system sharply decreases with an extremely small 

increase of the expanded volume on gas bubbles. In Regime #2, the growth of gas bubble 

volume and an increase in compressibility of the mixture usually lead to an increase in 

pressure when pressure decreases to a certain value, i.e., gas phase volume is sufficiently 

large to offset the effect of volume expansion on pressure. Finally, the oil withdrawal 

dominates the process of mass transfer so that pressure of the mixture system begins to 

decrease again (Arora and Kovscek, 2003). The gas bubble formation rate is found to be 

a function of the bubble growth (Kashchiev and Firoozabadi, 1993; Gor et al., 2011), 

while the volume of gas bubbles, in general, is a power function of time (Moulu, 1989; 

Kashchiev and Firoozabadi, 1993; Sheng et al., 1999a). 

 

As mentioned previously, Sheng et al. (1995; 1997; 1999c) proposed a correlation to 

quantify the amount of the evolved gas as a function of time (Equation [2-6]). Due to the 

existence of different stages of gas exsolution, Equation [2-6] can be modified and 

expressed as follows, 
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                                  [4-1] 

where pbt  is critical time that corresponds to the turning point pressure, i.e., pseudo-

bubblepoint pressure; and m1 and m2 are bubble growth coefficients in different bubble 

growth regimes, respectively. 

 

As for experiments with a constant expansion rate, the total volume of mixture,  V t , at a 

given time is expressed as, 

     l gV t V t V t                                              [4-2] 

where  lV t  and  gV t  are liquid and gas phase volume, respectively;  

   l li t li iV t V c V P P t                                            [4-3a] 

where liV  is the initial liquid phase volume; tc  is compressibility of liquid under 

equilibrium conditions; iP  is initial pressure of the entire system; and  P t  is pressure at 

time t.  

 

Combining Equation [4-2] with real gas equation of state, i.e., PV znRT , we can obtain, 

2

gV n zRT znRT P

t t P P t

  
 

  
                                         [4-3b] 

 

Substituting Equation [4-1] into Equation [4-3b], the relationship between pressure and 

expansion rate q, i.e., the volume increment of gas-liquid system per second, can be 

rewritten as follows, 
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where t licV   . 

 

The ratio of the moles of the entrained gas to that of the evolved gas is used to determine 

the amount of the entrained gas in heavy oil. When pressure is larger than the pseudo-

bubblepoint pressure ( pbP ), there is no free gas phase in the system, indicating that all of 

the evolved gas remains entrained in the heavy oil, though pressure is lower than the 

thermodynamic bubblepoint pressure. Below pbP , a portion of the evolved gas is released 

to be free gas from the oleic phase. It has been found that there exists a linear relationship 

between pressure and volume of free gas under equilibrium and nonequilibrium 

conditions when pressure is lower than the thermodynamic bubblepoint pressure or 

pseudo-bubblepoint pressure (Mastmann et al., 2001; Sahni et al., 2004; Chen et al., 

2015). Thus, it is practical that the fraction of the entrained gas to the evolved gas can be 

expressed as follows (Chen et al., 2015), 
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where refP  is reference pressure (lower than pbP , usually 101.325 kPa). Moles of the 

entrained gas, then, can be calculated as follows,  
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 en evn n P                                                         [4-6] 

 

4.3.2 PR EOS 

Similar to Chapter 3, PR EOS combined with the modified alpha function proposed by Li 

and Yang (2011) is selected to describe the equilibrium phase behaviour of alkane 

solvent(s)–CO2–heavy oil systems in this study. The detailed expressions can be found in 

Chapter 3. 

 

4.3.3 Properties of foamy oil 

Since the volume and pressure of foamy oil can be theoretically calculated by using the 

newly proposed models, foamy oil compressibility can be directly determined according 

to its definition. In the literature, the foamy oil compressibility is the summation of that 

dead oil, dissolved gas, and entrained gas (Kraus et al., 1993; Sheng et al., 1999b). 

Simultaneous increase of volume and pressure for foamy oil may occur likely due to the 

increase of amount of entrained gas after the pseudo-bubblepoint pressure is reached. To 

ensure that the calculated compressibility is positive, the compressibility can be written 

as follows,  

1 fo
fo

fo

V
c

V P





                                                       [4-7] 

where foc and 
foV are the compressibility and volume of an alkane solvent(s)–CO2–heavy 

oil system, respectively. The volume of foamy oil can be determined by, 

     fo freeV t V t V t                                              [4-8] 

where  freeV t is volume of the free gas.  
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The density of foamy oil can be directly calculated by using the mass and volume of 

foamy oil, and expressed as, 

fo
fo

fo

m

V
                                                       [4-9] 

where fom  is mass of the foamy oil, and calculated by 

fo t free freem m n MW                                            [4-10] 

where tm  is total mass of mixture; freen  is moles of free gas; and freeMW  is molecular 

weight of free gas. Also, densities of dead oil (heavy oil without solvents) can be 

computed by the following expressions (Li et al., 2013a), 
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                                  [4-11] 

where  

3 2
0 784.0044 1.7217 3.3752 10T T                          [4-12a] 

6.1774 0.0213T                                           [4-12b] 

and 

4 7 1 9 23.7614 10 1.8009 10 2.0605 10G T T                           [4-12c] 

 

4.3.4 Numerical solution 

Due to the nonlinearity of Equation [4-4], the Runge-Kutta fourth-order method is 

utilized to numerically solve the formulated mathematical matrix, assuming temperature 
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is constant. After discretizing the smooth pressure curve as an integration of a stepped 

curve with a fixed time step,  Δt, Equation [4-4] can be rewritten as,  
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          [4-13] 

 

The values of 1m  and 2m  are tuned with the particle swarm optimization (PSO) 

algorithm for every experimental run (i.e., each experimental process) to achieve the 

minimum deviation between the experimentally measured pressures and the theoretically 

calculated ones. The objective function can be expressed as, 
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                                           [4-14] 

 

where Nm is the number of measured pressure points during the experimental process; 

m
iP  is the ith measured pressure point; cal

iP  is the calculated pressure point corresponding 

to m
iP . It is worthwhile noting that the time step in Equation [4-13] cannot be larger than 

the minimum time interval of the measured pressure points used during the experiments 

which are normally ranged from 30 to 140 seconds, while it shall also satisfy the 

requirements of the objective function. Accordingly, the values of time step are selected 

to be 15 to 60 seconds for different cases to ensure a stable, converged, consistent, and 

accurate solution. Figure 4-2 shows the flowchart used to solve the mathematical model. 

 



93 
 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

Figure 4-2 Flowchart for matching pressure profile with numerical method 
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4.4 Results and Discussion 

In total, ten constant-composition expansion experiments under nonequilibrium 

conditions and seven constant-composition expansion experiments under equilibrium 

conditions have respectively been carried out for CO2–heavy oil systems, CH4–heavy oil 

systems, and CO2–C3H8–heavy oil systems. The details of ten tests with nonequilibrium 

conditions are listed in Table 4-3, while the measured pressures and expansion volume 

(i.e., the volume difference between the volume measured at a given time and its initial 

volume) are depicted in Figures 4-3 to 4-5. Then, two parameters (i.e., apparent critical 

supersaturation pressure and rebound pressure) are evaluated based on the experimental 

measurements.  

 

4.4.1 Apparent critical supersaturation pressure 

Apparent critical supersaturation pressure ( sP ) is defined as the pressure difference 

between thermodynamic bubblepoint pressure ( bP ) and pseudo-bubblepoint pressure 

( pbP ) (Yortsos, 1997). Physically, the higher the apparent critical supersaturation 

pressure is, the more entrained gas will be contained in the heavy oil. Evidently, bP  can 

be located in the volume-pressure profiles of equilibrium state where the compressibility 

of mixture systems has changed sharply. As for pseudo-bubblepoint pressure, its value is 

essentially equal to the nucleation pressure as mentioned in literature (Sheng et al., 1999b) 

since the linear correlation between GOR and pressure is physically same as that of ratio 

of the entrained gas to the evolved gas. Also, during constant-composition expansion 

experiment processes, nucleation pressure can be determined by the turning point of 
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Table 4-3 Rebound pressures and apparent critical supersaturation pressures of 
alkane solvent(s)–CO2–heavy oil systems 

Test 
No. 

Components 
Temperature

(K) 

Expansion 
volume rate

(cm3/hr) 

Rebound
pressure 

(kPa) 

bP  

(kPa) 
pbP  

(kPa) 
sP  

(kPa) 

1 
CO2–heavy 

oil 

303.3 0.3 110 2172 1413 758 
2 323.5 0.3 28 2661 2055 607 
3 342.8 0.3 0 3351 2682 669 
4 

CO2–C3H8–
heavy oil 

303.3 1.5 69 2220 1558 662 
5 323.5 1.5 193 2972 2103 869 
6 342.8 1.5 34 4054 3696 359 
7 342.8 0.8 21 4054 3971 83 
8 

CH4–heavy 
oil 

342.8 0.2 0 4061 3061 1000 
9 342.8 0.4 0 4061 2717 1344 
10 342.8 0.8 0 4061 2392 1669 
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(a) 

 
(b) 

 
 
Figure 4-3 Measured pressure as a function of expansion volume for CO2–heavy oil 
systems under (a) equilibrium conditions and (b) nonequilibrium conditions with 
expansion rate of 0.3 cm3/hr 
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(a) 

 
(b) 

 
 
Figure 4-4 Measured pressure as a function of expansion volume at 342.8 K for 
CH4–heavy oil systems under (a) equilibrium conditions and (b) nonequilibrium 
conditions with different expansion rates 
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(a) 

 
(b) 

 
 
 
Figure 4-5 Measured pressure as a function of expansion volume for CO2–C3H8–
heavy oil systems under (a) equilibrium conditions and (b) nonequilibrium 
conditions with different expansion rates 
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compressibility of mixture (Firoozabadi et al., 1992). Therefore, the pseudo-bubblepoint 

pressure under nonequilibrium conditions can be located with the method similar to 

finding Pb in the volume-pressure profiles under equilibrium conditions (see Figures 4-3 

to 4-5). 

  

As can be seen from Table 4-3 and Figure 4-6, apparent critical supersaturation pressure 

monotonically increases with an increase in expansion rate for CH4–heavy oil systems 

and CO2–C3H8–heavy oil systems. This is in a good agreement with those reported in the 

literature (Firoozabadi et al., 1992; Bennion et al., 2003). Meanwhile, apparent critical 

supersaturation pressure is also found to be a function of mole fraction of alkane 

solvent(s) and CO2. More specifically, the difference of apparent critical supersaturation 

pressure between Tests #7 and 10 is found to be 1585.79 kPa (see Table 4-3), though 

both tests are conducted at the same expansion volume rate. As for Test #7, a higher mole 

fraction of light components (i.e., solvents and CO2) is considered as the main 

contribution to the relatively low apparent critical supersaturation pressure. A similar 

relationship has been found and formulated elsewhere (Sahni et al., 2004). 

 

4.4.2 Rebound pressure 

The difference between pseudo-bubblepoint pressure and the maximum pressure after the 

pseudo-bubblepoint pressure is defined as the rebound pressure in this study. In general, 

there is an increase in pressure after the pseudo-bubblepoint pressure is reached. The 

corresponding rebound pressures in Tests #1-10 are tabulated in Table 4-3. More 
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Figure 4-6 Expansion rate as a function of apparent critical supersaturation pressures 
for CH4–heavy oil systems and CO2–C3H8–heavy oil systems at 342.8 K, 
respectively  
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specifically, it is from Tests #6 and 7 found that a larger expansion volume rate causes a 

higher rebound pressure (see Figure 4-7). Compared to Test #7, the measured pressures 

of Test #6 are lower at the same volume (see Figure 4-5), indicating that the amount of 

the evolved gas from the oleic mixture with a lower expansion volume rate (Test #7) is 

larger than that with a higher expansion volume rate (Test #6). Such a difference results 

in a higher concentration gradient between gas bubble and liquid mixture in Test #6. 

Then, a relatively higher bubble growth rate can be generated to obtain a larger rebound 

pressure on the basis of diffusion-induced gas bubble growth theory (Rosner et al., 1972). 

 

As for CO2–heavy oil systems, the rebound pressures gradually and monotonically 

decline with an increase in temperature due to the increased mass transfer rate from liquid 

to gas, whereas, as for CO2–C3H8–heavy oil systems, they can normally reach their 

respective peak values (see Figure 4-7). The latter may be ascribed to the fact that 

preferential diffusion of CO2 and C3H8 in heavy oil systems (Li and Yang, 2016; Zheng 

et al., 2016a; Zheng and Yang, 2016). In addition, rebound pressures of CH4–heavy oil 

system are found to be zero for three tests, implying that the amount of evolved CH4 is 

too weak to impose a significant impact on the rebound pressure. This may be due to the 

fact that pressure increase from the cumulative volume of evolved gas cannot compensate 

the pressure decline caused by the expanded volume of the mixture. Therefore, a slow 

pressure-decline rather than a rebound pressure is generated under nonequilibrium 

conditions, compared with those of CO2/CO2–C3H8 heavy oil systems. Similar results for 

CH4–n-C10H22 systems have been documented elsewhere (Firoozabadi et al., 1992).
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Figure 4-7 Rebound pressures at different expansion rates and temperatures for 
CH4–heavy oil systems, CO2–heavy oil systems, and CO2–C3H8–heavy oil systems, 
respectively 
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It is noted that small pressure rebounds can also be observed in pressure-volume profiles 

under equilibrium conditions (Figure 4-5a). This may be caused by a relatively large 

withdrawal rate for the CO2–C3H8–heavy oil systems, though an optimized withdrawal 

rate has been identified and utilized after several trial withdrawal rates.  

 

4.4.3 Properties of foamy oil 

Based on the matching results of experimental measurements (see Figures 4-8 to 4-10), 

properties (i.e., compressibility and density) of all alkane solvent(s)–CO2–heavy oil 

systems are calculated. Also, the compressibility and density of CH4–heavy oil systems 

have been compared under equilibrium and nonequilibrium conditions.   

 

1) Compressibility 

Three regimes can be observed in the pressure-compressibility profiles of foamy oil (see 

Figures 4-11 to 4-13), which are similar to those of conventional oil (Al-Mahrhoun, 

2009). As for foamy oil, the pressure range of Regime #1, however, starts from its initial 

pressure to the pseudo-bubblepoint pressure. The value of compressibility is found to be 

0.9×10-6 kPa-1, which is in a good agreement with those reported in literature for similar 

heavy oils (Dusseault, 2001). This means that the compressibility in Regime #1 only 

represents characteristics of the liquid phase due to an extremely small volume of gas 

bubble, though gas starts to nucleate at the thermodynamic bubblepoint pressure (Arora 

and Kovscek, 2003). In Regime #2, a sudden change of compressibility is resulted from a 

quick expansion of the entrained gas on the pseudo-bubblepoint pressure. Similar finding 

has also been documented in the literature (Sheng et al., 1995). It is worthwhile noting 
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Figure 4-8 Measured and calculated pressure curves of CO2–heavy oil systems as a 
function of expansion volume at an expansion rate of 0.3 cm3/hr 
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Figure 4-9 Measured and calculated pressure curves of CH4–heavy oil systems at 
342.8 K 
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Figure 4-10 Measured and calculated pressure curves of CO2–C3H8–heavy oil 
systems as a function of expansion volume at an expansion rate of 1.5 cm3/hr 
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Figure 4-11 Foamy oil compressibility of CH4–heavy oil systems as a function of 
pressure at 342.8 K 
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Figure 4-12 Foamy oil compressibility of CO2–heavy oil systems as a function of 
pressure at an expansion rate of 0.3 cm3/hr 
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Figure 4-13 Foamy oil compressibility of CO2–C3H8–heavy oil systems as a function 
of pressure at an expansion rate of 1.5 cm3/hr  
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that rebound pressures in Tests #1–2 and Tests #4–7 cause a pressure reverse in the 

pressure-compressibility curve. There exists a sharp peak of compressibility in a range of 

1.0–5.0×10-3 kPa-1, depending on the pressure gradient that is gradually decreased with 

time during the occurrence of pressure rebounding. Subsequently, the pressure gradient is 

increased so that the compressibility is reduced to the values less than 8×10-4 kPa-1, when 

pressure of the entire system begins to decrease again. In general, Regime #3 of foamy 

oil shows an increase in compressibility with a decrease in pressure since gas and oil 

coexist in the oleic phase. This finding is similar to that of the conventional oils (Adepoju, 

2006). In particular, a decrease in temperature is found to cause an increase in 

compressibility in Regime #3 (see Figures 4-12 and 4-13). This may be attributed to the 

fact that the viscosity of heavy oil at a lower temperature is relatively larger so as to delay 

gas bubbles that are to be escaped from the oleic mixture during the experimental 

processes, resulting in a larger mole fraction of alkane solvent(s) or CO2 and thus a 

higher compressibility of foamy oil.  

   

2) Density 

By only considering liquid compressibility of the saturated-heavy oil systems, density of 

foamy oil is found to gradually decrease when the pressure declines from its initial 

pressure to the pseudo-bubblepoint pressure. Subsequently, the density sharply declines 

because the volume of the entrained gas in the oleic phase is dramatically increased once 

the pseudo-bubblepoint pressure is reached. Similar phenomena are also observed for 

CH4–heavy oil system (Mastmann et al., 2001; Bennion et al., 2003; Chen et al., 2015). It 

is noteworthy that some density-pressure profiles (see Figures 4-14 and 4-15) exhibit
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Figure 4-14 Foamy oil density of CO2–C3H8–heavy oil systems at an expansion rate 
of 1.5 cm3/hr and dead oil density as a function of pressure 



112 
 

   
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
Figure 4-15 Foamy oil density of CO2–heavy oil systems at an expansion rate of 0.3 
cm3/hr and dead oil density as a function of pressure 
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slight inward shapes at the turning points of the foamy oil density. This is mainly resulted 

from the rebound pressure after the pseudo-bubblepoint pressure. 

 

Since the turning point of density occurs at the pseudo-bubblepoint pressure, either a high 

temperature or a low expansion volume rate leads to a large pressure pertaining to the 

density turning point. A higher temperature also results in less density at the same 

pressure during the experimental processes due mainly to a high pseudo-bubblepoint 

pressure and thermal expansion. In addition, the slopes of Tests #8–10 after the pseudo-

bubblepoint pressure are found to be similar (see Figure 4-16), indicating that, once the 

pseudo-bubblepoint is reached at a certain temperature, the expansion rate does not 

impose a significant impact on the decline rate of density. 

 

3) Comparison of properties under nonequilibrium and equilibrium conditions 

In addition to being greatly affected by nonequilibrium conditions, foamy oil properties 

are a function of amount of the entrained gas, or essentially, time. Compared with those 

of equilibrium conditions, some characteristic phenomena are observed to be exclusively 

exhibited by foamy oil. Although similar three regimes for compressibility under 

equilibrium and nonequilibrium conditions can be observed (see Figure 4-11), three main 

differences do exist in all the regimes, i.e., a) ending-point pressure of Regime #1; b) 

shape of Regime #2; and c) the value of compressibility of Regime #3. Under equilibrium 

conditions, Regime #1 generally ends up at the thermodynamic bubblepoint pressure 

from its initial pressure rather than the pseudo-bubblepoint pressure of foamy oil (see 

Figure 4-11). The difference between two ending-points of equilibrium and non- 
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Figure 4-16 Foamy oil density of CH4–heavy oil systems and dead oil density at 
342.8 K as a function of pressure     
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equilibrium conditions is the so-called apparent critical supersaturation pressure as 

mentioned previously, because both ending-points are corresponding to bP  and pbP , 

respectively. Also, a non-linear pressure reverse originated from the rebound pressure is 

observed at the beginning of Regime #2. Traditionally, such a non-linear pressure reverse 

under nonequilibrium conditions is replaced by a linear line under equilibrium conditions 

(see Figure 4-11). In Regime #3, compressibility under equilibrium conditions below 

bubblepoint pressure is found to be much larger than that above bubblepoint pressure 

because of the evolution of the first bubble of gas (Yortsos, 1997). As such, the 

nonequilibrium behaviour is enhanced by the increasingly entrained gas since foamy oil 

compressibility is mainly dependent on the amount of the entrained gas (Sheng, 1997). 

This may lead to the fact that the compressibility under nonequilibrium conditions after 

an abrupt increase in Regime #2 is much larger than that under equilibrium conditions 

(see Figure 4-11).  

 

As for density, when pressure is higher than pseudo-bubblepoint pressure, density of 

foamy oil is essentially equal to its equilibrium value on account of negligible volume of 

gas bubbles. Meanwhile, both densities of equilibrium and nonequilibrium conditions are 

smaller than that of dead oil due to dissolution of solvent(s)/CO2 into the heavy oil. The 

turning point of density for foamy oil, physically, is located in the pseudo-bubblepoint 

pressure rather than the thermodynamic bubblepoint pressure. It has been well recognized 

that density under equilibrium conditions begins to gradually increase when pressure is 

lower than bP  owing to the decline of mole fraction of light components. This is opposite 

to those under nonequilibrium conditions (see Figure 4-16).  Effect of rebound pressure 
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on the density inevitably causes a slightly inward change to the turning points of foamy 

oil density, while, a simply monotonic decrease is evidently observed for dead oil 

because there is no phase change during the entire process.  

 

4.5 Summary 

A novel and pragmatic technique has been developed for experimentally and theoretically 

describing the nonequilibrium phase behaviour of alkane solvent(s)–CO2–heavy oil 

systems under reservoir conditions. Based on the experimental results, it is found that a 

larger expansion volume rate causes a higher rebound pressure. Not only is the apparent 

critical supersaturation pressure increased with expansion rate, but also decreased with 

the mole fraction of either solvent or CO2. There exist good agreements between the 

experimentally measured and theoretically calculated volume-pressure profiles under 

nonequilibrium conditions, indicating that the newly proposed mathematical models can 

be used to accurately quantify the nonequilibrium phase behaviour of the aforementioned 

systems. An inward shape in the pressure-density profiles is found due to the rebound 

pressure originated from the quick increase of the entrained gas after pseudo-bubblepoint 

pressure. Similarly, the rebound pressure also leads to a nonlinear pressure reverse in the 

sudden change on pressure-compressibility profiles, compared with the simple linear line 

which is expected for conventional oils. Such a sudden change in compressibility is 

located at the pseudo-bubblepoint pressure of foamy oils rather than the thermodynamic 

bubblepoint pressure. 
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CHAPTER 5 QUANTIFICATION OF NONEQUILIBRIUM PHASE 
BEHAVIOUR AND PHYSICAL PROPERTIES OF 
FOAMY OIL UNDER CONSTANT PRESSURE 
DECLINE RATE 

 
5.1 Introduction 

In this chapter, nonequilibrium phase behaviour under constant pressure decline rate is 

investigated (Shi and Yang, 2017a; 2017b; 2017c). Experimentally, a set of CCE 

experiments with constant pressure decline rate were implemented to scrutinize the 

nonequilibrium phase behaviour of solvent–CO2–heavy oil systems. Theoretically, the 

amount of evolved gas formulated as a function of time is incorporated into the real gas 

equation to quantify the nonequilibrium phase behaviour of the aforementioned systems. 

Physical properties of foamy oil (i.e., compressibility and density) are determined, 

respectively, based on the attained dynamic amount of evolved gas and entrained gas. 

Also, the comparison of physical properties of foamy oil under constant pressure decline 

rate and constant volume expansion rate are analyzed and discussed. 

 

5.2 Experimental  

5.2.1 Materials 

The dead heavy oil sample used in the CCE experiments with constant pressure decline 

rate is same as that in Chapter 4. Also, CO2, CH4, and C3H8 purchased from Praxair are 

employed to saturate heavy oil with stated purities of 99.998 mol%, 99.97 wt% and 99.5 

wt%, respectively.  
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5.2.2 Experimental procedure 

With the PVT setup as described in previous chapters, three feeds involving CO2–heavy 

oil systems, CH4–C3H8–heavy oil systems and CH4–CO2–heavy oil systems were tested 

with the equilibrium and nonequilibrium CCE experiments. The composition of each 

component in these three feeds can be seen in Table 5-1. The experimental procedure of 

CH4–CO2–heavy oil systems is introduced in details as an example for the implemented 

CCE tests in this chapter. 

(1) The PVT cell and all the flow-tubes are completely cleaned and rinsed 

with kerosene before conducting experiment. Then, compressed air is used 

to flush the parts contacted with kerosene for at least one hour to get rid of 

the kerosene residuals; 

(2) The vacuum pump is employed to evacuate the PVT cell and flow-tubes to 

eliminate the impurity effect of air; 

(3) The pressurized methane flows into the PVT cell directly from the gas 

cylinder. Then, CO2 contained in a gas cylinder would be injected into the 

PVT cell to form the gas mixture. The sample of CH4-CO2 mixture was 

collected with a pre-vacuumed gas sampler (Swagelok, Canada) for 

compositional analysis with gas chromatography (GC). Lastly, the heavy 

oil is slowly introduced into the PVT cell until the mole fraction of each 

component in the mixture satisfies the prespecified values; 

(4) Once all the experimental fluids are contained in the PVT cell, the inlet 

valve is closed to isolate the CH4–CO2–heavy oil systems. Subsequently, 

the temperature and pressure of experimental fluids are increased to the 

prespecified values. Then, a mixer at the bottom of PVT cell starts to stir 
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Table 5-1 Compositions of alkane solvent(s)–CO2–heavy oil systems 

Feed No. 
Compositions (%) 

CO2 CH4 C3H8 Heavy oil 
4 30.4 0.0 0.0 69.6 
5 0.0 8.8 29.0 62.2 
6 14.1 8.8 0.0 77.1 
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the mixture for more than 30 hours to ensure the establishment of 

equilibrium state; 

(5) Prior to the measurement, the mixer is turned off to stop stirring. Then, the 

pressure is gradually decreased with a constant decline rate controlled by 

the slowly enlarged volume of experimental fluids. Then, the height and 

pressure of experimental fluids are simultaneously recorded. Consequently, 

the relationship between the volume of CH4–CO2–heavy oil systems and 

pressure under nonequilibrium condition can be obtained. Lastly, at the 

end of the experiment, the sample of free gas released from the liquid 

phase is collected with a vacuumed gas sampler for the GC compositional 

analysis 

 

In addition, the procedures about equilibrium state are similar to those under 

nonequilibrium state, except that the mixer is kept on stirring the fluids during the 

experimental processes as described in Step #5. As for the CO2–heavy oil systems and 

CH4–C3H8–heavy oil systems, similar experimental procedures are followed, though GC 

compositional analyses of gas samples are not conducted for Feeds #4 and 5. 

 

5.3 Theoretical Formulations 

5.3.1 Mathematical model  

The mathematical formulations in this chapter are similar as those introduced in Chapter 

4.  Based on the real gas equation, the volume of gas phase can be described as follows, 

                                                                   [5-1] 
 g

znRT
V

P t
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Substituting Equations [4-1], [4-3a] and [5-1] into Equation [4-2], the relationship 

between pressure and volume of experimental fluids with a constant pressure decline rate 

is derived as follows under the nonequilibrium conditions,  

       [5-2] 

where  is the pressure decline rate. 

 

The amount of entrained gas can be attained with Equation [4-5] and [4-6]. Meanwhile, 

the details about PR EOS and properties of foamy oil can be seen in Chapter 3 and 4, 

respectively. 

 

5.3.2 Numerical solution 

The entire experimental duration is discretized into n time steps. The particle swarm 

algorithm (PSO) is employed to optimize the parameters required in Equation [5-2] in 

order to reduce the deviation between the calculated total volumes of experimental fluids 

and the measured ones. Then, the time-dependent physical properties are able to be 

attained by minimizing the deviation associated with the amounts of evolved and 

entrained gas. Figure 5-1 briefly depicts the aforementioned computational procedures. 

The specific procedures are detailed as follows, 

(1) The physical parameters, such as temperature, pressure and volume at the 

beginning of experiments, are input to initialize the computation; 

(2) The values of tuned parameters, ,  and , are assigned by using the 

PSO algorithm. Then, the amount of evolved gas  under equilibrium
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Figure 5-1 Flowchart for matching volume-pressure profile with numerical method 

Start

eqt t   

Yes No

2m   1m

Calculation of tV

 O V    

No 

End

Yes

1 2,  m m   

total timet    

No 

Calculation of evn   

Calculation of fo  and foc   

Calculation of eqn   

Updated 1 2,  m m  

Yes 

t t t    Updated 

Initialization



123 
 

conditions is obtained by conducting two-phase flash calculation with PR 

EOS; 

(3) The volume of fluids system is calculated with Equation [5-2], while the 

corresponding amounts of evolved and entrained gas are computed. The 

calculations are terminated once the time reaches the experimental duration; 

(4) The objective function utilized to determine the acceptable matching criteria 

is defined as follows,  

                                     [5-3] 

where Nm is the number of measured volume points during the experimental 

process;  is the ith measured total volume point;  is the calculated 

volume point corresponding to . Once the objective function  is 

smaller than the pre-specified tolerance, the calculation will be terminated 

and thus the calculated results can be output as the optimal ones. Otherwise, 

iteration will be implemented by repeating Steps #2–4 till the updated value 

of objective function is less than the tolerance.  

(5) The time-dependent compressibility and density of foamy oil are computed 

with Equations [4-7] and [4-9], respectively, when the amount of entrained 

gas is obtained on the basis of the optimal results in Steps #2–4. 

 

5.4 Results and Discussion 

The equilibrium and nonequilibrium phase behaviour of three alkane solvent–CO2–heavy 

oil systems, i.e., CO2–heavy oil, CH4–C3H8–heavy oil, and CH4–CO2–heavy oil were 
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experimentally evaluated. To be more specific, prior to recording the nonequilibrium 

phase behaviour, five CCE experiments with constant volume expansion rate were 

performed under equilibrium conditions in order to measure the bubblepoint pressures for 

the aforementioned systems. Then, six CCE experiments with constant pressure decline 

rate are carried out under nonequilibrium conditions (Table 5-2). Also, the measured 

volume–pressure profiles of both equilibrium and nonequilibrium experiments are plotted 

in Figure 5-2. Subsequently, the newly proposed mathematical model is used to minimize 

the deviation between the measured total volume and its calculated value under 

nonequilibrium conditions. Good agreements have been accomplished for all the 

scenarios (see Figure 5-2). The parameters associated with nonequilibrium phase 

behaviour and physical properties of foamy oil are then analyzed.  

 

5.4.1 Apparent critical supersaturation pressure 

1) Effect of pressure decline rate   

As can be seen in Table 5-2, pressure decline rate imposes a great impact on the apparent 

critical supersaturation pressure. Pressure decline rates of 20 kPa/min and 12 kPa/min 

result in a 900 kPa pressure difference of apparent critical supersaturation pressure in 

CO2–heavy oil systems. In other words, the apparent critical supersaturation pressure 

increases with an increase in pressure decline rate. Similar findings were also found in 

CCE experiments with constant expansion rate. Such phenomenon may be explained by 

the fact that fewer nuclei with critical size and slower gas bubble growth rate with a 

higher pressure decline rate is generated, compared to those with a lower pressure decline 

rate under the same supersaturation pressure. 
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Table 5-2 Experimental results of CCE tests 

Test  
No. 

Components 
Temperature 

(K) 

Pressure  
decline rate
(kPa/min) 

 bP   
(kPa) 

pbP   

(kPa) 
sP    

(kPa) 

Average gas  
exsolution rate 
(10-6 mol/kPa) 

 

11 

CO2–heavy oil 

303.3 12 2250 2100 150 0.852 0.40 

12 303.3 20 2250 1200 1050 1.423 0.41 

13 323.4 20 2750 2150 600 0.756 0.26 

14 CH4–C3H8–heavy 
oil 

323.4 20 2900 2500 400 2.156 0.32 

15 342.7 20 5000 4700 300 1.298 0.06 

16 CH4–CO2–heavy oil 342.7 20 4978 3516 1462 2.298 0.64 
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(a) 

 
(b) 

 
(c) 

Figure 5-2 Pressure as a function of expansion volume for (a) CO2–heavy oil 
systems, (b) CH4–C3H8–heavy oil systems, and (c) CH4–CO2–heavy oil systems 
under equilibrium and nonequilibrium conditions 
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Based on the classical nucleation theory, when the supersaturation pressure and 

temperature are constant, the nucleation rate is time-independent (Bories and Prat, 2002; 

Delale et al., 2003; Chernov et al., 2014). The amounts of nuclei with critical size can be 

simply calculated with time and nucleation rate. Although a continuously increased 

supersaturation pressure (e.g., the operating conditions of the experiments in this study) 

makes the nucleation rate to be a complicated time-dependent variable, it still can be 

approximately calculated by a quasi-stationary nucleation rate related to the instantaneous 

supersaturation pressure (Bories and Prat, 2002), which is constrained by a limited slow 

pressure decline rate (i.e., : Kashchiev and Firoozabadi, 1993). 

Evidently, it takes a shorter time to achieve a certain supersaturation pressure with a 

faster pressure decline rate, implying that fewer amounts of nuclei with critical size are 

formed in the supersaturated heavy oil, compared to those generated with a slower 

pressure decline rate. On the other hand, theoretically, when the radius of a gas embryo in 

the liquid is increased to be the critical radius, the addition of only one molecule of 

dissolved gas to the gas embryo is enough to trigger a spontaneous growth of gas bubble 

(Jones et al., 1999). In general, coalescence as a result of collision from the Brownian 

motion and diffusion of dissolved gas are identified as two main mechanisms accounting 

for starting such gas bubble growth (Lillico et al., 2001). Fewer nuclei with critical size, 

as previously explained, mean a smaller density of gas bubbles in the heavy oil under the 

faster pressure decline rate. Hence, the probability of coalescence occurrence is 

correspondingly lowered due mainly to a large averaged spacing among gas nuclei with 

critical size (Lillico et al., 2001). Accordingly, the rate of phase transformation is 

decreased. However, a high supersaturation pressure can effectively decrease the 

46 10 kPa/min
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nucleation energy barrier and further increase the nucleation rate (Jones et al., 1999; 

Geilikman and Dusseault, 1999). This means that a high apparent supersaturation 

pressure is indispensable under a faster pressure decline rate in order to attain enough 

nucleated nuclei with critical size to achieve an explosive bubbling process. 

 

2) Effect of temperature  

Temperature of fluids system shows a consistent effect on the apparent critical 

supersaturation pressure. The decreased apparent critical supersaturation pressures are 

observed in both CO2–heavy oil systems and CH4–C3H8–heavy oil systems with a 

relatively high experimental temperature. Such a trend can be attributed to an accelerated 

nucleation rate and diffusion process, both of which are stemmed from a lower viscosity 

induced by a higher temperature.  

 

It has been well recognized that the supersaturation pressure actually is the source of 

driving force, i.e., the excess energy, for the nucleation of gas bubbles in the 

supersaturated heavy oil. However, only a portion of such excess energy is spent on the 

generation of nucleated gas bubble surface and the remaining excess energy is expended 

by the viscous dissipation of heavy oil expansion (Lillico et al., 2001). The energy 

consumed by viscous dissipation is gradually decreased with a decrease in viscosity 

because all the excess energy is utilized for the nucleation of gas bubbles in the classical 

nucleation theory, which is suitable for the fluid systems with low viscosity, such as CO2–

water system (Katz and Blander, 1973; Ward and Levart, 1984). In other words, more 
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energy will be available for the nucleation of nuclei with critical size in the 

supersaturated liquid phase with a lower viscosity under the same conditions. 

 

In addition, diffusion coefficient has been identified as a function of viscosity, or further, 

the temperature (Hayduk and Cheng, 1976). As a diffusion-controlled process, nucleation 

rate of gas bubbles has been theoretically found to be a proportional function of diffusion 

coefficient and temperature (Geilikman and Dusseault, 1999; Lillico et al., 2001). In 

addition to a large heat-induced diffusion coefficient, a high temperature of heavy oil can 

effectively boost the nucleation of gas bubbles. Meanwhile, the enhanced mass transfer 

rate resulted from the increased diffusion coefficient is capable of improving growth rate 

of gas bubbles on the basis of the kinetics of gas bubble growth (Lillico et al., 2001; Shi 

and Yang, 2017d). As mentioned in the previous section, a high density of nuclei with 

critical size and a large diffusion coefficient not only increase the amounts of nuclei with 

critical size, but also improve the probability of nuclei with critical size that can 

spontaneously grow to be larger gas bubbles, and subsequently, transform into a 

continuous phase. 

 

3) Evolved gas and entrained gas 

Both amounts of evolved gas and entrained gas are time-dependent. Essentially, they are 

closely associated with the nonequilibrium phase behaviour of gas–heavy oil systems. 

Figure 5-3 depicts the amounts of evolved gas and entrained gas with decline pressure 

rate at different temperatures for three alkane solvent–CO2–heavy oil systems.  
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(a) 

 
(b) 

 
(c) 

 
Figure 5-3 Amounts of evolved gas and entrained gas in (a) CO2–heavy oil systems 
(b) CH4–C3H8–heavy oil systems with pressure decline rate of 20 kPa/min, and (c) 
CH4–CO2–heavy oil systems with pressure decline rate 20 kPa/min at 342.7 K 
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One can find that the amount of evolved gas is a monotone decreasing function of 

pressure owing to a decreased solubility of gas in heavy oil, when pressure is lower than 

pseudo-bubblepoint pressure. It is worthwhile noting that the related slope gradually 

increases, implying that the gas exsolution rate, which is defined as the mole of evolved 

gas per unit of pressure drop, in heavy oil increases with a decrease in pressure under 

nonequilibrium conditions. Meanwhile, the average gas exsolution rates of six 

nonequilibrium experiments are tabulated in Table 5-2. Gas exsolution rate is found to 

increase with an increase in critical apparent supersaturation pressure for each alkane 

solvent–CO2–heavy oil systems, which will be explained in the next chapter in details.  

 

Regarding the amount of entrained gas, there is a maximum value with the decrease in 

pressure rather than a continuous rise similar to that of evolved gas (see Figures 5-3a and 

5-3c). Physically, the evolved gas bubbles are formed in the supersaturated heavy oil, and 

then partially trapped in the viscous oleic phase. However, it is found from theoretical 

calculations that the amount of entrained gas, firstly, increases to a maximum point and 

then decreases to zero at the atmospheric pressure because the oleic phase is supposed to 

be dead oil without any dissolved gas and gas bubbles. The maximum amount of 

entrained gas in pressure-gas mole profile is determined by using the corresponding 

pseudo-bubblepoint pressure and the amount of evolved gas based on Equation [4-6]. As 

mentioned earlier, the amount of evolved gas is gradually increased with a decrease in 

pressure, while the ratio of entrained gas to evolved gas continuously decreases. When 

the positive effect (i.e., increasing amount of entrained gas) of the former is completely 

offset by the negative effect (i.e., reducing amount of entrained gas) of the latter, the 
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maximum amount of entrained gas is theoretically achieved. In a same solvent–CO2–

heavy oil systems, a low pseudo-bubblepoint pressure results in a low pressure 

corresponding to the maximum amount of entrained gas on account of a fixed amount of 

evolved gas. As for different solvent–CO2–heavy oil systems with the same pseudo-

bubblepoint pressure, a larger amount of dissolved gas usually means a higher amount of 

evolved gas, i.e., a larger maximum amount of entrained gas because of a greater positive 

effect. In particular, the reason why only Test #16 has reached the maximum amount of 

entrained gas among all the tests is that there is a large enough pressure drop below the 

pseudo-bubblepoint pressure at the end of Test #16. The corresponding ratio of pressure 

drop below the pseudo-bubblepoint pressure to the pseudo-bubblepoint pressure is 0.64, 

which is the highest one among six experiments (see Table 5-2). 

 

5.4.2 Comparison of nonequilibrium CCE experiments with constant pressure 

decline rate versus constant volume expansion rate 

Constant pressure decline rate and constant volume expansion rate are two major 

approaches to attain nonequilibrium conditions for the aforementioned systems, although 

field production constraints associated with foamy oil may be more complicated. A CCE 

experiment (i.e., Test #2) conducted in Chapter 4 is utilized to compare with Test #13 in 

this chapter because of the similar pseudo-bubblepoint pressure (Figure 5-4). The 

physical properties and corresponding comparable profiles are plotted in Figures 5-5 and 

5-6. 
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Figure 5-4 Pressure as a function of expansion volume for CO2–heavy oil systems at 
323.4 K 
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(a) 

 
(b) 

 
(c) 

 
 
Figure 5-5 Compressibilities of oleic phase in (a) CO2–heavy oil systems, (b) CH4–
C3H8–heavy oil systems, and (c) CH4–CO2–heavy oil systems at 342.7 K and 
pressure decline rate of 20 kPa/min 
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(a) 

 
(b) 

 
(c) 

 
Figure 5-6 Densities of (a) CO2–heavy oil systems, (b) CH4–C3H8–heavy oil 
systems, and (c) CH4–CO2–heavy oil systems at 342.7 K and pressure decline rate of 
20 kPa/min 
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Physically, both methods intend to induce a relatively fast pressure decline rate that does 

not allow all the evolved gas bubbles to escape from the viscous liquid during the process 

of pressure decline. Basically, when pressure is higher than pseudo-bubblepoint pressure, 

the difference between constant volume expansion rate and constant pressure decline rate 

is that the volume expansion rate of the latter is gradually increased instead of being 

constant in order to maintain a constant pressure decline rate. Such a difference leads to 

the disappearance of rebound pressure right after occurrence of the pseudo-bubblepoint 

pressure in the corresponding volume-pressure profiles for the CCE experiments with 

constant pressure decline rate, though such rebound pressure has been observed in the 

CCE experiments with constant volume expansion rates in Section 4.4.3. This, 

theoretically, means that the reservoir pressure can achieve a slight increase when the 

production rate of the heavy oil reservoir is controlled to be constant. In practice, a 

constant volume expansion rate or a constant production rate may be better for field 

operations than constant pressure decline rate because the rebound pressure is likely 

beneficial to the increase of recovery factor, while a constant pressure decline rate is 

more difficult to achieve.  

 

As for the compressibility, one can find that there is a sharp peak and a pressure reverse 

in the pressure-compressibility profile of constant volume expansion rate in comparison 

to that of constant pressure decline rate because of the occurrence of pressure rebounding. 

Likewise, the disappeared rebound pressure leads to a direct decline of foamy oil density 

at the pseudo-bubblepoint pressure in the pressure-density profiles of constant pressure 

decline rate rather than a slight inward change (see Figures 5-4a and 5-5a), which is 
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caused by the rebound pressure, located at the turning point of pressure-density profiles 

with constant volume expansion rates.  

 

5.5 Summary 

A new and robust technique has been proposed to determine nonequilibrium phase 

behaviour of foamy oil and their corresponding physical properties during CCE 

experiments with constant pressure decline rates. Experimentally, nonequilibrium CCE 

experiments for three alkane solvent–CO2–heavy oil systems show that apparent critical 

supersaturation pressure increases with an increase in pressure decline rate and a decrease 

in temperature. A low density of nuclei with critical size and a slow diffusion process 

with a fast pressure decline rate and low temperature are expected in comparison to those 

with a slow pressure decline rate and high temperature under the same pressure based on 

the classical nucleation theory. This may be the underlying mechanism for the enlarged 

critical apparent supersaturation pressure as mentioned previously.  

 

The amount of evolved gas keeps increasing along with the decline of pressure, while 

there is a maximum value for the amount of entrained gas during the same process of 

pressure decline. In general, the trends of physical properties under a constant pressure 

decline rate are similar as those attained under a constant volume expansion rate. 

However, the rebound pressure extensively found in CCE experiments with a constant 

volume expansion rate cannot be observed in CCE experiments with a constant pressure 

decline rate due to a gradually increased volume expansion rate for the maintenance of a 

constant pressure decline rate. As such, no pressure reverse and a slight inward change 
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can be observed around the pseudo-bubblepoint pressure in the compressibility-pressure 

profile and density-pressure profile, respectively, a constant pressure decline rate. 
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CHAPTER 6 QUANTIFICATION OF A SINGLE GAS BUBBLE 
GROWTH FOR ALKANE SOLVENT(S)–CO2–
HEAVY OIL SYSTEMS WITH CONSIDERATION OF 
MULTICOMPONENT DIFFUSION UNDER 
NONEQUILIBRIUM CONDITIONS 

 

6.1 Introduction 

In this chapter, a mechanistic model has been developed and validated to quantify a 

single gas bubble growth with considering multicomponent gas diffusion in alkane 

solvent(s)–CO2–heavy oil systems under nonequilibrium conditions (Shi and Yang, 

2017d). The classical continuity equation, motion equation, diffusion-convection 

equation, real gas equation, and PR EOS are integrated into an equation matrix to 

dynamically predict a single gas bubble growth. Also, the viscous term of motion 

equation on the gas phase pressure is included due mainly to the viscous nature of heavy 

oil. Combining with the experimental measurements, the critical nucleus radius and gas 

bubble growth are quantitatively predicted with the newly proposed model. Effects of 

mass transfer, supersaturation pressure, mole concentration of each component, liquid 

cell radius, and pressure decline rate on the gas bubble growth are examined and 

analyzed for a total of 23 scenarios. 

 

6.2 Mathematical Formulations 

To accurately simulate and analyze the growth of a gas bubble in supersaturated heavy oil, 

consideration of the limited volume of liquid phase should be included so as to more 

closely approximate the actual conditions of gas exsolution. The well-known liquid cell 

assumption is regarded as an appropriate scheme to quantify such a gas evolving process 

(Amon and Denson, 1984; Leung et al., 2006). More specifically, the liquid cell 
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assumption postulates that a gas bubble is surrounded by a liquid concentric shell with a 

finite thickness and a certain amount of the dissolved gas. Figure 6-1 depicts the 

schematic of a cell model where 0br  is radius of an initial gas bubble, i.e., critical nucleus 

radius;  br t  is radius of the gas bubble at time t; er  is outer boundary radius of liquid 

shell; and  is the gas concentration at radius r and time t.  

 

6.2.1 Assumptions 

To quantify the transient growth of an isolated gas bubble under nonequilibrium 

conditions, the mathematical model is developed based on the following assumptions: 

(1) The entire system is considered to be isothermal;  

(2) The gas bubble boundary and liquid shell boundary are assumed to be spherically 

symmetric during the gas bubble growth processes (Rosner and Epstein, 1972); 

(3) The liquid is incompressible (Scriven, 1959); 

(4) The liquid pressure is equal to the applied system pressure due to thermodynamic 

equilibrium; 

(5) Inertial force is negligible (Gor and Kuchma, 2009); and 

(6) The diffusion coefficient is constant during the gas bubble growth processes (Leung 

et al., 2006); 

(7) The properties of evolved gas phase are same as those under equilibrium conditions. 

  

 ,c r t
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Figure 6-1 Schematic of the cell model 
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6.2.2 Continuity equation 

The continuity equation for the flow of an incompressible liquid around an expanding gas 

bubble can be expressed as, 

    2 2       r r b b b eu r u r r r t r r                                     [6-1] 

where ur is radial fluid velocity. 

 

6.2.3 Equation of motion 

Combined with Equation [6-1], the equation of motion can be simplified as follows (Gor 

and Kuchma, 2009),  

   
2

4 b
g l

b b

r
p p

r r

   


                                              [6-2]  

where br  is the change of br  over time, i.e., bdr

dt
;  is pressure of liquid phase;  is 

the pressure of gas bubble; μ is viscosity of liquid phase; and  is interfacial tension 

(IFT) between gas and liquid. Generally, the third term of the right-hand side in Equation 

[6-2] has been neglected due mainly to the low viscosity of liquid phase in previous work 

(Scriven, 1959; Rosner and Epstein, 1972; Payvar, 1987). Since heavy oil is featured by 

its high viscosity, this term is included in this chapter to quantitatively capture the 

viscosity effect on the gas bubble growth, especially during the early bubble growth stage.  

 

In addition, a specific parachor model for alkane solvent(s)–CO2–heavy oil systems is 

employed to determine the dynamic IFT of multicomponent gas phase and heavy oil in 

this study at a constant temperature (Li et al., 2012), 

lp gp
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where  is mole composition of the ith component in liquid phase;  is mole 

composition of the ith component in gas phase; piP  is parachor of the ith component,  

and  is the molar densities of liquid and gas phases, respectively; and  and
 

are the diffusion coefficients of heavy oil in gas solvent and gas solvent in heavy oil, 

respectively. 

 

The specific viscosity correlation for dead and diluted heavy oil proposed by correlation 

Yarranton et al. (2013) is utilized for the prediction of mixture viscosity. More details can 

be found in Section 3.2.2.  

 

6.2.4 Mass transfer equation 

The mass transfer of diffusing gas in the liquid shell of the proposed model is governed 

by the diffusion-convection equation as follows, 

  2
2

i i i
r

c c cD
u r

t r r r r

           
                                      [6-4] 

where  is mole concentration of the ith component and  is the diffusion coefficient 

of the ith component of gas phase.  

 

At the interface of gas-liquid phase, the mass transfer of diffusing gas from the liquid 

phase to vapour phase must be equal to the mass increment of diffusing gas in the gas 

bubble. Specifically, for multicomponent gas diffusion, the equation can be expressed as, 
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                              [6-5] 

where R is the universal gas constant; z is compressibility factor of the gas mixture; T is 

temperature of gas phase. It is worthwhile noting that Equation [6-5] considers the gas 

mixture as one component rather than multicomponents, which is different with previous 

work (e.g., Cable and Frade, 1987). This is mainly attributed to the fact that the classical 

bubble growth models usually treat the diffusing gas evolved from the liquid phase as an 

ideal gas (Scriven, 1959; Rosner and Epstein, 1972; Cable and Frade, 1987; Leung et al., 

2006; Wong and Maini, 2007). Such an assumption allows that the partial pressure of 

each gas component is proportional to its mole fraction, and then the mass balance 

equation at the gas-liquid interface can be respectively formulated for each component of 

the diffusing gas (Cable and Frade, 1987). Due to high pressures and temperatures in a 

reservoir, it actually makes the behaviour of the evolved gas greatly deviate from that of 

ideal gas. A generalized mass balance equation for multicomponent diffusing gas at the 

gas-liquid interface, i.e., Equation [6-5], not only attains the prediction of real gas 

properties, but also avoids the complex procedures to determine the partial pressures in a 

real gas system. 

 

6.2.5 Initial and boundary conditions 

The initial concentration of each individual component in a mixture is assumed to be a 

known input, 

     0 ,           0,           i i b ec r c t r r r                                   [6-6] 
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where 0ic  is the initial concentration of the ith dissolved component. Since the gas bubble 

is assumed to grow in a limited volume liquid shell without mass transfer at the outer 

boundary, the amount of gas in the liquid shell is constant. The concentration gradients of 

the diffusing gases at the outer boundary of the liquid shell are zero and can be expressed 

as follows,  

   0
e

i

r r

c

r 





                                                      [6-7a] 

At the inner boundary of liquid cell, i.e., the gas-oil interface, Henry’s law is usually used 

to relate concentration of the diffusing gas to its pressure with strict constraint of 

sufficiently dilute solution (Rosner and Epstein, 1972; Arefmanesh et al., 1992). 

Evidently, it is difficult to constrain the conditions of gas bubble growth under the 

pressure and temperature of heavy oil reservoirs within the narrow applicable range of 

the Henry’s law. The quasi-equilibrium condition has been validated to be an appropriate 

boundary condition during the mass transfer processes for solvent(s)–heavy oil systems 

(Tharanivasan et al., 2004; Sun et al., 2014; Li and Yang, 2016; Zheng and Yang, 2016). 

Therefore, it is acceptable to assume that the following quasi-equilibrium boundary 

condition shall be able to satisfy the requirement of determining the relationship between 

the concentration and pressure. 

    ,    
b

i i sat g
r r

c c p t


                                          [6-7b] 

Since the Peng-Robinson equation of state (PR EOS) has been extensively utilized to 

predict phase behavior in petroleum and chemical industries owing to its recognized 

accuracy and robustness, it is employed to compute the two-phase flash calculation for 

determining the concentration of diffusing gas in Equation [6-7b]. Also, it is noteworthy 
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that the recently proposed alpha function (Li and Yang, 2011) is used to improve the 

prediction accuracy of phase behavior for alkane solvent(s)–CO2–heavy oil systems.      

 

6.2.6 Numerical solution 

The equation matrix comprising Equations [6-1], [6-2], [6-4], and [6-5] governs the 

solitary bubble-growth dynamics in alkane solvent(s)–CO2–heavy oil systems under 

nonequilibrium conditions. Numerical methods shall be applied for solving the coupled 

equations mainly owing to the nonlinearity caused by the variable properties of fluids and 

velocity of gas-liquid interface associated with the mass transfer of the diffusing gases. 

An implicit finite difference scheme, i.e., the Crank-Nicolson method, is utilized to 

numerically solve the aforementioned equation matrix to ensure the convergence of the 

developed simulation algorithm. The computational procedure (see Figure 6-2) is briefly 

described as follows: 

(1) The physical parameters are firstly inputted, while the initial conditions are given. 

Especially, a guessed critical nucleus radius (the starting gas bubble radius for a 

stable bubble growth) for the first time step is assumed.  

(2) Calculating the concentration of each gas,
b

i r r
c


, at the gas-liquid interface based 

on Equation [6-7b];  

(3) Comparing the calculated gas concentrations in Step #2 with initial dissolved gas 

concentration in the liquid. Once the minimum concentration difference as 

defined in Equation [6-8] is smaller than prespecified accuracy and larger than 

zero, namely, 

 0 min i i r R
c c 


                                                [6-8]



147 
 

  

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 
 
 
 

Figure 6-2 Flowchart of numerically solving the equation matrix 
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(4) The pressures of gas bubble, t
gp  and 1

t t
gp  , at time t and t t   are calculated with 

Equation [6-2] and the gas bubble radius, respectively. Then, velocity of the gas-

liquid interface is computed with Equation [6-1]; 

(5) Two-phase flash calculation with PR EOS is conducted to determine the boundary 

concentration of each solvent component at time t t ; 

(6) The concentration distribution of each diffusing gas component in the liquid cell is 

attained with Equation [6-4]; 

(7) A new pressure, 2
t t
gp  , of gas bubble at time t t   is then obtained with Equation 

[6-5];  

(8) The objective function pertaining to the gas bubble pressures at time t t   is 

defined as follows, 

 
2

2 1

1

t t t t
g g

g t t
g

p p
O p

p

 



 
   

 
                                            [6-9] 

Once the objective function  gO p  is less than the prespecified accuracy (i.e., 10-5 in 

this chapter), the pressure and radius of gas bubble at time t t   are considered to be 

the true values, and then the calculation proceeds to the next time step. Otherwise, the 

radius of gas bubble at time t t   shall be adjusted so as to reduce the value of 

 gO p  to be smaller than the prespecified tolerance by repeating Steps #4–8.  

 

6.2.7 Model validation 

Limited experimental measurements of a single gas bubble growth in heavy oil system 

have been made available in the literatures. Szekely and Martins (1971) reported that 
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growth of a solitary gas bubble is photographed, while the gas bubble radius is recorded 

as a function of time in binary n-pentane–n-tetradecane (n-C5H12–n-C14H30) systems. As 

can be seen in Figure 6-3, there exists an excellent agreement between the measured gas 

bubble radii and those calculated with the newly proposed model, indicating that the 

newly proposed model can be used to effectively account for the underlying mechanisms 

of gas bubble growth in gas-liquid alkane solvent(s) systems. The detailed parameters 

used in the calculation are tabulated in Table 6-1. It is worthwhile noting that the original 

alpha function of the PR EOS instead of the recently modified one (Li and Yang, 2011) is 

employed to calculate fluids compositions under quasi-equilibrium boundary conditions 

(i.e., Equation [6-7b]) because this is a binary component system. Also, such 

experimental measurements collected from the literature are not sufficient to determine 

the critical nucleus radius which is defined as the initial value of gas bubble radius during 

the period of a stable bubble growth, though the newly model has been validated with the 

measured bubble radius.  

 

6.3 Results and Discussion 

Two CCE experiments (Test #4 in Table 4-3 and its corresponding equilibrium CCE 

experiment) in Section 4.4 are utilized for the calculation of single gas bubble growth. 

Correspondingly, the bubblepoint pressure and pseudo-bubblepoint pressure are 

measured to be 2220 kPa and 1558 kPa at 303.3 K, respectively. Based on the 

experimental results, the gas bubble growth in a CO2–C3H8–heavy oil mixture is 

quantified and discussed. Then, a total of 23 scenarios simulating bubble-growth 

behaviour in heavy oil with two diffusing gas components are designed and calculated to
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Table 6-1 Physical and correlated properties of n-C5H12–n-C14H30 systems (Szekely 
and Martins, 1971) and CO2–C3H8–heavy oil systems 

Parameter 
n-C5H12–n-C14H30 

systems 
CO2–C3H8–heavy oil 

systems 
Temperature (K) 298.15 303.3 
Pressure  (kPa) 2.67×10-2 1558 

Coefficient A of heavy oil viscosity – 9.4669 
Coefficient B of heavy oil viscosity – 3.5861 

Initial bubble radius (μm) 100.0 1.0 
Liquid shell radius (μm) 50000.0 100.0 
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Figure 6-3 Comparison of the measured and calculated bubble radius for n-C5H12–n-
C14H30 systems 
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perform sensitivity analysis on the factors involved in the gas bubble growth. These 

factors mainly include supersaturation pressure, mole fraction of gas component, liquid 

cell radius, and pressure decline rate on the gas bubble radius. Physical parameters used 

in the model are tabulated in Tables 6-1 and 6-2, respectively.  

 

6.3.1 Gas bubble growth of CO2–C3H8–heavy oil systems 

Although the experiment is operated with a constant expansion volume rate, the system 

pressure before pseudo-bubblepoint pressure is still basically decreased with a constant 

depletion rate. It is calculated to be 10.0 kPa/s by using the measured pressures and time. 

Figure 6-4 shows the profile of gas bubble radius over time with the pressure decline rate 

of 10.0 kPa/s. One can find that the bubble growth rate gradually decreases with time. 

This can be explained by the decline of mass transfer rate caused by gradually 

approaching equilibrium state of gas solvent distribution in the oleic phase.  

 

In this chapter, the critical nucleus radius is computed to be 0.19 μm with the measured 

pseudo-bubblepoint pressure. Physically, the first portion of gas phase is formed on the 

pseudo-bubblepoint pressure in the foamy oil, implying that the stable gas bubble growth 

is triggered when the liquid pressure declines to the pseudo-bubblepoint pressure. On the 

other hand, when the concentration of each gas in the vicinity of gas bubble is larger than 

that at the gas-liquid interface, a stable explosive gas bubble growth can likely occurs. 

Based on Equation [6-2], gas pressure is strongly related to the critical nucleus radius 

which is usually small enough to impose a great impact on the gas pressure, when the 

nucleated gas bubble begins to grow. According to the concentration requirement at the  
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Table 6-2 The 23 scenarios designed for sensitivity analysis 

Scenario  
No. 

2COD  

(referred 
to  

original 
value) 

3 8C HD  

(referred 
to 

original 
value) 

Supersaturation 
pressure 

(kPa) 

CO2 mole 
concentration 
(referred to 

 original 
value) 

C3H8 mole 
concentration 
(referred to 

 original 
value) 

Liquid 
shell 

radius 
(μm) 

Pressure 
decline 

rate 
(kPa/s) 

1 100% 100% –* –* –* –* –* 
2 80% 80% –* –* –* –* –* 
3 120% 120% –* –* –* –* –* 
4 120% 100% –* –* –* –* –* 
5 80% 100% –* –* –* –* –* 
6 100% 120% –* –* –* –* –* 
7 100% 80% –* –* –* –* –* 
8 100% 100% –* –* 50% –* –* 
9 80% 100% –* –* 50% –* –* 

10 100% 80% –* –* 50% –* –* 
11 –* –* 500 –* –* –* –* 
12 –* –* 600 –* –* –* –* 
13 –* –* 700 –* –* –* –* 
14 –* –* –* 110% 110% –* –* 
15 –* –* –* 90% 90% –* –* 
16 –* –* –* 110% 100% –* –* 
17 –* –* –* 90% 100% –* –* 
18 –* –* –* 100% 110% –* –* 
19 –* –* –* 100% 90% –* –* 
20 –* –* –* –* –* 50 –* 
21 –* –* –* –* –* 200 –* 
22 –* –* –* –* –* –* 10.0 
23 –* –* –* –* –* –* 5.0 

*Note: Parameter is same as original input value. 
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Figure 6-4 The calculated radius of a gas bubble for CO2–C3H8–heavy oil systems
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gas-liquid interface for a stable bubble growth, the related gas bubble pressure can be 

obtained. Furthermore, the critical nucleus radius can be determined with the 

corresponding gas bubble pressure and Equation [6-2]. The detailed procedure is listed as 

the first three steps in Section 6.2.6. 

 

Physically, the critical nucleus radius for homogeneous nucleation is in the order of a few 

nm, which is corresponding to a supersaturation pressure of several thousand psi (Yortsos 

and Parlar, 1989; Kashchiev and Firoozabadi, 1993). Several researchers (Smith, 1988; 

Claridge and Prats, 1995) proposed that the nucleation process in bulk heavy oil is 

affected by the asphaltene content which acts as dispersed nucleation sites. Such 

phenomenon may lead to a heterogeneous nucleation occurring in bulk heavy oil (Ward 

and Levart, 1984), implying that the critical nucleus radius in bulk heavy oil shall be 

much larger than a few nm because the supersaturation pressure of the heterogeneous 

nucleation usually is much lower than that of the homogeneous nucleation (Yortos and 

Parlar, 1989). Thus, the critical nucleus radius determined by the proposed procedure in 

this chapter, 0.19 μm, should be in an appropriate range. 

 

Although the critical nucleus radius can be obtained with the aforementioned procedure, 

this value is not used for the following sensitivity analysis (Sections 6.3.2–6.3.7). This is 

because the parameters affecting the gas bubble growth must be varied in a certain range 

in order to perform appropriate sensitivity analysis; however, such varied parameters 

could change the pseudo-bubblepoint pressures of the mixtures to some extent. This 

means that the aforementioned critical nucleus radius calculated with actual experimental 
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measurements may be unequal to the ones in those designed scenarios with the changed 

parameters. It would lead to an unstable bubble growth process since such a value is 

physically constrained to the experimental measurements in this study if the calculated 

critical nucleus is still employed for performing sensitivity analysis. Consequently, an 

assumed critical nucleus radius (1.0 μm) is utilized in the sensitivity analysis only aiming 

to avoid the possible unstable bubble growth processes in those designed scenarios and 

benefit the comparison among different results as well. In the literature, the initial critical 

nucleus radius is usually assumed to be 1.0 μm (Arefmanesh et al., 1992; Kumar, 1999) 

because it is difficult to experimentally determine the critical nucleus radius. On the other 

hand, the assumed value of 1.0 μm is much larger than the calculated value of 0.19 μm in 

this study, ensuring that the concentration gradient from liquid to gas bubble is positive, 

i.e., the gas bubble growth is a stable process.   

 

6.3.2 Mass transfer 

Effect of mass transfer is examined by varying diffusion coefficients of both diffusing 

gas (i.e., CO2 and C3H8). Two types of evaluating methods are designed in the 

simulations. Type I: Diffusion coefficients of both diffusing gases are simultaneously 

varied with the same proportions referred to their initial input values. Type II: Diffusion 

coefficient of only one diffusing gas is changed for assessing the corresponding effect. 

More specifically, for Type I, both diffusion coefficients are varied in the range of 80% 

to 120% of their original values (Scenarios #1–3). For Type II (Scenarios #1, 4–7), 

diffusion coefficient of one diffusing gas (CO2 or C3H8) changed from 80% to 120% of 



157 
 

its original value, while diffusion coefficient of the other diffusing gas (C3H8 or CO2) 

remains unchanged. The results are shown in Figures 6-5 and 6-6, respectively.  

 

For Type I, it can be found that diffusion coefficients impose a great influence on the 

bubble growth rate. A higher diffusion coefficient leads to a larger gas bubble radius. 

Similar finding was documented in literature as well (Leung et al., 2006). For Type II, a 

similar trend of gas bubble growth is also attained. Effects of the varied CO2 and C3H8 

diffusion coefficients on bubble growth are quite close. In other words, the contributions 

of CO2 and C3H8 gas diffusion to the gas bubble formation are almost the same in this 

specific scenario possibly due to the similar mass transfer rate. Although the diffusion 

coefficient of C3H8 is about 4 times larger than that of CO2, the mole concentration 

gradient of the former on the gas-liquid interface is about 1/5 of the latter. In fact, once 

the mole concentration of C3H8 is assumed to be the half of its original value (Scenarios 

#8–10), effects of diffusion coefficient of CO2 and C3H8 on bubble growth are different 

(see Figure 6-6c). 

 

6.3.3 Supersaturation pressure 

Supersaturation pressure is defined as the pressure difference between thermodynamic 

bubblepoint pressure ( bP ) and actual pressure of liquid phase in the saturated oil that is 

lower than bP  (Kamath and Boyer, 1995). It is usually utilized to indicate the degree that 

the amounts of the dissolved gas at the actual pressure and temperature exceed that of gas 

dissolved under equilibrium conditions (Kennedy and Olson, 1952).  
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Figure 6-5 Bubble radius as a function of time with varying two gas diffusion 
coefficients 
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 (a) 

 
(b) 

 
(c) 

Figure 6-6 The relationship between the bubble radius and time with varying 
individual diffusion coefficient of (a) CO2, (b) C3H8 with the 100% original mole 
concentration of both gases, and (c) CO2 and C3H8 with 50% C3H8 original mole 
concentration 
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Three scenarios (Scenarios #11–13) are schemed with the supersaturation pressures 

assumed to be 500, 600, and 700 kPa in this chapter. As can be seen in Figure 6-7, both 

gas bubble size and bubble growth rate are increased with an increase in supersaturation 

pressure. This is ascribed to the fact that a high supersaturation pressure leads to high 

concentration gradients of both diffusing gases at the gas-liquid interface and interior of 

the liquid shell surrounding the gas bubble. Accordingly, mass transfer rates of the 

diffusing gases from liquid to gas bubble are accelerated further to enhance the bubble 

growth rate. Similar results are also documented elsewhere (Kashchiev and Firoozabadi, 

1993). 

 

6.3.4 Mole concentration of diffusing gas 

Two types of evaluating methods are introduced, which are similar to those used in 

Section 6.3.2. Type III: both mole concentrations of diffusing gases are simultaneously 

changed with same proportion (90%, 100%, and 110%). Type IV: Only one diffusing gas 

mole concentration (90%, 100%, and 110% of CO2 or C3H8) is varied, meanwhile, the 

other one is kept to be its original value. The calculated bubble radii as a function of time 

under different mole concentrations of diffusing gases are illustrated in Figure 6-8.  

 

In general, higher mole concentrations of the diffusing gas result in both a larger gas 

bubble radius and a higher growth rate (see Figure 6-8a). The high mole concentration 

gradient is regarded as the main mechanism to account for the improvement of the mass 

transfer rate of both diffusing gases. However, for Type IV, it is worthwhile noting that 

effects of mole concentration of CO2 and C3H8 on size and growth rate of gas bubble are
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Figure 6-7 The relationship between the bubble radius and time with different 
supersaturation pressures 
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(a) 

 
(b) 

 
(c) 

Figure 6-8 The relationship between the bubble radius and time with varying (a) 
both two gases mole concentrations, (b) CO2 mole concentration, and (c) C3H8 mole 
concentration 
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different, while the individual mole concentration of CO2 and C3H8 vary with the same 

percentage change with respect to their initial values (see Figures 6-8b and 6-8c).  

 

Effect of CO2 mole concentration shows a greater impact on the bubble growth than that 

of C3H8. The underlying reason is because the change of mole concentration of the 

dissolved gas in the oleic phase is capable of affecting the thermodynamic bubblepoint 

pressure. Thus, the supersaturation pressure is actually changed when the liquid pressures 

of Scenarios #16–19 utilized in simulation are still equal to the pressure of Scenario #1. 

More specifically, the original thermodynamic bubblepoint pressure is measured to be 

2220 kPa. Also, when the mole concentration of CO2 is varied to be 90% and 110% of 

the original mole concentrations, the thermodynamic bubblepoint pressures of the 

mixture are calculated to be 2354 kPa and 2063 kPa, respectively. The corresponding 

supersaturation pressures are respectively determined to be 754 kPa and 463 kPa. 

Likewise, the thermodynamic bubblepoint pressures of 90% and 110% C3H8 mole 

concentrations are calculated to be 2235 kPa and 2186 kPa, respectively, while the 

corresponding supersaturation pressures are found to be 635 kPa and 586 kPa. Compared 

with the original supersaturation pressure of 620 kPa, the changed CO2 mole 

concentrations lead to larger deviations of supersaturation than those of C3H8 and further 

a greater influence on the bubble growth rate based on the discussion of Section 6.3.3. 

 

6.3.5 Radius of liquid shell 

Figure 6-9 illustrates three profiles on gas bubble radius with varied liquid cell radius 

ranged from 50–200 μm (Scenarios #1, 20, and 21). Although it can be observed that the
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Figure 6-9 The relationship between the bubble radius and time with different liquid 
cell radius  
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gas bubble radius generally increases with an increase in liquid cell size, there is no large 

difference between 100 μm and 200 μm in comparison to that between 50 μm and 100 

μm. Physically, at early stage of gas bubble growth, the decline of mole concentration of 

the dissolved gas in the liquid cell only occurs in the vicinity of gas bubble. As for the 

liquid shells with a radius of 100 μm and 200 μm, the decline of mole concentration 

caused by the mass transfer on the gas-liquid interface has not spread to the outer 

boundaries of the liquid shell during the period of simulation. In contrast, when the liquid 

shell radius is 50 μm, the mole concentrations of CO2 and C3H8 have been 88.8% and 

94.9% of their initial values at the end of the simulation, respectively. 

 

Also, the relationship between liquid shell radius and bubble growth can be employed to 

interpret the better stability of foamy oil generated with a faster pressure decline rate. 

Both theoretical analysis and experimental observation have shown that bubble density 

increases as an increase in the pressure decline (Firoozabadi and Kashchiev, 1996). 

Meanwhile, radius of liquid shell actually is a parameter closely associated with gas 

bubble density. Physically, the lower gas bubble density is, the larger the liquid cell will 

be. Therefore, a smaller liquid cell, further a smaller gas bubble, should be expected 

under a higher pressure decline rate. On the other hand, Geilikman et al. (1995) 

categorized gas bubbles of heavy oil into a rigid (small) bubble and a soft (large) bubble, 

indicating that the large bubble is less stable than the small bubble. All the 

aforementioned findings imply that a small liquid cell stemmed from a high pressure 

decline rate can lead to a stable foamy oil system.  
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6.3.6 Pressure decline rate  

In practice, the nonequilibrium conditions inducing the formation of gas bubble are 

always generated by the gradually enlarged system volume or decreased system pressure. 

Two scenarios (Scenarios #22 and 23) are designed to examine the impact of decline rate 

of system pressure on the bubble growth. Figure 6-10 illustrates the profiles of gas bubble 

radius over time. In particular, the system pressures of both Scenarios #22 and 23 begin 

to decrease from 1800 kPa. The pressure decline rate of Scenario #22 (i.e., 10.0 kPa/s) is 

two times as large as that of Scenario #23 (i.e., 5.0 kPa/s). It can be found that the gas 

bubble radius of former is gradually larger than that of the latter. The different 

supersaturation pressures are the primary cause of such phenomenon, that is, the 

supersaturation pressure of Scenario #22 is gradually higher than that of Scenario #23 

with time because of a larger pressure decline rate of the former. Correspondingly, the 

gas bubble radius of the former increases faster.   

 

6.3.7 Relationship between bubble growth rate and time  

Sheng et al. (1999c) concluded that the gas bubble radius should be a linear function of 

the square root of time for diffusion-controlled gas bubble growth. To examine the 

relationship between gas bubble radius and time, Scenarios #1, 11, 15, 20, and 22 are 

chosen to represent the bubble growth processes under different conditions in this study. 

Figure 6-11 depicts the profiles of bubble radius over the square root of time.  

 

It is noteworthy that gas bubble radius is observed to be a linear function of square root 

of time, i.e., 1 2r t , in a specific range of time except for Scenario #22 (see Figure 6-11).
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Figure 6-10 The relationship between the bubble radius and time with different pressure 
decline rates 
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Figure 6-11 The relationship between the bubble radius and square root of time 
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Although the starting points of such linear relationship are almost same, the ending points 

are different for Scenarios #1, 11, 15, 20. Such difference is actually caused by the 

limited volume of the liquid cell. According to the discussion in Section 6.3.5, the gas 

bubble growth rate is going to be slowed down, when the decline of dissolved gas 

concentration spreads to the outer boundary of the liquid cell. Further, the decreased 

bubble radius growth rate results in the deviation of the relationship between the radius 

and square root of time from the straight line. Meanwhile, the difference of conditions 

between Scenario #22 and Scenarios #1, 11, 15, and 20 is that the system pressures of the 

latter are decreased to the designed pressure by one-step pressure drop (constant 

supersaturation pressure) rather than a gradual pressure decline. Such findings imply that 

only the two conditions (infinite surrounding liquid volume and one-step pressure drop) 

are met, the linear relationship between the gas bubble radius and the square root of time 

may be expected. Otherwise, the bubble growth rate is a changeable parameter over the 

square root of time because of the limited amount of diffusing gas in the liquid cell and 

the varying supersaturation pressures from the gradual pressure depletion. 

 

6.4 Summary 

A mechanistic model has been proposed and validated to quantify the process of a 

solitary gas bubble growth with multicomponent gas in the alkane solvent(s)–CO2–heavy 

oil systems. Especially, utilization of the real gas equation and the quasi-equilibrium 

condition is verified to effectively attain the simulation of a gas bubble growth under the 

reservoir conditions. Based on the CCE experiments conducted under equilibrium and 

nonequilibrium conditions, a gas bubble growth process in CO2–C3H8–heavy oil systems 
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is illustrated with the newly proposed model, while a method for determining the critical 

nucleus radius has also been developed. Five factors strongly related to the gas bubble 

growth, i.e., mass transfer, supersaturation pressure, mole concentration, liquid cell radius 

and pressure decline rate, are evaluated and discussed. It can be concluded that a higher 

diffusion coefficient is able to result in a larger bubble growth rate. However, when the 

diffusion coefficient of only one gas component theoretically varied, the changed range 

of the bubble growth rate is actually dependent on the combined effect of mole 

concentration and diffusion coefficient of individual diffusing gas. Also, a larger 

supersaturation pressure and pressure decline rate can effectively enhance the bubble 

growth rate owing to the generated higher concentration gradient. The effect of the 

changed mole concentration of each diffusing gas does not impose a similar effect on the 

bubble growth despite the similar changing range of mole concentration. This is because 

the same range of the varied composition of each gas component is not capable of having 

the same impact on the thermodynamic bubblepoint pressure, and further the 

supersaturation. In addition, a large liquid cell leads to a large gas bubble after the decline 

of mole concentration in the liquid phase spreads to the boundary of the liquid cell. The 

linear relationship between gas bubble radius and square root of time may only be found 

under conditions of an unlimited surrounding liquid volume and one-step pressure drop. 
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CHAPTER 7 QUANTIFICATION OF DYNAMIC VOLUME OF 
FOAMY OIL FOR ALKANE SOLVENT(S)–CO2–
HEAVY OIL SYSTEMS WITH CONSIDERATION 
OF PREFERENTIAL DIFFUSION UNDER 
NONEQUILIBRIUM CONDITIONS  

 

7.1 Introduction 

Based on the mechanistic model of a single-gas bubble growth developed in Chapter 6, a 

novel and robust technique has been developed to determine the dynamic volume growth 

of multi-component gas bubbles with consideration of preferential mass transfer of each 

gas component in alkane solvent(s)–CO2–heavy oil systems under nonequilibrium 

conditions. Combined with the newly proposed mechanistic model, a volume equation is 

incorporated into an equation matrix to theoretically describe the kinetics of multi-

component gas bubbles growth. Such an equation matrix is then solved to match the 

pressure-volume as a function of time measured with CCE tests under nonequilibrium 

conditions, allowing for determining the dynamic volume of gas bubbles by taking the 

preferential diffusion of each component in a gas mixture into account. Subsequently, 

dynamic composition and volume of evolved gas in foamy oil can be quantified and 

analyzed. On the basis of the matched experimental measurements, sensitivity analysis 

has been performed to numerically examine supersaturation pressure, pressure decline 

rate, and amount of each gas component on the growth of gas bubbles.  

 

7.2 Theoretical Formulations 

7.2.1 Mathematical model 

The mathematical formulations and the corresponding assumptions in this chapter are 

similar as those introduced in Chapter 6. The total volume of experimental fluids, which 
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is calculated as a sum of the liquid phase volume and the gas phase volume during the 

CCE tests with a constant pressure-decline rate, can be written as follows, 

                                            [7-1a] 

where  and  are the volume of liquid and gas phase, respectively. The liquid 

volume can be formulated with the following equation under the experimental conditions 

of a constant pressure-decline rate,  

                                             [7-1b] 

where  is the initial liquid phase volume;  is compressibility of liquid;  is initial 

pressure of the entire system; and  is the pressure-decline rate. Since the gas phase is 

generated in a form of bubbles during the entire CCE tests based on the assumption, the 

gas volume can be readily expressed as, 

                                               [7-1c] 

where  is total number of gas bubbles in oleic phase. 

 

The continuity equation, equation of motion, mass transfer equation and the related 

boundary conditions are detailed in Sections 6.2.2 to 6.2.5. 

 

7.2.2 Numerical solution 

It is notable that it is extremely difficult to obtain an analytical solution for such an 

equation matrix because of the strongly non-linear relationship between properties of gas 

and liquid and velocity of the growing gas bubble radius. Accordingly, an implicit finite 

difference scheme (i.e., Crank-Nicolson method) is employed to discretize the non-linear 
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equation matrix to achieve a numerical solution due to its recognized stability. The 

equation-solving procedures are detailed as follows:   

(1) The required parameters about the physical properties of gas and liquid phase, e.g., 

composition of each component are firstly input, and then the initial conditions 

are assigned; 

(2) The guessing values of a total amounts of gas bubbles and individual diffusion 

coefficients are given; 

(3) A gas bubble radius at time  t t   is assumed. Then, the gas bubble pressures, 

 at time t and  at time t t   are calculated based on Equation [6-2], 

respectively. Also, velocity of the gas-liquid interface is obtained with Equation 

[6-1];  

(4) The gas concentration is determined based on the quasi-equilibrium boundary 

condition. Then, the concentration distribution of each gas component in the 

liquid cell is computed with Equation [6-5]. Lastly, the amount of each gas 

component diffusing into a gas bubble is accomplished; 

(5) The gas bubble pressure at time t t  , , is also calculated on the basis of 

mass balance of each gas component in the liquid and gas bubble; 

(6) Theoretically, once  in Step #3 is equal to  in Step #5, the assumed gas 

bubble radius in Step #3 is considered as the actual value and the calculation can 

proceed to the next time step. Otherwise, an adjusted gas bubble radius at time 

 will replace the original one assumed in Step #3 and repeat Steps #3-6 

until the objective function, i.e., Equation [6-9], satisfies the prespecified 

accuracy. 

t
gp t t
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(7) The calculation is continuously conducted from Step #3 to Step #6 at each time 

step till the total experimental time is reached. Then, the volume of fluids at each 

time step is computed with Equations [7-1a]-[7-1c]. The objective function 

associated with the dynamic volume of experimental fluid and composition of 

evolved gas is respectively defined as follows, 

                                                [7-2a] 

                                        [7-2b] 
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                                        [7-2c] 

where  is the calculated volume of experimental fluids;  is the measured volume of 

experimental fluids; mN is the amount of measured points of volume;  is the 

measured mole fraction; is the calculated mole fraction;  is the number of gas 

component; When Equation [7-2a] reaches the prespecified accuracy, individual diffusion 

coefficient for each component in a gas mixture and the corresponding amounts of gas 

bubbles are viewed as the actual ones for the alkane solvent(s)–CO2–heavy oil systems 

under nonequilibrium conditions. On the contrary, the guessing values in Step #2 will be 

adjusted to lessen the deviation between the measured volume and diffusion coefficients 

and calculated ones with repeating the calculation from Step #2 to Step #7. The flowchart 

of solving procedure is presented in Figure 7-1. 
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Figure 7-1 Flowchart of numerically solving the mathematical models 
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7.3 Results and Discussion  

Two CCE tests conducted for CH4–C3H8–heavy oil systems (Test #14 in Table 5-2) and 

CH4–CO2–heavy oil systems (Test #16 in Table 5-2) were matched with the newly 

proposed model in this chapter. It can be observed that the experimental duration of CH4–

CO2–heavy oil systems is much longer than that of CH4–C3H8–heavy oil systems because 

a sufficient amount of free gas can be collected for performing GC analysis (Figure 5-2). 

Also, both the individual diffusion coefficient of each gas component and the amount of 

evolved gas are calculated and analyzed. Subsequently, supersaturation pressure, pressure 

decline rate, and mole concentration of gas component are evaluated with 10 designed 

scenarios based on CH4–C3H8–heavy oil systems to identify the underlying mechanisms 

affecting the dynamic volume of foamy oil. The corresponding input parameters in the 

mathematical model are detailed in Tables 7-1 and 7-2. It is worthwhile noting that the 

diffusion coefficients of CH4 and C3H8 in CH4–C3H8–heavy oil systems are 1.2×10-10 

m2/s and 6.8×10-10 m2/s, respectively, which are measured in pure gas–heavy oil systems 

(Yang and Gu, 2006c). 

 

7.3.1 Dynamic volume and preferential diffusion  

The measured bubblepoint pressures and pseudo-bubblepoint pressures of two 

experimental fluids are listed in Table 5-2. In addition, the volume of free gas in the 

CH4–CO2–heavy oil systems at pressure of 1930 kPa was measured to be 1.90 cm3 under 

non- equilibrium conditions. As depicted in Figure 7-2, there exist excellent agreements 

between the measured volume-pressure profiles and calculated ones with the newly 

proposed models. The compositions of CH4 and CO2 in evolved gas at the end of 
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Table 7-1 Physical and correlated properties of CH4–CO2–heavy oil systems and 
CH4–C3H8–heavy oil systems 

Parameter 
CH4–CO2–heavy oil  

systems 
CH4–C3H8–heavy oil  

systems 
Temperature (K) 342.7 323.4 
Pressure  (kPa) 3516 2500 
Coefficient A of heavy oil viscosity 9.4669 9.4669 
Coefficient B of heavy oil viscosity 3.5861 3.5861 
Initial bubble radius (μm) 1.0 1.0 
Number of gas bubbles 104 1010 
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Table 7-2 The 10 scenarios designed for sensitivity analysis 

Scenario  
No. 

Supersaturation  
pressure 

(kPa) 

Pressure 
decline rate 
(kPa/min) 

C3H8 mole 
concentration 

(referred to 
 original value) 

CH4 mole 
concentration 
(referred to 

 original value) 
24 400 –* –* –* 
25 600 –* –* –* 
26 –* 10 –* –* 
27 –* 30 –* –* 
28 –* –* 110% 110% 
29 –* –* 90% 90% 
30 –* –* 110% 100% 
31 –* –* 90% 100% 
32 –* –* 100% 110% 
33 –* –* 100% 90% 
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Figure 7-2 Measured and calculated liquid volumes of CH4–CO2–heavy oil systems 
and CH4–C3H8–heavy oil systems below the pseudo-bubblepoint pressure under 
nonequilibrium conditions 
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experimental duration are calculated to be 45.9 mol% and 54.1 mol%, respectively, 

which is very close to their corresponding experimental measurements of 47.2 mol% and 

51.6 mol% with a respective deviation of 2.8% and 4.8%. Both of the aforementioned 

results confirm that the newly developed model can be used to effectively and accurately 

capture the essentially time-dependent volume of foamy oil. Furthermore, such GC 

compositional analysis also validated the feasibility of Assumption #5 in Section 3.2 

since no C2+ components are detected in the free gas. Based on the total volume of 

evolved gas bubbles calculated by the newly proposed model, amount of the free gas in 

the CH4–CO2–heavy oil systems can be computed to be 1.64 cm3 with a relative 

deviation of 13.7% from the measured volume (i.e., 1.90 cm3). Such a relatively large 

difference is probably caused by the assumption that properties of evolved gas during the 

mass transfer process can be quantified with real gas equation, which is generally utilized 

to describe the properties of gas phase under equilibrium conditions. The corresponding 

computation needs an additional equation related to the amounts of entrained gas and 

evolved gas (Equation [4-6]) since the proposed model in this chapter mainly focuses on 

examining the individual mass transfer of each component in a gas mixture in the viscous 

oleic phase under nonequilibrium conditions.  

 

The diffusion coefficients of CH4 and CO2 during the nonequilibrium CCE tests for CH4–

CO2–heavy oil systems are determined to be 7.81×10-10 m2/s and 9.96×10-10 m2/s, 

respectively. It can be found that both of them are larger than the ones obtained with pure 

gas in the literature (Table 7-3). Such a difference on diffusion coefficient for both CO2 

and CH4 may be mainly attributed to the fact that a relatively high temperature and a low  
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Table 7-3 Comparison of diffusion coefficients for CO2 and CH4 in different heavy 
oils 

Gas  
system 

Sources Heavy oil 
Viscosity 

(cP) 
Pressure 

(kPa) 
Temperature 

(K) 

Diffusion  
coefficient  
(10-10 m2/s) 

CO2: 38.5 mol% 
CH4: 61.5 mol% 

This study 
Lloydminster 

heavy oil 
12854 @ 
294.55 K 

3516-
1255 

342.7 
9.96 (CO2) 
7.81 (CH4)

 

CO2 
Yang and Gu 

(2006c) 
Lloydminster 

heavy oil 
23000 @ 
297.05 K 

2000-
6000 

297.05 2.0-5.5 

CO2 
Li and Yang 

(2016) 
Lloydminster 

heavy oil 
12854 @ 
294.55 K 

3741-
3371 

294.55 8.24 

CH4 
Yang and Gu 

(2006c) 
Lloydminster 

heavy oil 
23000 @ 
297.05 K 

6000-
14000 

297.05 1.2–1.9 

CH4 
Upreti and 

Mehrotra (2002)
Athabasca  
Bitumen 

821000 @ 
298.15 K

4000 298.15- 
363.15 

0.810-4.315 

8000 0.582-2.029 
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viscosity of heavy oil are able to result in relatively large diffusion coefficient. The 

reason is that, physically, a low viscosity of heavy oil can cause an increase in diffusion 

coefficient based on Equation [3-7]. Meanwhile, a higher concentration of dissolved gas 

should be found in a supersaturated alkane solvent(s)–CO2–heavy oil systems oil system 

under comparable conditions. This can lead to a larger diffusion coefficient on the basis 

of experimental work (Yang and Gu, 2008), and further, enhance the mass transfer rate. 

This likely is another underlying reason why a larger diffusion coefficient can be found 

and determined.   

 

7.3.2 Growth rate of evolved gas 

As can been seen in Figure 7-2, the growth rate for the volume of CH4–C3H8–heavy oil 

systems, or essentially, the volume of evolved gas because of the minor contribution of 

pure liquid expansion to the total volume, is much higher than that of CH4–CO2–heavy 

oil systems. Such a difference can mainly be ascribed to both a faster mass transfer rate 

and a lower experimental pressure during the CCE tests. The gas exsolution rate is 

introduced to characterize the mass transfer rate of a gas solvent, which is directly 

calculated from the amount of evolved gas and the corresponding pressure drop, although 

the volume growth rate of evolved gas actually is not a constant. In particular, gas 

exsolution rates during the entire experimental processes for CH4–C3H8–heavy oil 

systems and the same time period (0 to 40 min) for CH4–CO2–heavy oil systems are 

calculated to be 2.31×10-6 mol/kPa and 0.96×10-6 mol/kPa, respectively. As listed in 

Table 5-2, the pseudo-bubblepoint pressure of the former is only 2500 kPa, which is 1016 

kPa less than that of the latter during the gas exsolution process (see Figure 7-2) that 
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takes the same pressure-decline rate used in both CCE tests into account. Such a large 

pressure difference inevitably results in a large volume difference between two CCE tests, 

not to mention a faster gas exsolution rate occurring in CH4–C3H8–heavy oil systems.  

 

7.3.3 Concentration and composition of evolved gas 

Concentration profiles of gas in a liquid cell for both experimental fluids are plotted in 

Figures 7-3 and 7-4, respectively. As can be found, concentration of each component in 

the gas mixture is gradually decreased with time. Furthermore, the decreasing rate of 

concentration of each component at the gas-oil interface is determined by the pressure 

decline rate based on Equation [6-7b] since gas solubility in oleic phase, physically, 

decreases with a decrease in pressure, provided that temperature remains constant. On the 

other hand, the concentration of each component gradually declines with a decrease along 

the distance to the interior boundary of the liquid shell, i.e., the gas-oil interface, which 

sustains the bubble growth. Although the liquid cell is only an assumed liquid sphere 

containing the gas bubble, such concentration profile of each gas component in the liquid 

surrounding the gas bubble is similar to those documented elsewhere (Moulu, 1989).  

 

Accordingly, the dynamic mole compositions of evolved gas in CH4–CO2–heavy oil 

systems and CH4–C3H8–heavy oil systems can be obtained on the basis of the computed 

concentration distribution in the liquid phase (see Figure 7-5). It is worthwhile noting that, 

as for CH4–CO2–heavy oil systems, the calculated compositions of two gases are very 

close to the measured ones at the end of the experiment, which further confirms the  
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(a) 

 
(b) 

 
 
Figure 7-3 Concentration distributions of (a) CH4 and (b) CO2 in liquid shell of 
CH4–CO2–heavy oil systems 
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(a) 

  
(b) 

 
Figure 7-4 Concentration distributions of (a) CH4 and (b) C3H8 in liquid shell of 
CH4–C3H8–heavy oil systems 
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Figure 7-5 Measured and calculated dynamic composition of each gas component in 
evolved gas for CH4–CO2–heavy oil systems and CH4–C3H8–heavy oil systems, 
respectively  
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reliability of the newly developed technique for determining dynamic compositions of the 

aforementioned systems. Meanwhile, it can be found that CH4 mole compositions reach 

maximum at the early stage of gas exsolution and then gradually decreases in CH4–CO2–

heavy oil systems and CH4–C3H8–heavy oil systems. Correspondingly, inverse trends are 

observed about both CO2 mole composition and C3H8 mole composition. Such a 

phenomenon is essentially stemmed from the mass transfer rate of each gas component. 

At the beginning, a large concentration gradient of CH4 greatly contributes to the mass 

transfer of CH4 from liquid to gas, while the diffusion coefficient of CH4 is less than 

those of CO2 and C3H8. Particularly, the average concentration difference of CH4 

between the gas-oil interface and the outer boundary of the liquid cell is found to be 85.2 

mol/m3 in the first 500 seconds, compared with 53.3 mol/m3 of CO2 during the same time 

period in CH4–CO2–heavy oil systems. Likewise, such concentration differences are 94.7 

mol/m3 and 67.3 mol/m3 for CH4 and C3H8 during the first 1200 seconds, respectively, in 

CH4–C3H8–heavy oil systems. However, such concentration difference is gradually 

decreased with time, though liquid pressure is still continuously declined with a constant 

rate, resulting in a decrease in the mole concentration at the gas-liquid interface. 

Therefore, the contribution of the relatively large diffusion coefficient of either C3H8 or 

CO2 on the mass transfer rate is greater than those of the relatively high concentration 

gradient of CH4 after a certain time. This implies that the compositions of evolved gas are 

actually dominated by the mass transfer rate of each gas component, which is consistent 

with the Fick’s law. At the end, however, the composition of evolved gas will be 

predictably close to the initial gas composition since all the dissolved gas will be released 

from the oleic phase at the atmospheric pressure. 
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7.3.4 Sensitivity analysis 

1) Supersaturation pressure  

Supersaturation pressure is the pressure difference between the bubblepoint pressure and 

actual pressure in a supersaturated liquid system (Kamath and Boyer, 1995) and usually 

employed to represent the supersaturated degree. Figure 7-6 plots the volume growth 

curves of foamy oil under supersaturation pressures of 400, 600 kPa (Scenarios #24 and 

25) and experimental case of CH4–C3H8–heavy oil systems (500 kPa), respectively. The 

growth rate of foamy oil volume is found to accelerate with an increase in supersaturation 

pressure. The newly proposed model reveals that a high supersaturation pressure is able 

to result in a large concentration gradient of each gas solvent both at the gas-liquid 

interface and within the liquid. Hence, a fast mass transfer rate can be expected based on 

the Fick’s law. In other words, more dissolved gas in the heavy oil saturated with alkane 

solvent(s) and CO2 is able to diffuse into gas bubbles during the same time frame. 

 

2) Pressure decline rate 

Generally, a high pressure decline rate has been experimentally validated to cause a low 

pseudo-bubblepoint pressure, i.e., a large critical supersaturation pressure (Kumar et al., 

2002). Also, as mentioned in Section 6.3.5, a more stable foamy oil system can be 

generated because of the smaller gas bubbles resulting from a higher pressure decline rate.  

 

In addition to the experimental case (i.e., pressure decline rate: 20 kPa/min), two 

scenarios (Scenarios #26 and 27) with different pressure decline rates are simulated so as 

to examine the corresponding effects. Figure 7-6 presents the relationship between the 
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Figure 7-6 Volume of foamy oil under different supersaturation pressures and 
pressure decline rates, respectively 
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volume of foamy oil and pressure decline rate. It reveals that a high pressure decline rate 

is beneficial to the volume growth of foamy oil. Physically, gas solubility is decreased 

with a decrease in fluid pressure. A higher pressure decline rate means that the fluids 

pressure is lower after certain time, when the other operating conditions remain the same. 

Therefore, a stronger supersaturation degree is established because more dissolved gases 

are waiting for being released from the oleic phase to be evolved gas, which is caused by 

a lower solubility. Hence, as mentioned previously, a faster volume growth of foamy oil 

can be attained by an enhanced the mass transfer rate. 

 

3) Gas concentration 

 Two types of scenarios are designed and simulated, which are respectively featured by 

changing individual concentration of each gas and both. More specifically, both mole 

concentrations of CH4 and C3H8 are varied with ±10% on the basis of actual experiment 

ones in Type I (Scenarios #28 and 29). Likewise, the individual mole concentrations of 

CH4 and C3H8 are changed to be 90% and 110% of their original ones, respectively, in 

Type II (Scenarios #30–33).   

  

Figure 7-7 depicts the relationships between the foamy oil volume and time with various 

mole concentrations. As can be seen from Figure 7-7a, the mole concentration of 

dissolved gas imposes a great effect on the growth of foamy oil volume, although the 

range of mole concentration is only changed to be ±10% of their original ones. 

Supersaturation and mass transfer rate may be the underlying reasons accounting for such 

a phenomenon. It is well recognized that the thermodynamic bubblepoint pressure is 

greatly affected by the compositions and components of fluids mixture (Ahmadi et al.,  
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(a) 

 
(b) 

 
(c) 

 
 
Figure 7-7 The relationship between the foamy oil volume and time with various 
mole concentrations for (a) both gases, (b) CH4, and (c) C3H8 
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2014). When the mole concentrations of gas components are varied, it physically means 

the changes of either composition in the entire fluids system or thermodynamic 

bubblepoint pressure. In particular, the bubblepoint pressures of Scenarios #28 and 29 are 

calculated to be 3126 kPa and 2716 kPa, respectively, rather than 3000 kPa of Scenarios 

#24. Consequently, the corresponding supersaturation pressures of Scenarios #28 and 29 

are computed to be 626 kPa and 216 kPa, respectively. As discussed previously, it is 

inevitably to change the growth rate of foamy oil volume as a function of supersaturation 

in Scenarios #28 and 29 since it is a monotonic increasing function of supersaturation 

pressure. 

 

On the other hand, a larger mole concentration of dissolved gas is found to lead to a 

larger concentration gradient and a faster mass transfer rate under the same conditions 

based on the Fick’s law. It can be concluded that a high mole concentration of dissolved 

gas in Scenario #28 can cause an increased volume growth rate owing to an accelerated 

mass transfer rate of gas components. 

 

Meanwhile, it can be found that the variation of CH4 mole concentration shows a greater 

effect on the growth rate of foamy oil volume than that of C3H8 (see Figures 7-7b and 7-

7c). It is mainly ascribed to the compound influence of changed bubblepoint pressure and 

individual mole concentration of gas component, which is basically same as those for 

Scenarios #28 and 29. To be more specific, the bubblepoint pressures of Scenarios #30 

and 31 related to C3H8 mole concentration are calculated to be 2897 kPa and 2960 kPa 

which are quite close to its original value of 3000 kPa. The bubblepoint pressures of 
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Scenarios #32 and 33 can reach 3160 kPa and 2692 kPa, respectively. Bubblepoint 

pressures for the former, evidently, make the corresponding supersaturation pressures less 

than those of the latter. It is worthwhile pointing out that a high mole concentration of 

C3H8 (Scenario #30) results in low bubblepoint pressure and supersaturation pressure 

rather than large ones like CH4. However, a faster growth rate of foamy volume is still 

able to be observed, although a reduced supersaturation pressure has been stated to 

theoretically decrease the volume growth rate. This is because of the offset of an increase 

in C3H8 amount on the impact caused by a small supersaturation pressure.  

  

7.4 Summary 

A novel and pragmatic technique has been proposed to quantify the dynamic volume of 

foamy oil for alkane solvent(s)–CO2–heavy oil systems under nonequilibrium conditions 

by considering preferential diffusion of each component in a gas mixture. The quasi-

equilibrium boundary condition combined with PR EOS is employed at the interface of 

gas bubble and adjacent liquid instead of the Henry’s law to represent the relationship of 

the gas pressure and the concentration of gas under high pressures and elevated 

temperatures on the basis of the classical gas bubble growth model. Such modification 

has been validated to be reliable for describing mass transfer processes of gas from liquid 

to gas bubbles based on the CCE tests with CH4–C3H8–heavy oil systems and CH4–CO2–

heavy oil systems under nonequilibrium conditions. Accordingly, individual diffusion 

coefficient and dynamic composition of gas component as well as the volume of evolved 

gas in foamy oil can be quantified with the newly proposed model. A relatively large 

diffusion coefficient of each gas component can be expected due to a high mass transfer 

rate stemmed from nonequilibrium conditions. Meanwhile, a higher volume-growth rate 
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of evolved gas is found for CH4–C3H8–heavy oil systems compared to CH4–CO2–heavy 

oil systems owing to a faster mass transfer rate between gas and liquid phases as well as a 

lower pressure of gas phase in the former system. Preferential diffusion and concentration 

gradient are found to be the main mechanisms that affect the dynamic composition of 

evolved gas. The gas component with a faster mass transfer rate has a greater effect on 

the volume growth rate. In addition, a larger supersaturation pressure and a faster 

pressure decline rate are found to be beneficial to the volume growth of foamy oil due 

mainly to an enhanced mass transfer rate. 
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CHAPTER 8 CONCLUSIONS AND RECOMMENDATIONS 

 

8.1 Conclusions 

The major contributions of this research are listed as follows: 

(1) A novel and pragmatic technique has been developed and validated to 

accurately determine the individual diffusion coefficient of each component 

in the alkane solvent(s)-assisted recovery processes under high pressure and 

elevated temperature with consideration of natural convection induced by the 

heated and diluted heavy oil.  

 

(2) Novel theoretical formulations have been developed to quantify the 

nonequilibrium phase behaviour of alkane solvent(s)–CO2–heavy oil systems 

under either a constant volume expansion rate or a constant pressure decline 

rate. Meanwhile, mathematical models are respectively established to 

determine compressibility and density of the oleic phase mixed with the 

entrained gas (i.e., foamy oil).  

 

(3)  A mechanistic model has been proposed and validated to describe a single gas 

bubble growth process with considering multicomponent gas diffusion in 

alkane solvent(s)–CO2–heavy oil systems under nonequilibrium conditions. 

This enables us to not only examine the effects of each component in a gas 

mixture and operating conditions, such as mole fraction, diffusion coefficient 
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and pressure decline rate, on the gas bubble growth, but also determine the 

critical nucleus radius. 

 

(4) A pragmatic and robust technique has been developed and validated to 

determine the dynamic volume of foamy oil by considering preferential 

diffusion of individual components in a gas mixture for the alkane solvent(s)–

CO2–heavy oil systems. Such newly developed technique allows us to 

determine individual diffusion coefficient of each gas component in the gas 

mixture during the mass transfer processes of foamy oil formation.  

 

Accordingly, the main conclusions of this research work can be summarized as follows: 

(1) The individual diffusion coefficient of each diffusing gas in an alkane 

solvent(s)–CO2–heavy oil mixture determined with the newly proposed 

model is found to be higher than the one calculated by using the conventional 

method. This can be explained by the fact that a molecular diffusion process 

is slowed down by the natural convection induced by the volume expansion 

of a diluted and heated oleic phase due to its opposite movement direction.  

 

(2) The apparent critical supersaturation pressure is increased with either an 

increase in expansion rate of the mixture volume or an increase in pressure 

decline rate because a higher pressure decline rate leads to fewer nuclei with 

critical size and slower gas bubble growth. A high temperature usually results 
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in a decrease in critical supersaturation pressure owing to an accelerated 

nucleation rate and diffusion process. 

 

(3) Both density and compressibility of foamy oil are a function of time, or 

essentially, the amount of the entrained gas. The density of foamy oil is found 

to sharply decrease at the pseudo-bubblepoint pressure due mainly to the 

dramatic increase in the volume of the entrained gas in heavy oil. Meanwhile, 

compressibility under nonequilibrium conditions below bubblepoint pressure 

is enhanced by the increasingly entrained gas and found to be much larger 

than that under equilibrium conditions. The difference of physical properties 

between a constant pressure decline rate and a constant volume expansion 

rate lies in the effect of rebound pressure which only can be observed under 

constant volume expansion rates.     

 

(4) Combined effect of mole concentration and diffusion coefficient of each gas 

component dominates not only the mass transfer rate of each gas component, 

but also the contribution of each gas component on the gas bubble growth rate 

since a large mass transfer rate is found to essentially result in a high gas 

bubble growth rate. In particular, the same variation of mole concentration of 

different gas components usually cannot impose the same effect on the gas 

bubble growth rate. This is attributed to the fact that such variation leads to 

both changes of the concentration of corresponding gas component and 

variation of supersaturation of the entire fluid systems to different extents. 
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(5) The increased supersaturation pressure and pressure decline rate are capable of 

improving the bubble growth rate because of the increase in concentration 

gradient at the gas-liquid interface. In addition, a large liquid cell leads to a 

large gas bubble after the decline of mole concentration spreads to the 

boundary of a liquid cell. The linear relationship between gas bubble radius 

and square root of time may only be found under the conditions of the 

unlimited surrounding liquid volume and one-step pressure drop.   

 

(6) Individual diffusion coefficient of each gas component during the mass 

transfer of foamy oil formation is found to be relatively large because of a 

high mass transfer rate occurring under nonequilibrium conditions. 

Meanwhile, the mass transfer rate between gas bubbles and oleic phase as 

well as the low pressure of gas bubble generation (i.e., pseudo-bubblepoint 

pressure) is able to impose a great effect on the volume growth of evolved gas, 

or in other words, foamy oil. The dynamic composition of evolved gas is 

dominated by preferential diffusion and concentration. 

 

8.2 Recommendations 

The nonequilibrium phase behaviour of foamy oil and the corresponding mass transfer 

processes are strongly associated with its flow performance in heavy oil reservoirs. In this 

study, comprehensive evaluation has been performed for the alkane solvent(s)–CO2–

heavy oil systems. In general, it is of practical and fundamental importance to further 
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deepen the related understanding into porous media. The recommendations for the future 

work are detailed as follows, 

(1) The efforts need to be made to determinate individual diffusion coefficient in 

alkane solvent(s)–CO2–heavy oil systems in porous media with consideration 

of natural convection. Compared with the bulk liquid, a faster natural 

convection in porous media can be expected because of a reduced flow 

sectional area, which, consequently, imposes a greater impact on the mass 

transfer rate. Such work is supposed to effectively enhance the accuracy of the 

quantification associated with the mass transfer processes in heavy oil 

reservoirs. 

 

(2) The techniques proposed in Chapters 4 and 5 need to be extended to quantify 

phase behaviour of foamy oil in porous media. More specifically, the 

parameters related to oil production rate and physical properties of porous 

media should be experimentally and theoretically analyzed and evaluated. 

Accordingly, distribution of pressure decline rate and changes of porosity and 

permeability caused by sand production can be utilized to accurately describe 

in-situ generation of foamy oil together with its physical properties. 

 

(3) The coalescence and breakup of gas bubbles formed in the heavy oil are 

expected to be experimentally and theoretically explored. Such efforts will be 

greatly beneficial to not only quantify the movement of gas bubbles in the 

viscous liquid, but also determining the amount of entrained gas in foamy oil 
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which is the critical factor dominating the behaviour of foamy oil in heavy oil 

reservoirs.  
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